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Abstract

This thesis assesses the technology and economics of methanol and hydrogen
production from biomass for use in fuel cell electric vehicles (FCEVs). Urban air
pollution and net carbon dioxide (CO,) emissions resulting from the use of gasoline
powered.intemal combustion engine vehicles (ICEVs) could be sharply reduced because
FCEVs would emit virtually no pollutants and because biomass is a renewable resource.
Using FCEVs, US dependence on imported oil could be reduced by more than 50%,
because enough biomass could be grown domestically to fuel the entire US light duty

vehicle fleet.

Methanol and hydrogen can be produced from biomass, coal and natural gas.
Biomass offers the greatest environmental benefits. This thesis is perhaps the most
comprehensive assessment of all three feedstocks within a consistent analytical
framework, and utilizes advanced chemical-process simulation software and pinch analysis
techniques. In all cases, methanol and hydrogen production starts with syngas generation,
followed by chemical synihesis. Natural gas processes are commercially available. Coal
and biomass are not, but could be commercialized quickly. Based on the technologies
studied here, the achievable efficiencies of producing methanol from biomass, coal and
natural gas are 63%, 62% and 72% respectively (higher heating value basis). Hydrogen

production would be more efficient, with achievable efficiencies of 69%, 63% and 85%

respectively.

Using advanced, low cost biomass gasification technologies, the unit production
costs of methanol and hydrogen from biomass would be comparable to the costs from

coal, even though coal would cost significantly less than biomass and coal facilities would
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be much larger than biomass facilities. Due to lower capital costs and higher efficiencies,
methanol and hydrogen production from natural gas would be less costly at today's prices.
However, if present projections of increased natural gas prices materialize, coal and
biomass would become economical early in the next century. Quantifying environmental

externalities would further favor the use of biomass.

Due to the high efficiencies of FCEVs, the levelized costs ($ per km) of driving
FCEVs that use methanol or hydrogen derived from biomass would be lower than the
costs of driving comparable gasoline ICEVs, even though the delivered costs of these

renewable fuels would be up to 50% higher than today’s cost of gasoline.
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Glossary

Beneficiation: The preprocessing of biomass (drying and sizing) to make it more suitable
for thermochemical conversion.

BIG/GT: Biomass Integrated Gasification/Gas Turbine technology. Advanced power
generation technology based on the coupling of biomass gasification to aeroderivative gas
turbines.

BPEYV: Battery Powered Electric Vehicle.

Cellulose: The main chemical component of most biomass. Cellulose is a high molecular
weight carbohydrate polymer. Cellulose has the same chemical structure in all biomass.

Carbon Utilization: For methanol production, the carbon in the methanol divided by the
carbon in the feedstock (natural gas, biomass or coal).

Char: The solid carbon produced during gasification.

Chemica! Kinetics: The study of the mechanisms of chemical reactions, including the
effects of variables such as temperature and pressure.

Cold Gas Efficiency: A measure of the efficiency of a gasifier, defined as the higher
(lower) heating value of the product gas divided by the higher (lower) heating value of

tha faadctnel
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Degree of Perfection: The exergy in the product fuel divided by the exergy of all inputs
to the system. Also called the Exergy Efficiency.

Electrolyzer: A device that uses electricity to split water into molecular hydrogen and
oxygen.

Endothermic: A chemical reaction that absorbs heat is said to be endothermic.

Energy Ratio: The heating value of the product fuel divided by the heating value of the
gasifier feed or natural gas feed.

Exajoule (EJ): 10'® joules. 1 Quad (10" Btu) = 1.055 EJ.
]

Exergy: A thermodynamic variable that measures the maximum useful work that can be
extracted from a substance. Also called Availability.

Exothermic: A chemical reaction that releases heat is said to be exothermic.

FCEYV: Fuel Cell Electric Vehicle.
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Fuel Cell: A electrochemical device used to convert the chemical energy of a fuel (e.g.
H,) directly into electricity. One particular type of fuel cell that is the leading candidate
for automotive applications is the Polymer Electrolyte Membrane (PEM) fuel cell.

Gasification: The thermochemical conversion of a solid carbonaceous material such as
coal or biomass into a gaseous mixture, the primary combustible components of which
are carbon monoxide, hydrogen, and methane.

Gigajoule (GJ): 10° joules.

Hemicellulose: Long chain polymers similar to cellulose, but consisting of different
monosaccharide building blocks. Hemicelluloses differ from one type of biomass to the
next.

Higher Heating Value (HHV): A measure of the energy cdntent of a fuel when the
product water from combustion is in the liquid state,

Hot Gas Efficiency: Similar to the cold gas efficiency, except that the sensible heat of
the product gas is also included in the energy output of the gasifier.

ICEV: Internal Combustion Engine Vehicle.

IGCC: Integrated Gasification Combined Cycle. The integration of coal gasification with |
a gas turbine combined cycle to produce electricity.

ISTIG: Intercooled Steam Injected Gas Turbine.

Lignin: A complex amorphous high molecular weight polyaromatic compound found in
biomass. Unlike cellulose or hemicellulose, lignin has no unique chemical structure.

Lower Heating Value (LHV): A measure of the energy content of a fuel when the
product water from combustion is in the vapor state.

Megajoule (MJ): 10° joules.
Makeup Gas: The fresh feed gas to a methanol synthesis reactor.

Methanation: The exothermic reaction between hydrogen gas and carbon monoxide to
form methane and water vapor (CO + 3H, «» CH, + H,0). Methanation is the reverse
reaction of methane reforming.

MMBPD: Millions of Barrels Per Day.

Neat Alcohol Fuels: 100% pure alcohol fuels.
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Normal Cubic Meter (Nm3): A standard measure of volume evaluated at 273.15 Kelvin
and 101,325 Pascals.

Pressure Swing Adsorption (PSA): The process of separating different gases from one
another based primarily on molecular size, using porous materials (e.g. hydrogen
purification).

Pyrolysis: The thermal decomposition of biomass, coal, or other carbonaceous materials
into gases, char (solid carbon) and heavy tars and oils. Also called devolatilization.

Reformate: The product gas of a reformer.

Reforming: The endothermic reaction between methane or other light hydrocarbons and
water vapor to produce hydrogen gas and carbon monoxide (e.g. CH, + H,0 < CO +
3H,).

Standard Cubic Foot (SCF): A standard measure of volume evaluated at 60°F and
14,697 psi.

STIG: Steam Injected Gas Turbine.

Synthesis Gas: A gas consisting mainly of CO and H,, produced either by the
gasification of a solid feedstock or by reforming natural gas or other hydrocarbons.

Thermal Efficiency: The heating value of the product fuel divided by the heating value
of all energy inputs to the system.

Volatile Matter: The components of biomass, coal or other carbonaceous materials that
are converted to gases and tars and oils during pyrolysis.

Volatile Organic Compounds (VOCs): Organic compounds emitted in automobile
exhaust and during automobile refueling that react photochemically in sunlight to produce
ozone (smog). VOCs are also called Non-Methane Organic Compounds (NMOCs).

Zero Emission Vehicle (ZEV): An automobile that emits no atmospheric pollutants such

as VOCs or CO (e.g. an electric car). A vehicle that would emit carbon dioxide and/or
water vapor but nothing else might also qualify as a ZEV.
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List of Symbols

b,,; the specific chemical exergy of species i in a gaseous mixture
¢,  the standard chemical exergy of a substance

B the flow availability function (H - T;S)
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Chapter 1: Introduction

1.1 Introduction

As the 21% century approaches, there is growing interest in low polluting alternative and
renewable energy sources. Although the recent conflict in the Persian Gulf has reminded
us that energy security remains an important issue, of even greater concern today are the
environmental impacts of fossil fuel use. According to the International Panel on Climate
Change, which was assembled as part of the United Nations Environment Program, the
worldwide demand for energy is expected to multiply three- to six-fold by the year 2050
(IPCC, 1991). As a result, many people are concerned that our current energy
consumption patterns are not sustainable. Urban air pollution, acid rain, oil spills, the
threat of global warming, and the other environmental consequences of continued fossil

fuel use compel us to reduce our dependence on these non-renewable resources.

ansportation sector relies almost exclusively on crude oil, much
of which comes from the politically volatile Middle East, it is particularly vulnerable to
energy supply disruptions. Automobiles are also a principal source of air pollution.
Therefore, although the automobile has played a major role in the prosperity and quality
of life in the United States and elsewhere, the transportation sector may have to undergo

significant changes over the next several decades in order to alleviate the problems

associated with the gasoline powered internal combustion engine vehicle (ICEV).

One option with great potential would be to use biomass (organic matter) as a
clean, renewable feedstock for producing alternative transportation fuels (methanol and
hydrogen) which could be used to power the next generation of high-efficiency, low
polluting automobiles. These vehicles would use fuel cells to produce electricity, which

would power electric drive trains, instead of internal combustion engines, which power

1



Ryan E. Katofsky
mechanical drive trains. This thesis examines the technology and economics of methanol

and hydrogen production from biomass for use in fuel cell electric vehicles (FCEVs).

1.2 The Challenges Facing the US Transportation Sector
There are four major challenges facing the US transportation sector today, all of which

stemn from the reliance on gasoline and other fuels produced from crude oil.

1.2.1 Urban Air Pollution

Motor vehicles are the leading contributors to urban air pollution. In 1985, motor
vehicles in the United States accounted for 45% of nitrogen oxide (NO,) emissions and
34% of volatile organic compound (VOC)! emissions. Some VOC compounds are toxic
(e.g. benzene), but more importantly they react photochemically in the presence of
sunlight to produce ozone (smog), which has adverse effects on human health and can
damage crops and forests (6gden and Williams, 1989). In 1987, 130 million Americans
lived in areas where ozone levels exceeded federal standards (Ogden and Williams, 1989).
NO, also contributes t0 SMOg formation and is a precursor to some foﬁns of acid
deposition, which has had severe ecological consequences in certain regions. Even though
automobile emissions standards have stiffened considerably over the past several decades,
the increased number of vehicle miles travelled, and less stringent controls on other types
of vehicles, have led to only moderate reductions in the levels of these and other
pollutants (see Figure 1-1). According the US Department of Energy’s (DOE) 1991
National Energy Strategy (NES), only modest reductions in NO, and VOCs can be
expected between now and the year 2030 (DOE, 1991). This implies that fundamental

1 yOCs are also called NMOCs for non-methane organic compounds.
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Chapter 1: Introduction

changes to the US transportation sector may be necessary to achieve significant

improvements in urban air quality.2

1.2.2 Global Warming

The threat of global warming may dictate the use of fuel cycles with low greenhouse gas
emissions (mainly carbon dioxide -- COp). According to the US Environmental
Protection Agency (EPA), CO, emissions may need to be reduced by as much as 50-80%
worldwide in order to stabilize its concentration in the atmospheric over the long term
(Lashof and Tirpak, 1990). Direct fuel use accounts for approximately 75% of all CO,
emissions worldwide, of which more than 50% comes from oil, almost all of which is
used in the transportation sector (Johansson, et al., 1992). This means that oil use alone
accounts for roughly 40% of all energy related CO, emissions, more than double the
emissions from all coal fired power plants worldwide. Therefore, switching to
fuel/vehicle cycles with low or zero CO, emissions is perhaps the most effective way to

combat the buildup of greenhouse gases.

1.2.3 US Reliance on Oil Imports

The United States is becoming increasingly reliant on Middle East oil, a trend that will
continue if petroleum continues to be the primary feedstock for transportation fuels, which
will almost certainly be the case if gasoline remains the primary automotive fuel. There
are two reasons why imported oil will become a larger fraction of total oil consumption

with this business as usual approach. First, oil consumption in the transportation sector

2 In some regions of the United States, air pollution is such a severe problem that
legislation is being used to accelerate the introduction of alternative vehicles. In
California, the Air Resources Board has mandated that 2% of all cars sold in that state
in 1998 to be zero-emission vehicles (ZEVs). By 2003, 10% of ali cars sold in California
(several hundred thousand cars per year) will have to be ZEVs. Several states in the US
northeast have also voted to adopt the California standard, and other countries are
considering similar measures (Ogden and Nitsch, 1992).
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will increase significantly in the future because improvements in fuel economy will not
be able to keep pace with the increase in total vehicle miles travelled (DOE, 1991).
Second, US crude oil production is expected to decline substantially over the next forty
years. In the Current Policy scenario of the NES, oil imports are projected to increase
from 7.3 million barrels per day (MMBPD) in 1990 to 20.3 MMBPD by the year 2030,
80% of total oil consumption in that year. In this same period, domestic production is
projected to fall from 8.8 MMBPD in 1990 to 3.2 MMBPD in 2030. Even under the
Strategy Scenario of the NES, which assumes greater use of high-efficiency technologies
and alternative energy sources, domestic oil production is projected to rise slightly in the
near term, but fall to 4.3 MMBPD by 2030. In the same period, imports are predicted

to rise to 11.6 MMBPD by 2030, 65% of total consumption in that year.

1.2.4 The High Cost of Alternative Fuels

In light of the three issues described above, one would think that there would be
significant interest in clean burning fuels produced from domestic resources.
Unfortunately, alternative fuels have never been able to compete with gasoline because
such fuels have been, and will almost certainly continue to be, more expensive than
gasoline produced from crude oil at today’s prices (~$20/barrel}. Furthermore, it is very
possible that crude oil will remain in the $20-25 per barrel range’ for several decades
(Johansson, et al., 1992a}, so that it will continue to be the most economic feedstock for
ICEVs. Given the fact there are no technical barriers to producing synthetic fuels from

coal, biomass or natural gas, this is perhaps the single largest obstacle facing alternative

fuels today.

3 Unless otherwise noted, costs are given in constant 1991 US dollars throughout this
thesis.
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1.3 The Mqtivations for Producing Transportation Fuels from Biomass

It is the goal of this thesis to show that methanol and hydrogen derived from biomass can
play significant roles in addressing each of the above challenges, in spite of the
constraints inherent in the use of biomass energy. The ability to produce energy from
biomass on a large scale is limited by several factors, including the low efficiency of
photosynthesis,4 large water requirements, and the availability of suitable land.
Nevertheless, these constraints are manageable when combined with high-efficiency
conversion and end-use strategies, so that biofuels can play a major role in meeting the
future energy needs of the US transportation sector. This is in sharp contrast to the way
in which biomass energy has traditionally been used: in inefficient, low technology
applications. By far, the principle use of biomass energy today is for cooking and heating
in rural areas of developing countries (Hall, et al., 1992). Where biomass energy is used
commercially to produce electricity (mainly in the United States), it is almost always in
low efficiency steam-Rankine cycles, a technology that was commercialized about 100
years ago, and has changed little since the early 1960s (Williams and Larson, 1992). Fuel
ethanol is produced in the US from the fermentation of corn, but it requires substanttal
government subsidies to be cost competitive (Johansson, et al., 1992). There are no

commercial facilities producing methanol or hydrogen from biomass.

In spite of the prevailing view that biomass is a low efficiency, expensive
feedstock that is only appropriate for use at small scales, recent research and development
efforts are showing that biomass can become a highly competitive, large scale energy

source for both fuels and electricity. Electricity from biomass has received the most

4 Photosynthesis only captures about 1/2-1% of the solar energy that reaches the
plant. By comparison, modern, field tested photovoltaic (PV) modules (large arrays of
solar cells) have achieved stabilized efficiencies of 10-12%. Prototype modules have
achieved efficiencies of up to 18%, and the theoretical limit for individual cells is as high
as 33% (Kelly, 1992).
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attention because it appears that biomass-based systems using advanced aeroderivative gas
turbines will be able to produce electricity at costs comparable to existing coal or natural
gas systems (Williams and Larson, 1992). On the other hand, hydrogen and methanol
derived from biomass will almost certainly be more expensive than gasoline derived from
crude oil costing $20-25/bbl. Therefore, if biomass is to become an economical energy
source for transportation fuels, it will be necessary to employ efficient end-use devices
that cannot be used with gasoline but that can be used with fu.els derived from biomass.
FCEVs are just such a technology. The remainder of this section describes how biomass

and biofuels, coupled with fuel cell vehicles, could be used to meet all four challenges

facing the US transportation sector.

1.3.1 Urban Air Pollution

Although ICEV emissions could be reduced by replacing gasoline with methanol or
hydrogen, a much larger benefit would come from using methanol and hydrogen in
ECEVs. Interest in FCEVs is motivated by their very high efficiency and extremely low
emissions characteristics, and a number of demonstration vehicles are currently under
development (Huff, 1991; Ogden and DeLuchi, 1992). A fuel cell is similar to a battery
in that the chemical energy of the fuel is converted directly to electricity, which can then
be used to power a vehicle.’ Thus, a FCEV is similar to a battery powered electric
vehicle (BPEV). An important distinction is that a BPEV requires several hours to
recharge whereas a FCEV would be refueled in a few minutes. Although they would

consume fuel, FCEVs based on proton exchange membrane (PEM) fuel cells would

5 Most low temperature fuel cells use hydrogen directly. In the case of the methanol
powered FCEV, methanol would be reformed and shifted on board the vehicle to produce
H, and CO, via the following overall reaction: CH;OH + H,O — CO, + 3H,. The steam
would be produced in the fuel cell and some methanol would be burned to drive the
endothermic reforming reaction. While this system is more complex and less efficient
than using hydrogen directly, methanol can be stored much more easily and cheaply on-
board vehicles than hydrogen.
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produce no NO, because of their low temperature operation, and virtually no VOC
emissions because of the types of fuels they would use (hydrogen and methanol).? In
fact, hydrogen FCEVs would qualify as zero emission vehicles (ZEVs) because their only
emission would be water. There would be minor pollutant emissions associated with
methanol FCEVs, but these would only be a small fraction of gasoline ICEV emissions.
Table 1-1 compares estimated exhaust emissions for several types of alternative vehicles,
and also shows that if the fuels for FCEVs were to be produced from a renewable
resource such as biomass, greenhouse gas emissions would decrease substantially. In the
biomass options presented in Table 1-1, greenhouse gases emissions are not zero, in part
because it was assumed that the electricity for hydrogen compression prior to refueling
would be provided by the projected average mix of power sources in the US in the year
2000, which includes fossil fuel-fired power plants. Also, estimates of greenhouse gas

emissions associated with growing, harvesting, and processing the biomass were included.

1.3.2 Global Warming

If biomass is grown and used sustainably to produce methanol and hydrogen, it will
contribute little or no net CO, to the atmosphere, because on average, any CO, released
is reabsorbed by the growing plants through photosynthesis. Biomass would help reduce
greenhouse gas emissions to the extent that it could replace existing fossil fuel use (Hall,

Mynick and Williams, 1991).

6 The PEM fuel cell is a promising technology for fuel cell vehicles because of its
low operating temperature (25-120°C), high power density, and low volume requirement
(1.33 kW/kg and 1.20 kW/liter, compared to 0.12 kW/kg and 0.16 kW/liter for the
commercially available phosphoric acid fuel cell) (Johansson, et al., 1992).
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Table 1-1: Percentage change in emissions from alternative feedstock/fuel/vehicle
combinations for light duty vehicles, relative to the gasoline powered ICEV. Adapted
from DeLuchi (1992) and Williams (1993) (NG = natural gas).

Feedstock/Fuel/Vehicle NMOC* CO .NO, SO, PMP  Greenhouse gases®
NG/Methanol/ICEV -50 0 0 -1000  lower -3
Solar/Hydrogen/ICEV 95°  .99° f -1000  lower -3¢}
NG/Hydrogen/FCEV 2100 -100 -100  -100¢ -100 -67
Biomass/Methanol/FCEV 908 99" 99" .1008  -100 -93
Biomass/Hydrogen/FCEV -100  -100 -100 -100°  -100 -89
Solar/Hydrogen/FCEV -100  -100  -100 -1007  -100 95
All solar/Hydrogen/FCEV -100  -100 -100 -100  -100 -100
US power mix/BPEVF 95 99 56 +321 +153 -44
All Solat/BPEV 2100 100 -100 -100¢  -100 -100
Baseline ernissions for a 048 3.81 0.28 0.03 0.01 3053
Gasoline ICEV (g/km)'

(a) NMOC = non-methane organic compounds.

(b) PM = particulate matter.

(c) Measured in grams of carbon per km. Non-CO, gases have been converted to an equivalent amount
of CO, according to the global warming potential factors of the Intergovernmental Panel on Climate

Change (iPCC).
(d) Assuming no sulphur is present in the fuel, which would be the case for hydrogen and methanol.
(¢) Emissions are not completely reduced since some oil is burned in the engine.

(f) While lean combustion of hydrogen could greatly reduce the amount of NO_ produced, the precise
o Y 14 gr , x .
quantity is not yet known. Nevertheless, it is well established that gaseous fuels that contain hydrogen
produce significantly less NO, when burned than fuels that do not contain hydrogen.

(g) Some NMOCs would evaporate during distribution and refueling.
(h) There would be minor emissions associated with the on-board reforming of methanol.

(i) There would be some greenhouse gas emissions from the energy used for growing, harvesting and
transporting biomass.

(j) The electricity for H, compression was assumed to come from the projected national mix of power
sources in the year 20{0.

(k) The US power mix is the projected mix of power sources in the year 2000.

() Based on a year 2000 Ford Taurus operating on reformulated gasoline and conforming to the standards
of the 1990 Clean Air Act in the year 2000. The fuel economy is assumed to be 25.9 miles per galion

(9.08 liters/100 km).




Chapter 1: Introduction
1.3.3 US Reliance on Oil Imports
Clearly, hydrogen and methanol produced from biomass grown in the United States would
reduce dependence on Middle East oil. The question is, can enough biomass be grown
in the US to displace a significant amount of imported oil? Consider the following

numerical example:

Assumptions:

» Higher heating value (HHV) of gasoline = 34.5 MI/liter.

« HHV of biomass = 20 GJ/dry tonne (see Ch. 3) (GI = gigajoule = 10° joules).

e Energy plantations produce an average of 15 dry tonnes/hectare/year.

 Biomass is converted to hydrogen at an overall HHY efficiency of 68% (see Ch. 6).

« Biomass is converted to methanol at an overall HHV efficiency of 63% (see Ch. 6).

¢ Hydrogen powered FCEVs using PEM fuel cells achieve the gasoline-equivalent of
3.24 liters/100 km (Williams, 1993). |

s Methanol powered FCEVs using PEM fuel cells and on-board reforming achieve the

gasoline-equivalent of 3.81 liters/100 km (Williams, 1993).

Based on these assumptions, the hydrogen FCEV would require 111.8 MJ/100 km,
and the methanol FCEV would require 131.4 MJ/100 km. Table 1-2 summarizes the
biomass requirements for each case, assuming the entire US light duty vehicle (LDV)
fleet is converted to FCEVs. Estimates have been made using the NES projections for
total LDV miles travelled for the years 1990, 2010, and 2030 (DOE, 1991). Table 1-2
shows that it would be possible to fuel the entire LDV fleet with biofuels ﬁsing 50-70%
of the projected excess cropland in the United States. The oil displaced represents a
significant fraction of imports. Under the Current Policy scenario, 9.3 MMBPD is equal
to 46% of projected imports in the year 2030, and in the Strategy Scenario, 6.4 MMBPD

is 55% of projected oil imports in 2030. Therefore, although total biomass resources are
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somewhat limited, targeting biomass energy specifically for the transportation sector can
have a significant impact on oil imports, and hence, the strategic vulnerability of the
United States to oil supply disruptions or monopoly pricing. Methanol and hydrogen
imported from other regions such as Latin America or sub-Saharan Africa would increase
the diversity of the US fuel supply, and therefore help protect the US from future energy

supply disruptions or price instability (Johansson, et al., 1992).

Table 1-2: Estimate of the biomass needed to fuel the entire US light duty vehicle fleet
in the years 1990, 2010, and 2030, using hydrogen or methanol powered fuel cell
vehicles.

Hydrogen Powered Methanol Powered Qil Displaced®
FCEVs FCEVs (10° bbl/day)
1dle Cropland
VMT? B 108 EP 108 in the US  Current Strategy
Year (10° km) Hydrogen Hectares Methano! Hectares  (10° Hectares)  Policy Scenario
1990 2834 3.17 15.5 3.72 19.7 33 6.1 6.1
2010 4508 5.04 247 592 313 -— 8.6 7.5
2030 5331 596 29.2 7.00 37.0 52 9.3 6.4

(a) VMT = vehicle miles travelied. From DOE (1991).
®) 1 EJ = 1 exajoule = 10'* joules.
{c) US Department of Agriculture (1990).

(d) Assuming gasoline is produced from crude oil at 90% overall thermal efficiency, crude oil has a higher heating
value of 6.13 Gl/barrel (38.6 MJliter), gasoline has a higher heating value of 34.5 M¥liter, and that the gasoline
powered light duty vehicle flect has the following fuel economies: Current Policy -- 12.62 liters/100 km in 1990,
11.09 /100 km in 2010, and 10.18 /100 km in 2030; Strategy Scenario -- 12.62 liters/100 km in 1990, 9.75 V100
km in 2010, and 7.04 V100 km in 2030. Fuel economies are based on NES projections (DOE, 1991).

1.3.4 The High Cost of Alternative Fuels

Due to the uncertainties inherent in medium- to long-term energy price projections, this
thesis attempts to be as conservative as possible. Retail prices for methanol and hydrogen
derived from biomass are anticipated to be significantly higher than the retail cost of
gasoline. As well the purchase price of a FCEV will likely be several thousand dollars
higher than the price of a comparable ICEV. Nevertheless, these higher costs will be

offset by the fact that FCEVs will be 2.4-2.8 times more efficient than cbmpa:able

10
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gasoline ICEVs (DeLuchi, et al., 1991; DeLuchi, 1992). Furthermore, because electric
vehicles are mechanically simpler than ICEVs, FCEVs are expected to last longer and
have lower maintenance costs than ICEVs. As a result, when measured on a lifecycle
cost basis ($ per km), biofuel powered FCEVs will probabl-y be cost competitive with
gasoline powered ICEVs, even if crude oil prices are lower in the future than they are

today (Ogden and DeLuchi, 1992; Johansson, et al., 1992a) (see also Chapter 7).

1.4 Additional Benefits of Biomass Energy Use

Biomass appears to have certain advantages over other forms of renewable energy, despite
the low efficiency of photosynthesis, the large amounts of water needed for growing
biomass, and the careful planning that will be required to produce biomass sustainably for
long periods of time. Biomass provides a natural "built-in" means of storing solar energy,
unlike wind, solar thermal and solar photovoltaic (PV) energy sources, which are
intermittent. Also, since biomass contains carbon, it is perhaps the only renewable
feedstock that can be used to produce methanol or other hydrocarbons.7 Overall,
biomass appears to be the least expensive renewable resource for producing hydrogen and

methanol (Takahashi, 1989; Larson and Katofsky, 1992).

In North America and other industrialized regions, tens of millions of hectares of
idle cropland could be used to grow biomass energy crops. At present, US farmers are

paid tens of billions of dollars each year to keep farmland out of production, in order to

7 PV and wind electricity could be used to produce hydrogen via the electrolysis of
water, a well established technology. If a ready supply of carbon dioxide were available,
it is also conceivable that methanol could be manufactured from PV or wind power alone.
Another possibility would be to use PV or wind energy to produce hydrogen to augment
the production of methanol from biomass, since biomass systems are typically hydrogen
deficient and must therefore reject excess carbon as CO,.

11
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keep food prices high or to prevent erosion.® Using this land to grow energy crops could
save taxpayers billions of dollars each year in farm subsidies by providing farmers with
additional income. In developing countries, biomass plantations could help reclaim
deforested and otherwise degraded land.” A labor intensive biomass-based energy
industry could also play an important role in rural development in developing countries,

and thus help curtail poverty and urban migration (Hall, et al., 1992).

Finally, since biomass conversion facilities will be relatively capital intensive, the
energy industries that wish to exploit this resource will need a secure supply of biomass
throughout the lifetimes of these facilities -- 20 years or more. In principle, this should
encourage the use of biomass that can be grown sustainably, rather than increase

deforestation (Johansson, et al., 1992).

1.5 Scope of this Study

In this thesis, I assess the technology and economics of producing methanol and hydrogen
from biomass via thermochemical gasification, for use in fuel cell vehicles. Over the last
10-15 years there have been numerous feasibility studies on the production of methanol
from biomass, but none has focussed on this particular end-use technology, mainly
because interest in FCEVs is a recent development. For this reason, there has been

almost no interest in hydrogen production from biomass, because previously the goal was

8 In the United States in 1990, 33 million hectares of cropland were kept idle, and
as a result of continued productivity gains, this number is expected to climb to 52 million
hectares by the year 2030, even though the US Department of Agriculture expects exports
of maize, wheat and soybeans to double during this period (US Department of
Agriculture, 1990).

9 1t has been estimated that nearly 760 million hectares of degraded lands are suitable
for reforestation in developing countries (Hall, et al., 1992). If all this land were used to
grow energy crops, it would have been able to supply approximately 70% of the world’s
primary energy needs in the year 1985, which was approximately 320 EJ. 1 hectare =
2.49 acres = 10,000 m”.

12
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to find direct substitutes for gasoline. However, since PEM fuel cell vehicles can be
fueled with either methanol or hydrogen, a self-consistent evaluation of both hydrogen
and methanol production from biomass is warranted. Moreover, as this thesis will show,
hydrogen production from biomass is actually a simpler, less expensive, and more
efficient process than methanol production from biomass. Hydrogen powered FCEVs will
also be more efficient than methanol powered FCEVs. Because of the need to address
the challenges facing the US transportation sector, and because of the advances that have
been made in recent years in biomass conversion and fuel cell vehicle technology, it is

necessary to reevaluate the potential of biomass derived fuels.

To accomplish this goal, I have constructed a set of self-consistent computer
models using ASPEN PLUS™, a state-of-the-art chemical process simulation software
package. This thesis compares the production of methanol and hydrogen using a variety
of promising biomass conversion technologies, some of which have not been previously
evaluated for this purpose. Methanol and hydrogen production from natural gas, both of
which are commercial processes, provide benchmarks for comparing the different biomass
gasification technologies evaluated here. The production of methanol and hydrogen from
coal was also considered, because in addition to biomass, coal is a practical alternative

to natural gas that will likely be a direct competitor with biomass in the future.

Pinch analysis techniques were used to analyze the data from the ASPEN PLUS
simulations, resulting in thermally optimized fuel production facilities. Exergy analysis
was also used to better understand the differences between the three feedstocks and the
limitations inherent in biomass conversion. To the author’s knowledge, this thesis is the
first application of these techniques for evaluating all of these processes within one
consistent analytical framework, and is perhaps the most comprehensive overall

assessment of methanol and hydrogen production from biomass for use in fuel cell vehicles.
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The comparison with natural gas is important since most methanol and hydrogen
produced today is derived from natural gas, and this will be the primary feedstock when
these fuels are first introduced into the transportation sector. Also, at today’s energy
prices, natural gas processes would produce by far the least costly fuels. Coal is an
abundant resource that will almost certainly cost less than biomass grown in North
America. Given this choice of feedstocks, this thesis will examine the effect of projected
future energy prices to determine if biomass-based systems (from raw biomass to FCEVs)
will be able to stand on their own technological merits, or if incorporating environmental
externalities into energy prices will be required to make biomass the feedstock of choice
(for example, by imposing a carbon tax). This thesis also examines whether or not

biofuels used in fuel cell vehicles will be able to compete with gasoline derived from

crude oil at today’s prices.

Chapter 2 reviews why biofuels have not yet been considered as serious
alternatives to gasoline. Chapter 3 is a detailed review of the fundamental and practical
aspects of biomass gasification. Chapter 4 evaluates the theoretical and -practical
considerations of methanol and hydrogen production from synthesis gas.'® The results
of this investigation form the bases for the thermodynamic computer models, which are
described in Chapter 5. Chapter 6 presents the results and evaluation of the simulations
for the five biomass gasifiers evaluated in this thesis, a modern "second generation” coal
gasifier, and the natural gas processes. Wherever possible, comparisons with other works
are made. Chapter 7 is an economic assessment of the production and use of methanol

and hydrogen, and explores the issues of scale, feedstock price, and the competition

19 Synthesis gas (or syngas) is the generic term used to describe a gaseous mixture
whose primary combustible components are CO and H,. Syngas can be produced from
biomass or coal gasification, or from the conversion of other feedstocks such as natural

gas or residual oils.
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between the three different feedstocks and between biofuels and gasoline, assuming that

biofuels would be used in fuel cell vehicles. Chapter 8 summarizes the findings of this

thesis and makes recommendations for further study.
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Figure 1-1: Normalized pollutant emissions from all mobile sources in the United States
(Walsh, 1988). 1976 = 1.
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Chapter 2: Literature Review

2.1 Introduciion

Given the tremendous potential of biomass/FCEVSs to address all of the challenges facing
the US transportation sector, it is necessary to understand why biomass has never been
considered seriously as a feedstock for transportation fuels. To accomplish this, this
chapter expands on some of the concepts presented in Chapter 1 and briefly reviews
existing biofuels programs, previous attempts (o develop synthetic fuels in the US, as well
as previous studies of methanol and hydrogen production from biomass. Within this
context, this chapter will outline how this thesis differs from previous assessments of

biofuels technology and how it contributes to the current state of understanding of

biofuels technology.

2.2 Reasons Why Biomass Energy has not Been Considered Seriously to Date
2.2.1 Biomass Supplies are Limited

Chapter 1 touched upon several reasons why biomass has not been considered seriously
as a feedstock for modern energy carriers (both fuels and electricity). One of these was
the perception that biomass is a relatively limited, low technology resource. This implies
that large scale use of biomass would increase deforestation, and therefore have negative
environmental impacts. This conclusion is not without basis. The reliance on wood fuel
in developing countries, where nearly 40% of primary energy comes from biomass (Hall,
et al., 1992), has had very serious ecological consequences such as deforestation and soil
erosion. Nevertheless, biomass is still a widely available resource, and if managed

properly can be used sustainably to produce substantial amounts of energy in many parts
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of the world.! Because of the concerns over species diversity and sustainability, it has
been proposed that biomass energy plantations be established on deforested and otherwise
degraded lands in developing countries and on excess agricultural land in industrialized
countries (Johansson, et al., 1992). This would not only produce energy, but could
simultaneously help curtail land degradation, restore previously degraded lands, and

improve the lives of the people who live there.

As for the potential magnitude of biomass resources, it was shown in Chapter 1
that there is more than sufficient excess agricultural land in the US to supply all the fuel
needs of the US light duty vehicle fleet through the year 2030 and beyond. Although it
is difficult to measure precisely the amount of land suitable for energy production
worldwide, extensive areas are good candidates for biomass plantations (see Table 2-1).
In fact, in some regions of the world, like Latin America and Africa, the potential land
suitable for reclamation using energy plantations is so large that these regions could |
actually become major exporters of fuels in a renewables-intensive energy future

(Johansson, et al., 1992).

In order to illustrate the technical feasibility of large scale biomass plantations,
consider the case of Brazil. Brazil has perhaps the most extensive experience with
biomass plantations, which came into use following the passing of the National Forestry
Act of 1965 (Carpentieri, et al., 1992). Today, there are between 4 and 6 million hectares
of commercial wood plantations {mostly Eucalyptus) supplying feedstocks for the pulp
and paper and steel industries (Carpentieri, et al., 1992).‘2 Commercial Eucalyptus

plantations in Brazil range in size from 1,200 to 100,000 hectares. The experience with

! In contrast, transportation fuels are produced almost exclusively from crude oil, of
which most of the world’s recoverable reserves are concentrated in relatively few regions.

2 Wood is converted to charcoal for use in producing steel from iron ore.
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Table 2-1: One estimate of the potential land suitable for the establishment of biomass
plantations (Hall, et al., 1992).

Land suitable for biomass
plantations

Region Area® Energy?  Percent of commercial

(10° hectares)  (Elfyear) energy use in 1985
US/Canada 116 34.8 39.6
Europe 38 114 143
Japan 3 0.9 54
Australia + NZ 60 179 ' 497.2
Former USSR 155 46.5 81.7
Latin America 171 514 2954
Africa 176 529 575.0
China 54 16.3 707
Other Asia 111 334 120.6
Total 885 265.5 82.4

{(a) Assuming that plantations could be established on 10% of the land currently in forests/woodlands +
cropland + permanent pasture. This is a relatively conservative measure. Other estimates given in Hall,
et al. (1992) are much higher; in Latin America and Africa alone, there may be over 1100 million
hectares of excess potential cropland and, including Asia, nearly 760 million hectares of degraded lands

suitable for plantations.

(b) Assuming a biomass yield of 15 dry tonnes/hectare/year and a higher heating value of 20 G/dry tonne.

commercial plantations in Brazil has shown that yields vary significantly from one
bioclimatic region to the next, from over 20 dry tonnes/hectare/year to as little as 7 dry
tonnes/hectare/year. More importantly, the Brazilian experience has shown that relatively
large plantations can be established on previously deforested and degraded lands, and that
soil fertility and high biomass yields can be sustained over relatively long periods of time
(decades). There have also been substantial improvements in plantation management and
technology over the last two decades. For example, maintaining a certain percentage of
a plantation in a natural state using native trees (especially fruit bearing species) helps
attract birds and other insectivores, which reduces crop losses from insects and pests. By

' interplanting nitrogen-fixing species within the Eucalyptus stands, it becomes possible to
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reduce or eliminate the need for nitrogen fertilizers (Hall, et al,, 1992). Given the current

level of research in Brazil, the prospects are excellent for future improvements in all

aspects of plantation management and technology (Carpentieri, et al., 1992).

Of course, as with the use of other energy sources, there have been some negative
impacts associated with large scale biomass energy use in Brazil. Most wood fuel still
comes from natural forests, which contributes to deforestation, soil erosion, and other
environmental problems. The dumping of stillage (waste water) from commercial fuel
ethanol facilities based on sugarcane has also had negative enviroﬁmcntal impacts.
Nevertheless, these problems can be overcome within a properly managed biomass energy

industry.

In addition to energy plantations, it has been estimated that of the approximately
111 exajoules (EJ -- 108 joules) of biomass residues produced worldwide each year, up
to 31 EJ may be recoverable on a sustainable basis, roughly 10% of global primary
energy use in 1985 (Hall, et al., 1992).3 Municipal waste is also a large potential source
of biomass. Energy production from urban waste gasification would help address the
landfill space problem and would probably have less environmental impact than
incineration. An urban energy industry could become an important source of economic

activity and employment in urban centers, where the bulk of the waste is generated.

A third source of biomass is existing forests. Although perhaps more controversial

than using plantations or residues, a properly managed forest can sustainably yield

biomass for energy applications. For example, the US Office of Technology Assessment

3 This includes crop residues, forestry residues and dung. Many residues would not
be recoverable because they must be left on the ground to help maintain soil fertility, or
because it would be prohibitively expensive to recover them.
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(OTA) estimated that in the 1970s, there were 400-800 million dry tonnes per year of net
annual growth in US commercial forests, while in the same period, only 180 million dry
tonnes were cut per year. Since forest yields of high quality roundwood tend to be lower
when harvests are less than growth (Hall, et al., 1992), removing low quality wood for
energy applications would increase the yield of high quality roundwood. The OTA -
reported that it would be possible to collect 12-28 exajoules of biomass per year from US
forests for energy purposes (Hall, et al., 1992). This would have been enough energy to
satisfy 14-32% of total US primary energy use in 1987, which was approximately 87
exajoules. If we assume that the higher heating value of the wood is 20 GJ/dry tonne,
this corresponds to 600-1400 million dry tonnes per year, roughly 3-8 times what was
harvested in US commercial forests in the 1970s. Clearly such a program would require

good forest management practices to protect natural forests and to preserve biodiversity.

2.2.2 Biomass Conversion is Inefficient and Uneconomical

Electricity production from biomass today is based on the steam-Rankine cycle. Due to
the dispersed nature of biomass, it is used at rmuch smaller scales (less than 100 MWC)4
than those typical of modern coal or nuclear powered steam-electric plants (500-1000
MW,). This places biomass at an economic disadvantage because steam turbine capital
cost ($ per kW) is strongly dependent on scale (smaller being more expensive). In order
to help reduce the cost of smaller turbines, lower grade materials are used, which lowers
the operating temperatures and pressures of small turbines. As a result, small steam
turbines are less efficient than large ones. For example, in California, biomass-fired
power plants have efficiencies of 14-18%, compared to approximately 35% for a large,

modemn coal-fired steam-electric plant (Williams and Larson, 1992).°

4 MW, = megawatts of electricity produced.

5 Unless otherwise noted, efficiencies are quoted and calculated on a higher heating
value basis throughout this thesis.
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The historically low efficiency and small scale of biomass-based power generation
helps explain why there has never been much interest in large scale biomass energy use:
it simply cannot compete with large central station power plants fired with abundant,
inexpensive fossil fuels. Furthermore, because existing biomass facilities have such low
efficiencies, they are only economic using low-, zero- or even negative-cost feedstocks
(usually agricultural or forestry residues). Although the supply of such residues has not
been exhausted, it is a limited resource that is best suited for use at the site where it is
generated (e.g. a pulp and paper mill). Any effort to use biomass energy on a large scale
to produce transportation fuels would require the use of higher cost biomass that would
be grown on dedicated energy plantations or collected from commercial forests.
Thereforc,_ for biomass to be cost competitive with fossil fuels, the efficiency of using
biomass will need to increase significantly, which contradicts the conventional wisdom
regarding biomass energy. Nevertheless, conventional wisdom is giving way to new
attitudes towards biomass energy systems, and the prospects are good for high-efficiency,
cost competitive biomass-based power generation using modern gasification systems and
aeroderivative gas turbines. A number of demonstration projects are currently under
development (Williams and Larson, 1992). Biomass can also be efficiently and
economically converted to fuel grade methanol and hydrogen, as described in detail in this

“thesis.

Another key challenge facing biofuels is that they have historically been
uneconomical when compared to gasoline. Until now, the production of commercial fuels
from biomass has focussed on ethanol via fermentation of sugar crops (e.g. sugarcane and

corn). In Brazil, where there exists a large, technologically mature fuel-ethanol industry
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based on the use of sugarca.ne:,6 ethanol is still more expensive than gasoline, and must
be subsidized by the government to be cost competitive. To a lesser extent fuel ethanol
is produced in the US (mainly from maize), where substantial government subsidies are
required to make ethanol profitable (Johansson, et al., 1992).” Because fuel ethanol is
not cost. competitive with traditional automotive fuels, this has led to the belief that

biomass in general is not a cost effective feedstock for transportation fuels.

Although ethanol is not profitable today, the prospects for substantial cost
reductions appear quite good (Goldemberg, et al., 1992; Williams and Larson, 1992;
Wyman, et al., 1992), and by the year 2000 ethanol could be cost competitive with
gasoline when oil is approximately $25/barrel, provided that certain technical
opportunities are exploited.s On the other hand, hydrogen and methanol produced

thermochemically from biomass will almost certainly be more expensive than gasoline at

today’s prices.

2.2.3 Previous Attempts to Develop Synthetic Fuels in the US have been Unsuccessful
Another factor affecting the willingness of government and industry to develop fuels from
alternative energy sources is that previous attempts have been remarkably unsuccessful.

Although the aborted synfuels program of the 1970s and 1980s clearly showed that the

6 Over 12 billion liters of ethanol were produced in Brazil in 1989, enough to fuel
4.2 million neat-ethanol cars and 5 million gasohol cars (which burn an ethanol-gasoline
blend containing 22% ethanol) (Goldemberg, et al., 1992),

7 The current US ethanol production capacity is approximately 3 billion liters per
year, most of which is used to manufacture gasohol, a 10% blend with gasoline.

8 Cost reductions could be achieved by using advanced enzymatic hydrolysis
processes for ethanol production and by making more efficient use of the byproduct
residues of sugarcane or corn production. With regards to the latter, coproduction of
ethanol from cane juice and electricity from cane residues would make the Brazilian
ethanol industry cost competitive (Williams and Larson, 1992).
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production of synthetic fuels from coal and oil shale was technically feasible, the
combination of inconsistent government policy and a return to stable crude oil prices
resulted in the failure to develop a viable synthetic fuels industry (Yanarella and Green,'
1987). As a result of this failure, synthetic fuels are generally viewed as a bad business
risk in the US. Furthermore, given the low price for crude oil today, synthetic liquid
transportation fuels produced from coal or oil shale would be more expensive than
gasoline produced from crude oil. Today, natural gas could be used to produce methanol
that is cost competitive with gasoline, although natural gas prices may rise faster than oil

prices over the next 40 years (DOE, 1991).

2.3 Previous Assessments of Methanol and Hydrogen Production form Biomass
2.3.1 Methanol Production

Unlike ethanol from biomass, there are no commercial facilities that produce methanol
from biomass. Nevertheless, there have been several assessments of methanol production
from biomass over the past decade, some of which are summarized below. These studies
have all concluded that the only remaining technical barrier is the development of
commercial biomass gasifiers suitable for fluid fuels production. Each of these
assessments considered similar synthesis gas processing steps to those evaluated here, but
typically focussed on only one type of gasification technology, and did not consider the
use of fuel cell vehicles to help make methanol from biomass cost competitive. As a
result, these studies concluded that methanol from biomass would only be cost
competitive if (i) crude oil prices rose considerably, or (ii) government subsidies were

used artificially lower the retail price of methanol from biomass.
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In 1982, The Solar Energy Research Institute (SERI)® organized a workshop on
producing methanol from biomass (Reed and Graboski, 1982). The papers presented at
the workshop covered a wide range of topics including an evaluation of relevant coal
technologies, the state of the art in methanol synthesis at the time, various biomass
gasifier research projects, the utilization of methanol, and several evaluations of the
feasibility of methanol production from bjomass. The papers clearly indicated that
methanol from biomass was technically feasible, and that small scale biomass-to-methanol
plants could be cost competitive with large scale coal-based facilities. Several papers
presented at the workshop focussed on the economic advantages of small scale shop

fabrication over the economies of scale of very large plants based on coal.

Arnason (1983) assessed the prospects for producing methanol from biomass and

10 His main conclusion

urban refuse using the Wright-Malta indirectly heated gasifier.
was that methanol from biomass and urban wastes could become a major energy carrier
provided that significant improvements were made in vehicle fuel economy and that

gasification technologies could be demonstrated at the commercial scale.

Kosstrin and Himmelblau (1985), at Stone and Webster, considered the use of the
SERI downdraft, oxygen blown, fixed-bed gasifier (a pressurized unit)!! for a small
scale facility (<300 wet tonnes per day @50% moisture). The choice of such a small
facility was based on three factors: the ability to eliminate most transportation costs by

using the methanol locally, avoiding potential biomass supply problems, and the ability

9 SERI is now known as the National Renewable Energy Laboratory (NREL).

10 The Wright-Malta gasifier is not commercially available. This and other gasifiers
are described in detail in Chapter 3.

It The SERI downdraft gasifier was extensively tested at the pilot scale, but there is
no longer any active research on this gasifier or plans for larger scale demonstrations.
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to use shop fabrication to reduce costs by exploiting the advantages of mass production.
This analysis included the use of a fluidized-bed combustor to burn residual char and
wood fines to augment energy production. Overall energy efficiency (HHV basis) was
estimated to be approximately 58%, and it was concluded that the methanol would only

be profitable by taking full advantage of a federal tax credit of $10.50/GJ ($0.19/liter).1?

Larson and Kertamus (1988) also considered the use of the SERI downdraft
gasifier as well as the high temperature Winkler (HTW) gasifier, a pressurized, oxygen
blown fluidized-bed unit developed for coal. The former was deemed better suited to the
scale considered in the study (450 wet tonnes per day @50% moisture). The small size
was selected for similar reasons to those mentioned above. They estimated a levelized
production cost of $23/GJ, which included the federal tax credit of $10.50/GJ. For
comparison, the estimated retail cost of gasoline today (without taxes) from crude oil that
costs $20-25/barrel is $8.50-9.50/GJ ($0.29-0.33/liter)."* Larson and Kertamus also
considered the use of an experimental once-through, low temperature methanol synthesis
process that could utilize the low Btu gas produced by air-blown gasification, which

would reduce capital costs. No quantitative estimate of cost savings was reported.

Another evaluation of methanol from biomass was conducted by CREUSOT-
LOIRE, a French company that developed a pressurized, fluidized-bed oxygen-blown
gasifier (Lemasle, 1988). The cost of producing methanol from this gasifier at a feed rate

of approximately 1000 dry tonnes per day was estimated to be 60-120% higher than the

12 Al costs in this thesis have been converted to 1991 US dollars, using the GDP
deflator (Council of Economic Advisors, 1992}

13 The price of gasoline is calculated using the following formula from Johansson,
et al. (1992a): Pyygoline = 0.00699 %P4, + 0.156, where P4 is in $/barrel an.d P asoline
is in $/liter. Gasoline is assumed to have a higher heating value of 34.8 M/iter.

28



Chapter 2: Literature Review
cost of methanol produced from natural gas in France at the time of the study. It was
also noted that for the same gasifier throughput, if oxygen were produced by an
electrolyzer instead of by cryogenic separation, methanol output would increase from 500
tonnes per day to 800 tonnes per day, due to the addition of hydrogen (also produced by
the electrolyzer) to the hydrogen deficient synthesis gas. However, no cost estimates for
this second configuration was given. The CREUSOT-LOIRE gasifier was actually built,

but was tested only briefly, and is no longer in operation.

More recent conceptual studies have attempted to estimate the production costs for‘
methano! from biomass at larger scales and using a wider variety of gasification
technologies, including several advanced gasification technologies. The results of these
studies, which are more encouraging than earlier assessments, are partly what have

motivated the present investigation.

In a scoping study of alternative fuel use in the US transportation sector, the uUs
Department of Energy considered the use of biomass to produce methanol (OPPA, 1990).
The study evaluated several gasifiers including some of those included in this thesis. Two
cases were studied in detail. The present technology case made use of the Koppers-
Totzec (K-T) atmospheric pressure, oxygen-blown entrained-bed gasifier.  This
commercially available gasifier was designed for coal but was also considered to be
adaptable to biomass. The Institute of Gas Technology (IGT) pressurized, oxygen-blown
fluidized-bed gasifier was selected for the near future case.}* A plant size with a feed

rate of 1800 dry tonnes per day was selected, which is comparable to the size of &

14 The IGT gasifier was designed specifically for biomass and has been extensively
tested at the pilot scale. A larger demonstration plant is in the planning stages (see

Chapter 3).
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modern biomass processing facility such as a pulp mill. A much larger plant size of
10000 tonnes per day was also considered to evaluate the effect of scale on production
costs.’> Biomass for this facility would come from a dedicated plantation growing short
rotation crops. At the smaller scale, levelized production costs were estimated to be
$22/GJ and $16/GJ for the present and near future technology cases respectively.
Methanol produced from the large near future technology facility was estimated to cost
$10/GJ, which is close to the estimated retail cost of gasoline today. If we assume that
neat-methanol ICEVs are 20% more efficient than gasoline ICEVs (Wyman, et al., 1992),
and that transportation and refueling adds $2.80/GJ to the retail price of methanol (Ogden
and Nitsch, 1992), then according to this study, even a very large biomass facility could

not produce methanol that was less expensive than gasoline.

More recently, Wyman, et al. (1992) evaluated several biomass gasifiers for the
production of methanol. Perhaps the most important conclusibn of tl'njs"smdy was that
using an advanced indirectly heated gasifier that has good prospects for commercialization
(that of the Battelle Columbus Laboratory, or BCL) is the least expensive method of
producing methanol from biomass.'® Furthermore, methanol produced using indirect
gasification was found to cost less than methanol from coal, even though it was assumed
‘that the price of biomass was 65% higher than the price of coal and the coal facility was

nearly five times the size of the biomass facility. At a 6% (12%) discount rate and a

15 There may not be many places where such a large facility could be sited. The only
way to supply the biomass for such a large facility would be using a very large dedicated
energy plantation. If we assume a biomass yield of 15 dry tonnes per hectare per year,
that 75% of the plantation area is devoted to energy crops, and that the conversion facility
has a 90% capacity factor, then this plantation would cover about 3000 km?.

16 The BCL gasifier has extensive pilot scale operating experience (500 kg/hour).
Unlike most gasifier designs, indirectly heated gasifiers can produce a gas suitable for
methanol production without the use of costly oxygen which reduces overall production
costs (see Chapter 3 for more details on indirect gasification).
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methanol output of 1110 tonnes/day using the BCL gasifier, the cost of production was
estimated to be $9.60/GJ ($11.60/GJ), which would not be competitive with gasoline. For
a plant five times larger (5550 tonnes per day), which would require a plantation similar
in size to the large facility described above, the calculated cost was $6.80/GJ ($7.90/GJ),
which was comparable to the cost estimate of methanol from a natural gas-based facility
producing 2500 tonnes/day of methanol. Therefore, if it were feasible to produce
methanol from such a large biomass facility, methanol from biomass might be cost
competitive with gasoline if crude oil cost roughly $25/barrel. However, it should be
noted that the large biomass facility included the use of an advanced hot gas conditioning

process that is not yet commercially available.

2.3.2 Hydrogen Production

Because PEM fuel cells consume hydrogen, and because PEM fuel cells have only
recently begun attracting substantial attention for automotive applications, there have been
no comprehensive studies of hydrogen production from biomass. Nevertheless, Takahashi
(1989) recently concluded that biomass gasification was the least expensive method of

producing hydrogen from renewable resources.

In a novel approach to the gasification of extremely moist biomass (e.g. marine
biomass), Manarungson (1991), at the University if Hawaii, was able to produce a
hydrogen rich gas via gasification in supercritical water. Work there continues on the

gasification of biomass in supercritical water.

In the only demonstration plant of its kind, VEBA OEL, a German company, is
in the process of developing a 1 tonne per hour pilot plant to produce hydrogen from

Miscanthus (elephant grass), starting with fluidized-bed gasification (Rupp, 1992).
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2.4 Conclusions

This chapter has illustrated several important points regarding biofuels. First, although
biomass could probably not be used to meet all future energy requirements, the worldwide
potential for sustainable bioenergy production is substantial. Applied specifically to
producing transportation fuels, biofuels could probably replace all gasoline use. Two
crucial elements to realizing this technical potential are the ability to efficiently convert
biomass into modern energy carriers and then use to these fuels in high efficiency fuel
cell vehicles. To accomplish this will also require a change in the prevailing view that
biomass is a low technology resource. Actual experience with commercial biomass
derived fuels (i.e. ethanol) has shown that gasoline is still less expensive at prices
prevailing today, although ethanol may become cost competitive in the future.
Conceptual studies of methanol production from biomass have shown that it too would
be more expensive than gasoline, except perhaps if biomass were converted in very large

facilities using advanced technology that is not yet commercially available.

Because of the shortcomings of using biofuels in internal combustion engine
vehicles (only marginal reductions in air pollution and unfavorable economics), it will be
necessary to use fuel cell vehicles to extract the maximum benefit from biofuels, and at
the same time meet the environmental challenges facing the US transportation sector at
costs that are competitive with gasoline ICEVs. Since methanol and hydrogen are the
fuels that are best suited for fuel cell vehicles using PEM fuel cells, this thesis focusses
on evaluating the efficiency and cost of producing methanol and hydrogen from biomass,
for use in fuel cell vehicles. In this respect, this thesis differs from previous assessments
of biomass derived fuels, which emphasized using methanol or ethanol in internal
combustion engine vehicles. In order to evaluate the true potential of biofuels, this work
maintains a systems perspective, evaluating the entire fuel cycle, from raw biomass to the

use of the fuels in FCEVs, This thesis also assesses a wider variety of gasification
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hnologies than previous works, including three indirectly heated gasifiers, one of which

tec
has not been the subject of earlier independent analyses.
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Chapter 3: Biomass Gasification

3.1 Introduction

The first step in producing fluid fuels from biomass is gasification, the conversion of solid
biomass into a gaseous mixture that can then be upgraded to liquid methanol or gaseous
hydrogen. Apart from gasification, the technologies used to produce methanol and
hydrogen are similar for biomass, coal, and natural gas. Therefore, the specific
technologies used to gasify biomass are what will distinguish biomass systems from coal
and natural gas systems. As a result, a key requirement to achieving the full potential of
biomass energy is efficient biomass gasification. The main goal of this chapter is to show
that biomass gasification technology has indeed advanced to a level of maturity where this
is now possible. In order to understand the key elements of biomass gasification
technology, this chapter first reviews the physical and chemical properties of biomass and
the fundamentals of biomass gasification chemistry. The different types of biomass
gasifiers are also described here, with an emphasis on those evaluated in the subsequent
analysis. For more detailed treatments of biomass gasification chemistry and technology,
the reader is referred elsewhere (Antal, 1980; Antal, 1981; Reed, 1981; Sofer and
Zaborsky, 1981; Antal, 1982; Antal 1983: Probstein and Hicks, 1982; QOverend, et al.,
1985; Hall and Overend, 1987). This chapter includes a detailed comparison of biomass

and coal gasification to illustrate the issues that are unique to biomass-based systems.

3.2 Physical and Chemical Properties of Biomass

Biomass is composed primarily of three compounds: cellulose, hemicellulose, and lignin
(Figure 3-1 and Figure 3-2). Cellulose has the same chemical structure in all types of
biomass: a linear carbohydrate polymer with a high degree of polymerization (the average
molecular weight is 100,000). Cellulose chains aggregate into a crystalline structure that

gives wood its mechanical strength. Hemicelluloses are mixtures of polysaccharides
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comprised mainly of glucose, mannose, galactose, xylose, arabinose, methylglucuronic
acid and galacturonic acid, and have a lower degree of polymerization than cellulose (the
molecular weight is <30,000). Unlike cellulose, hemicellulose does not form a crystalline
structure, but is amorphous (Deglise and Magne, 1987). Lignin is a complex, amorphous,
randomly linked, high molecular weight, ringed structure that helps bind the cellulosic
fibers together. Dry wood is typically 45-50% cellulose by weight, 15-25%
hemicellulose, and 20-30% lignin (Sudo, et al., 1989). In addition, biomass contains 0.1-
2% ash, and even smaller quantities of elements such as chlorine and sulphur (<0.01-

0.1%) and alkali metals (mainly potassium and sodium).

Since biomass is a solid feedstock, a logical comparison to make is to coal
(Table 3-1). On adry, ash free basis, biomass has a heating value that is roughly 60-70%
that of coal. As well, biomass has a lower mass density, higher initial moisture content
(40-60% for fresh woody biomass, compared to 2-12% for most bituminous coals),' and
is dispersed over a wide area. Because of this high initial moisture content, the as
received heating value of biomass is only about 30-40% the heating value of coal. Even
so, the chemical properties of biomass make it superior to coal in many ways (Hall, et
al., 1992). As seen in Table 3-1, compared to coal, biomass contains far less inert
-material (ash) and significantly less sulfur. Biomass ash is usually free of toxic metals
(such as arsenic) and other potentially hazardous materials that can make the disposal of
coal ash difficult and complicate syngas processing. Biomass ash can actually be used

as fertilizer, to restore nutrients to the land where it was grown (Hall, et al., 1992).

! Moisture content is measured on a "wet" basis. Therefore, 1 kg of wood that is
15% moisture is 0.15 kg H,O and 0.85 kg dry wood. Most other properties (such as
heating value) are typically measured on a dry basis (i.e. per kg of dry wood).
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The low sulfur content of biomass alleviates a major environmental concern
associated with the use of coal. While coal is typically 0.5-5% sulfur, biomass is only
0.01-0.1% sulfur.® Since some of the catalysts used to produce hydrogen and methanol
are sensitive to deactivation by sulfur, the low sulfur content of biomass reduces the costs

associated with the cleanup of the product gas produced via gasification.

Table 3-1: Compositional data and heating values for selected types of biomass, coal and
natural gas.?

Proximate Analysis Ultimate Elemental Analysis
(weight %) (weight %)
Feedstock Type® HHV Fixed
(Ml/kg) VM® Carbon Ash C H 0] N S CI  Ash

Douglas fir 2037 8730 12.60 0.10 50.64 6.18 43.00 006 002 000 010
Maple 18.86 87.90 11.50 0.60 4989 609 4327 0.14 0.03 000 058
Ponderosa pine 2002 8254 1717 029 4925 599 4436 006 003 001 030
White oak 1942 8128 17.20 1.52 4948 538 43.13 035 001 004 1.6l
Poplar 19.38 8232 1635 133 4845 585 43.69 047 001 010 143

Eucalyptus grandis 19.35 82.55 16.93 0.52 4833 589 4513 0.15 0.01 003 04l
Sugarcane bagasse 17.33 73.78 149511.27 4480 535 39.55 038 0.01 012 9.79

Wyoming sub- 267% 4468 46.12 9.20 6875 4.89 1555 0.89 069 000 924
bituminous coal

Itiinois no.6 2667 37.50 43.4018.18 6534 420 659 1.02 455 000 18.30
bituminous coal
Natural gasd 52.94 n/a nfa nfa 7199 2378 038 3.84 000 000 n/a

(a) All values are given on a dry basis, which excludes all moisture but includes ash. n/a = not applicable.

(b) Biomass data is from Jenkins (1989), coal data is from Williams and Larson (1992), and natural gas data
is from Probstein and Hicks (1982).

(c) VM = Volatile matter.

(d) This is high quality Louisiana natural gas having the following composition: 94.7% CH,, 2.8% C,H,,
0.2% CO,, 2.3% Ny+Ar (Probstein and Hicks, 1982).

2 Since biomass and coal have no distinct molecular structures, compositional data
is measured on a weight basis (i.e. percent sulfur, carbon, moisture, etc). Conversely, the
composition of gaseous mixtures is reported on a molar (volume) basis.
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Table 3-1 also shows that natural gas has a significantly higher heating value than
either biomass or coal, on both a mass basis and per unit of carbon. Since there is no
need for an energy intensive gasification step when using natural gas, the overall energy
conversion efficiency of producing methanol and hydrogen from natural gas is higher than

for either coal or biomass (as discussed in detail in Chapter 6).

Perhaps the most important difference between biomass and coal is the much
higher volatile fraction of biomass. For this reason, biomass is considerably meore
reactive than coal. Figure 3-3 shows that cellulose, the main component of wood,
pyrolyses (decomposes) more completely and at lower temperatures than coal.
Furthermore, biomass char (the carbon that remains after pyrolysis) is 10-30 times.more
reactive than coal char (Graboski, 1982). The effect of temperature on the char
gasification rate is shown in Figure 3-4, which shows that biomass chars gasify more
rapidly and at lower temperatures than coal chars. This fundamental difference between
coal and biomass has important implications for the design of biomass gasifiers: biomass
is easier to gasify than coal in the sense that lower operating temperatures are required
to achieve the same gasification rates and degree of conversion from solid to gas. This
is seen in practice. Commercial oxygen-blown coal gasifiers (the type that would be used
to produce hydrogen or methanol from coal) operate at temperatures of 1300-1800°C
whereas the biomass gasification technologies included in this study operate between 600-
1100°C. The main advantages to lower operating temperatures are economic: less
stringent materials requirements, the lack of expensive high temperature gas cooling
equipment, and lower oxygen consumption in the case of oxygen-blown gasification.
Furthermiore, at lower gasification temperatures a smaller fraction of the feedstock energy
is converted to heat, meaning that more is converted to chemical energy in the product
gas. Biomass gasifiers also operate well below biomass ash fusion temperatures

(typically >1300°C), avoiding the need for slag removal. By comparison, most modern
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oxygen-blown coal gasifiers are slagging systems. The fact that biomass can be
effectively gasified at relatively low temperatures also opens up the possibility for
innovative gasification technologies that do not require an expensive oxygen plant but at
the same time produce a gas that is undiluted by nitrogen (N,), an important requirement

for hydrogen and methano] production. These technologies are described in detail below.

There are drawbacks to lower operating temperatures, such as the presence of
condensable hydrocarbons (tars and oils) in the synthesis gas, which can foul heat
exchangers and clog reactors. This and other consequences of lower temperature

gasification will also be discussed in more detail later in this chapter.

3.3 Fundamentals of Biomass Conversion

Thermochemical conversion of biomass can be divided into three basic steps: feedstock
preparation, pyrolysis, and char gasification and combustion (see Figure 3-5). Feedstock
preparation (also known as beneficiation) entails drying and sizing the biomass to suit the
particular gasifier. Pyrolysis (also known as devolatilization or thermal decomposition)
takes place at temperatures above about 200°C, and produces a mixture of non-
condensable gases, condensable hydrocarbons (tars and oils) and char (solid carbon). At
temperatures in excess of 600°C, the volatile pyrolysis products undergo secondary gas-
phase reactions that most closely resemble the hydrocarbon cracking reactions used in the
petrochemical industry for manufacturing ethylene and propylene (Antal, 1981). In the
final step, the char reacts endothermically with steam (and to a lesser extent CO,) to
produce mainly CO and H,. Char reactions require higher temperatures than pyrolysis,
and for Biomass only proceed rapidly above approximately 700°C (Antal, 1981). In most
gasifiers developed to date, some of the char and/or biomass is burned by adding air or

oxygen, which generates the heat needed for the endothermic pyrolysis and char

gasification reactions.
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Other than feedstock preparation, which precedes gasification, the thermochemical
steps described above may take place sequentially or simultaneously, depending on the
design of the gasifier. However, on a microscopic scale, an individual biomass particle
will sequentially undergo drying (of the remaining moisture in the biomass), pyrolysis,

char gasification, and in some cases char combustion.

The kinetics of biomass gasification are complex, and there are several competing
reaction pathways in the thermochemical conversion of biomass. The extent to which one
pathway is favored over another depends strongly on several parameters, including the
heating rate, final temperature, pressure, composition of the ambient atmosphere, the
presence of ash or additives (catalysts), and the chemical structure of the feedstock itself
(Antal, 1983). The design of a particular gasifier and the choice of operating conditions
can be tailored to favor one type of product over another (i.e. gases, liquids, or solids, and

the composition of these phases).

3.3.1 Feedstock Preparation

Chipping is generally the first step in biomass preparation, for which the total primary
energy requirements for woody biomass are approximately 100 kl/kg of wet biomass, or
0.5% of the higher heating value (Jenkins, 1989). Biomass is then usually dried to 10-
15% moisture in order to reduce the heat required for gasification and to reduce the
moisture content of the product gas. Drying is an energy intensive step that consumes
roughly 10% of the energy content of the feedstock. Nevertheless, there is usually low
grade waste heat available from elsewhere in the process that is suitable for drying.3
Although the heat of vaporization of water is 2250 kJ/kg, in practice approximately 3500

KJ is required to evaporate one kg of water, reflecting both the dryer efficiency and the

3 This is indeed the case with both hydrogen and methanol production.
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heat capacity of the solid biomass (roughly 1.4 k¥kg-K for wood) (Bain, 1981). Drying
is usually performed using direct contact with hot air or flue gases. Efforts are made to
avoid high temperatures in the drying step so that pyrolysis does not occur. Otherwise,
pyrolysis products may be carried away with the gases leaving the dryer. Another
possibility that is under development is to dry biomass in superheated steam, and then use
this dirty steam for gasification or power production. This would return much of the
energy used for drying to the system, but would require higher quality waste heat. This
concept is being developed for power generation, where the high grade waste heat of a

gas turbine would be used to dry moist fuels such as biomass and peat (Hulkkonen, et al.,

1991).

Following chipping and drying, the feedstock may undergo further mechanical
processing in order to meet the feed size and density requirements of a particular gasifier.
For example, some gasifiers require a feed with a relatively high bulk density, whereas
others require a feed with a very fine particle size. Densification into pellets, cubes or
briquettes involves mechanically compressing the biomass at temperatures between 50-
100°C. At these temperatures the lignin fraction softens but the cellulose remains stable.
The lignin acts to bind the densified biomass and gives the final form its mechanical
strength. Pellets are approximately 10 mm in diameter whereas cubes are typically 25-50
mm across (Bain, 1981). Pelletizing requires only 1-3% of the energy of the feedstock

(Bain, 1981) but can be relatively capital intensive (Probstein and Hicks, 1982).

For some gasifiers grinding would be required. This would be the case if
entrained-bed coal gasification were to be adapted to biomass. Entrained-bed gasification
requires a very fine particle size (-30 to -100 mesh -- 125-600 ym). While it is relatively
easy to crush coal to this specification, grinding biomass would be both energy and

capital intensive. In previous studies, it was estimated that grinding would more than
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double the cost of feed preparation over that required for gasifiers that can accept a
feedstock with a wider range of characteristics, increasing total capital costs by more than
10% (OPPA, 1990; Wyman, et al., 1992). Thus, entrained-flow gasifiers are probably not

good candidates for biomass-based systems.

3.3.2 Pyrolysis and Secondary Gas-phase Reactions

Pyrolysis is broadly defined as the incomplete thermal degradation of carbonaceous
materials into char, condensable liquids (tars and oils) and non-condensable gases (CO,
CO,, H,, H,0, CH,, and other light hydrocarbons} (Milne, 1981). Since biomass is
typically 75-85% volatile matter, pyrolysis is the dominant step in biomass gasification.
It is a good example of a chemical process that depends strongly on the operating
conditions of the gasifier. For example, the heating rate strongly affects the composition
of the pyrolysis products. Slow pyrolysis maximizes the production of char (as in
charcoal manufacture), whereas fast pyrolysis is used to produce either liquids or gases.t
Tn fact, cellulosic biomass can be completely volatilized (i.e. no char is produced) if
heating rates are sufficiently high (>10,000°C/sec) (Antal, 1981). Flash pyrolysis (very
rapid heating) combined with rapid quenching (cooling) would produce high levels of
liquid products, called pyrolysis oils, which can be valuable chemicals.” Longer reaction

‘times permit these primary pyrolysis products to further decompose into non-condensable

gases and secondary char. The key secondary gas-phase reactions of interest are:

Water-gas shift: H,0 + CO & H, + CO, Ah°® = -41 MJ/kmol (3-1)

4 Slow pyrolysis is characterized by heating rates of a few degrees per second or less,
whereas fast pyrolysis (including flash pyrolysis) describes heating rates of several
hundred to a thousand or more degrees per second.

5 The destructive distillation of wood was once the primary method used to produce
methanol. Methanol accounted for approximately 5% of the liquids produced in this
manner (Probstein and Hicks, 1982).
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Methanation: 3H, + CO & CHy + H,0 AR® = -206 MJ/kmol  (3-2)

Methanation: 4H, + CO, & CH, + 2H,0 Ah® = -165 MJ/kmol  (3-3)

Similar cracking (thermal decomposition) and reforming reactions (the opposite of
methanation) involving higher hydrocarbons also occur. As with the primary pyrolysis
reactions, the rates at which these reactions take place depend on the operating
characteristics of the gasifier, which in turn determine to what extent these chemical
species approach their equilibrium concentrations. For example, in most biomass gasifiers
developed to date, the fractions of methane and other light hydrocarbons (e.g. C;H, and

C,Hg) in the product gas vary widely, from less than 10% to nearly 35% (dry gas basis).

The endothermic pyrolysis step is usually carried out under reducing conditions
at temperatures above 200°C. Gas residence times in most gasifiers are too short for
chemical equilibrium to be reached at gasifier operating temperatures. The relatively
large amount of methane and other light hydrocarbons produced by most biomass
gasifiers is evidence of the non-equilibrium nature of pyrolysis. At the operating
temperatures and pressures of these gasifiers, chemical equilibrium calculations predict
that hydrocarbons should be present in much smaller quantities; typically 2% or less.
Also, approximately 1-4% of the feed is converted to tars and oils in most biomass

gasifiers, and these compounds are also not expected at chemical equilibrium.

Experimental studies aimed at identifying the various reaction pathways of
biomass pyrolysis often focus one of the two main chemical components (i.e. cellulose
or lignin.). Of the two, cellulose pyrolysis is better understood, not because it has
received more attention, but because its solid-phase chemical structure is much simpler
than that of lignin (Antal, 1983). Nevertheless, the reaction mechanisms are similar (see

Figure 3-6). The first step is the depolymerization of the biomass, producing compounds
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such as levoglucosan (in the case of cellulose pyrolysis) and other reactive intermediates,
which quickly decompose further into tars and oils, non-condensable gases, and char. The
extent to which condensable pyrolysis products decompose further (crack) into non-
condensable gases, secondary char and residual tars and oils, is again determined by the
specific gasifier design and operating conditions. It is primarily the lignin portion of the
biomass, which decomposes more slowly than the cellulosic fraction, that is responsible
for the production of most of the char and residual tars and oils. Cellulose decomposes
more rapidly and is converted mostly to non-condensable gases. As seen in Table 3-2,
condensable gases that exit a gasifier are mostly in thé form of polyaromatic

hydrocarbons including small amounts of oxygen and nitrogen containing compounds.

The presence of tars and oils ‘has important implications for biomass based
systems. First of all, they have a much higher energy content (per kg) than the rest of
the product gas and the feedstock, so that if tar production is 1 wt% of the feed, this is
equivalent to approximately 239 of the energy content of the total product gas..6 If the
product gas is cooled below the dew point of these compounds, they can foul heat
exchangers and clog chemical reactors. Therefore, tars and oils must be converted to.
permanent gases or removed from the product gas prior to other synthesis gas processing
steps (see Chapter 4). Consequently, the energy content of tars and oils may be lost,
unless it is possible to recycle them to the gasifier, burn them to produce energy, or crack
them outside the gasifier. Ideally, if hydrogen or methanol is the desired end-product, the
gasifier would produce no tars or oils, which would simplify downstream processing and

make better use of the energy content of the original feedstock.

6 Tars and oils have higher heating values of approximately 40 MJ/kg, synthesis gas
that contains no N, averages approximately 10-15 MJ/kg (wet basis), and dry biomass has
a HHV of 19-20 MJ/kg.
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Table 3-2: Sample composition of liquids produced by the IGT RENUGAS gasifier (an
oxygen-blown fluidized bed) during pilot scale testing with biomass (Evans et al, 1988).%

Compound

Weight Percent
of Condensate

l

One-ring Hydrocarbons
Benzene
Toluene and Xylene
Others
Two-ring Hydrocarbons
Naphthalene
Methylnaphthalene
Others
Three-ring Hydrocarbons
Fluorene
Phenanthrene and Anthracene
Others
Four-ring Hydrocarbons
Five-ring Hydrocarbons
Higher Aromatic Hydrocarbons
Total Hydrocarbons
Q-containing Compounds

Phenol and Cresols

Benzofurans and Dibenzofurans

Others
N-containing Compounds
S-containing Compounds
Total Heteracyclic Compounds
Unidentified Compounds

315
26.1
20
34
338
28.5
0.6
47
9.2
23
58
1.1
82
3.4
2.0
84.0
0.6
0.04
0.5
0.01
1.3
0.02
19
10.1

(a) The total amount of liquids produced during this test run was 1.96 kg/100 kg dry wood. This test was

conducted at a temperature of 790°C and a pressure of 2.17 MPa.

3.3.3 Char Gasification and Combustion

Once the volatile components of the biomass have been driven off by the pyrolysis step,

the remaining char can react further. In most gasification systems (coal and biomass), the

source of heat is the combustion of char:

Cy + 120, = CO
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Cy + 0, 2 CO, Ah® = -394 MJ/kmol  (3-3)
The main char reaction is with steam, the so-called gasification reaction:
C + H0 ¢» CO+ H, AR® = +131 MJ/kmol  (3-6)

Steam can be added to biomass gasifiers to promote this reaction as well as the secondary
gas-phase reactions described above (Reactions 3-1, 3-2, 3-3). A second endothermic

reaction involving char is the Boudouard reaction:
Cg +CO, © 2C0 Ah® = 4172 Mi/kmol  (3-7)

The CO, is produced from the combustion of char (Reaction 3-5) and during pyrolysis.

A third char reaction is the hydrogasification reaction:
Cyt+2H; & CH, AR® = -75 MJ/kmol (3-8)

Since it is exothermic, this reaction will tend to favor char production under most gasifier
operating conditions, and is therefore not a major mechanism of char conversion. Kinetic
considerations indicate that reactions (3-6), (3-7) and (3-8) do not occur to any significant
extent at temperatures below 500°C, and that temperatures in excess of 800°C are

preferable for rapid char conversion (Graboski, 1981).

3.3.4 The Overall Effects of Key Operating Parameters

The preceding discussion has illustrated that a variety of parameters influence the
gasification process. In order to provide a general idea of the range of operating

parameters for actual biomass gasifiers, Table 3-3 summarizes the basic operating
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characteristics for the three main types: fixed-bed, fluidized-bed, and entrained-bed
gasifiers. Simplified schematic representations of these three types of gasifiers are given’
in Figure 3-7. The specific operating principles of these and other gasifiers are given in

subsequent sections.

Due to the complexity of biomass gasification chemistry, it is difficult if not
impossible to predict the precise composition of the product gas given a set of input
specifications (Probstein and Hicks, 1982). This is in contrast to the use of chemical
equilibrium computations, for which only one composition is possible given the input and
operating conditions.” This is the case since chemical equilibrium is not concerned with
reaction mechanisms, but only with the final composition after a sufficiently long time
has elapsed. Nevertheless, the qualitative effects of different operating conditions are well
understood, and chemical equilibrium calculations can actually be used to illustrate most
of them, even if chemical equilibrium is not achieved in practice (Desrosiers, 1981).
Therefore, a chemical equilibrium model has been developed to complement this
discussion with quantitative examples. The general principles extracted from this model
will be used to explain the operating characteristics of actual gasifiers in Section 3.4.
This model is also used later to simulate the realistic entrained-bed gasification of

biomass, which can be approximated using chemical equilibrium computations.

The model will show that within the range of operating parameters given in
Table 3-3, the product gas composition varies considerably. The main variables to
consider are: temperature, pressure, feed moisture content, the amount of steam and/or
oxygen éidded, and the residence time. The key assumptions of the model are: 100%

carbon conversion to gas, adiabatic operation and the presence of the following chemical

7 Of course, it is also necessary to assume which chemical compounds will be present
at equilibrium.
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Table 3-3- Basic characteristics of the different types of biomass gasifiers evaluated in
this thesis.

Fixed Bed® Fluidized Bed® Entrained Bed®

Development status with  limited pilot scale atmospheric - commercial conceptual studies

biomass feedstocks testing pressurized - pilot/demo

Commercial Mfgrs. Lurgi Dry Ash (coal) Lurgi, Studsvik, Ahlstrom Texaco, Koppers-

{coal and biomass) Bioneer (biomass) Totzek (coal)

0, (kg/kg dry feed)” 0.30-0.36 0.20-0.45 0.45-0.56

Indirectly heated® no yes no

Feed characteristics high bulk density; large wide range of sizes, bulk very fine particles
particles (e.g. wood densities and moisture {<1 mm) with low
chips or densified content. Low moisture is moisture content
biomass: 2-5 cm). better. (~10% or less).
Low moisture is better.

Exit gas Temperature (°C) 500-600 750-1000 >1000f

Operating Pressure 2.1 0.10-3.45 0.10-2.43

(MPa)®

Steam requirement 0.40-0.47 0.3-1.4 0.03

(kg/kg dry fecd)

Solids residence time minutes minutes seconds

Tar production 0.04 0.01-0.02 Zero

(kg/kg dry feed)

(a) Based on limited pilot scale tests (approximately 1 tonne/hour) with air as the oxidant (General Electric,
1992). The value for oxygen consumption is based on the O, fraction of the air.

(b) Based on several gasifiers at various stages of development (OPPA, 1990; Evans, et al., 1988; Black,
1991; and Waldheim and Rensfelt, 1982).

{c) Based on OPPA (1990) and the entrained bed model developed in this thesis.
.(d) For directly heated gasifiers only, assuming pure oxXygen as the oxidant.

{e) All three of these gasifier designs were originally developed as directly heated units, Fluidized-bed
gasifiers are also being developed as indirectly heated gasifiers.

(f) Actual exit temperatures may be lower due to external cooling of the reactor, but operating temperatures
are well in excess of 1000°C.

(g) The pressures shown here are for actual gasifiers, and are not indicative of limitations inherent with any
particular design. Any of these gasifier types could be designed to operate over a range of pressures.

species at equilibrium: H,, CO, CO,, CH,, and H,0. Complete details of this model are

available in Appendix 3A at the end of this chapter.
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(i) Oxygen Consumption
Figure 3-8 shows the effect of O, consumption on temperature and gas composition,
keeping all other input parameters constant. Not surprisingly, temperature increases quite
rapidly with O, addition as more of the feedstock is oxidized. Initially, CO+H,
production also increases since CO, and CH, are thermodynamically less favored at
higher temperatures. CO and H, are grouped together since they are the compounds that
are ultimately converted into pure hydrogen or methanol. However, as O, consumption
continues to rise and more of the feed is burned rather than gasified, CO+H, production
starts to fall, the extreme case being biomass combustion (not shown in Figure 3-8) rather
than gasification. Even though CO, is less favored at higher temperatures, CO,
production eventually begins to rise as more of the feed is oxidized. Generally, the
production of fully oxidized compounds such as CO, and H,O increases as more and
more O, is consumed. Fewer hydrocarbons are produced with increased O, addition,
since they are less thermodynamically favored at higher temperatures. In the equilibrium
model used here, when oxygen consumption is 0.45 kg/kg dry wood, CO+H, production

is near its maximum value, and essentially no hydrocarbons are produced.

(ii) Steam Rate

Figure 3-9 shows the effect of steam addition on temperature and syngas production when
all other variables are held constant. H, production increases with steam addition due to
the equilibration of the water-gas shift reaction and other gas-phase reactions that involve
H,O (e.g. Reactions 3-2 and 3-3). The effect of steam on the shift reaction also means
that less CO and more CO, is produced. In the model, CH, levels actually rise slightly
with inc-reased steam addition, due to the lower temperatures that accompany high
steam-biomass ratios. If temperature were held constant (e.g. by adding more oxygen),
CH, production would actually fall with increasing steam use due the effect of the

methanation reactions. This illustrates an important point, namely that temperature

49



Ryan E. Kaiofsky

generally has a much stronger effect than other variables such as reactant concentrations

and pressure.

In practice, kinetic factors will limit the effect steam has on gasification; the level
of steam will reach a point, beyond which, additional steam passes unreacted through the
gasifier, and only serves to add to the heat load of the gasifier. For the actual gasifiers
evaluated in the thesis, the amount of steam used varies over a wide range, from zero to

nearly 1.4 kg/kg dry wood. For most biomass gasifiers developed to date, values of 0.3-

0.5 kg/kg dry wood are typical.

(iii) Temperature
As mentioned above, this is perhaps the most important variable of all. In general, if
hydrogen or methanol is the desired end-product, higher temperatures produce a better .
quality synthesis gas since it will contain fewer hydrocarbons and condensable
mpounds. CO+H, production also increases with temperature whereas the CO,
concentration falls, all else being equal. Figure 3-10 shows these effects for a fixed
overall C:H:O ratio of 1:2:1.6, which is fairly typical of biomass gasification. In this
simple model, Figure 3-10 shows that virtually no methane is present above 1400 K, so
that at higher temperatures, H, production falls and CO production increases due to the
equilibration of the water-gas shift reaction, which favors CO at higher temperatures.
This is the same reason why H,O production continues to rise at higher temperatures.
Because virtually no methane is present at high temperatures, CO+H, production is

essentially constant above 1400 K (the only reaction taking place at these temperatures

is the shift reaction, Reaction 3-1).

Because reaction rates increase exponentially with temperature, a biomass gasifter

will produce a gas that is close to chemical equilibrium when temperatures are sufficiently
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high. The motivation for such a design would be to generate a gas that is basically
hydrocarbon free (including tars and oils). It is therefore desirable to determine the
minimum temperature required to create these conditions, since in practice, higher
temperatures are achieved by expending more energy, usually in the form of more direct
combustion of the feed, which eventually reduces the overall efficiency of gasification.
Furthermore, if the gasifier is oxygen-blown, minimizing the amount of O, required
reduces both capital and operating costs. The model used here suggests that there is little
reason to gasify biomass at temperatures above approximately 1400 K, provided that
chemical equilibrium is actually reached. As will be seen in the subsequent analysis, in
actual systems, the benefits of gasifying biomass at lower temperatures outweigh the

advantages of generating a hydrocarbon and tar free gas.

(iv) Pressure
LeChatelier’s principle can be used to explain the effects of pressure on gasification

As pressure is increased, the system responds by favoring chemical species

chemistry.
that reduce the total volume of gas produced - a direct response to the stress placed on
the system by increasing the pressure. Therefore, higher pressures favor the production
of hydrocarbons and CO,. For the same reason, CO+H, production decreases with
pressure. The Boudouard reaction (3-7) is a good example. As pressure increases, the
equilibrium shifts towards the formation of one mole of CO, rather than two moles of CO
(solid carbon has no effect on pressure). Similarly, methanation (Reaction 3-2) converts
3 moles of H, and one mole of CO into just one mole of CH, and one mole of H,0.
Some of these effects are seen in Figure 3-11. CO+H, production does indeed decrease
with prcésure, while methane and H,O production increase. CO, production actually
decreases slightly since higher pressures result in slightly higher temperatures (all else
being equal), and the effect of temperature on CO, production dominates over the effect

of pressure in this equilibrium model. This last result is not necessarily indicative of
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actual biomass gasifiers. If temperature were held constant (e.g. by reducing the amount
of O, consumed at higher pressures), increasing the pressure would in fact increase CO,

formation.

The main motivation for gasifying at elevated pressures is economic. In particular,
methanol and hydrogen production processes both require a high pressure synthesis gas.
If a gasifier operates at elevated pressure, this reduces or eliminates the need for syngas
compression, which in turn reduces both capital and operating costs. For this reason,
pressurized gasification is generally considered advantageous for fluid fuels production,
even though atmospheric pressure gasifiers are simpler to build because there is no need
for a pressure vessel. As will be seen in subsequent chapters, pressurization has other
effects on syngas processing that are not necessarily advantageous for the production of

fluid fuels. Overall, this is an important design issue that needs more investigation.

(v) Residence Time

The effect of residence time cannot be illustrated with chemical equilibrium calculations,
which are independent of time. A longer residence time allows the product gas to more
closely approach its equilibrium composition, which generally means that fewer
hydrocarbons and tars are produced. Char conversion is also higher for a longer solids
residence time. The main drawback to a long residence time is that the specific
throughput (tonnesfhr/m? of reactor cross-section) decreases, s0 that a larger gasifier is
needed to process the same amount of feed, which increases its capital cost.
Nevertheless, good carbon conversion is important for the gasifier to have a high overall
thermal éfﬁciency. As will be seen later in this chapter, biomass gasifiers with lower
operating temperatures (and in particular, Jow peak temperatures) each employ different

strategies to achieve high carbon conversion.
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Residence time is a more important parameter for gasifiers with lower operating
temperatures since reaction rates are lower. Using coal gasification as an example, high
temperature gasifiers such as entrained beds are characterized by high throughput rates
and very short residence times for both gases and solids (of the order of a few seconds).
At the other extreme, lower temperature, dry-ash, fixed-bed coal gasifiers have solids
residence times on_the order of 1 hour (Synthetic Fuels Associates, 1983). In fact,
entrained-bed coal gasification was developed precisely for this reason: gasifiers with
short residence times are smaller, and therefore more economically attractive than
gasifiers with long residence times, even though they require more oxygen and high
temperature materials. The motivation for such a design is that it minimizes the
processing required downstream of the gasifier while exploiting the chemicat
characteristics of coal. Thus for coal, the tendency has been towards higher temperature
gasification, resulting in shorter residence times. For biomass gasifiers, reasonably short
residence times can be achieved at milder operating conditions because biomass is more
reactive than coal. Residence times for gases are typically on the order of a few seconds,
and on the order of a few seconds to a few minutes for solids. Of course, the actual
values are strongly dependent on the particular gasifier. Because of lower operating
temperatures, these residence times are generally too short for chemical equilibrium to be

achieved in biomass gasification, but sufficiently long to achieve high carbon conversion

rates.

(vi) Feed Moisture Content

A higher feed moisture content means that more energy must be used to achieve a given
reaction .temperature, which increases the amount of feed combustion and reduces overall
gasifier efficiency. The product gas will also contain more moisture, which lowers its
heating value. Therefore, most biomass gasifiers use biomass that has been dried to

approximately 10-15% moisture. Fortunately, drying can usually be accomplished using
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waste heat that would otherwise be rejected to the environment. The effect of moisture
content can be seen in Table 3-4, which shows two biomass gasification cases with
identical operating conditions, except that one is for biomass with a 5% moisture content
and the other is for a moisture content of 11% (using the same equilibrium meodel as
above). In the former, the exit temperature is higher, as is CO+H, production. Also,
CO,, H,0, and CH, production is lower when the moisture content is lower. Therefore,
with a lower moisture content, it is possible to achieve a given temperature with less
oxygen, which would increase the efficiency of the gasification process and reduce overall
costs. Notice that on a higher heating value basis, the cold gas eﬁ‘icienciesg are

approximately equal, but on a Jower heating value basis, the case with the lower moisture

content is more efficient, because less energy is expended vaporizing H,0.

3.3.5 A Comparison to Coal Gasification

Since biomass is typically 75-85% volatile material by weight, pyrolysis is the dominant
step in gasification. By comparison, coal is only 20-50% volatile matter, so that most of
the energy in coal is contained in the char. This is the main reason why higher
temperatures (and hence larger amounts of oxygen) are needed to achieve high reaction
rates with coal, and why coal gasification takes place at much higher temperatures than
‘biomass gasification: biomass pyrolysis is a low temperature process whereas coal char
gasification requires temperatures in excess of 1000°C to proceed rapidly (see Figure 3-3
and Figure 3-4). In fact, modern coal gasifiers produce such high peak temperatures (up

to 1800°C) that the reactor vessels must be cooled to avoid damage to the refractory

8 The cold gas efficiency is a standard measure for gasifier efficiency. It is defined
as the ratio of the higher (lower) heating value of the product gas divided by the higher
(lower) heating value of the feedstock. Here the cold gas efficiency does not include the
heat needed to dry the biomass or to raise steam for gasification, since it is assumed that
this energy is available from elsewhere in the process. When the sensible heat of the
product gas is also included in the energy produced by the gasifier, this is known as the
hot gas efficiency.
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Table 3-4: Comparison of oxygen blown entrained-bed gasification of coal and biomass
based on the Shell gasifier. The two biomass cases correspond to two feed moisture
contents: 5% and 11%.

(a)
(b

(c)
G))

(e)

Coal® Biomass-5%° Biomass-11%°

——

Feed HHV (MJ/kg, dry basis) 29.69 19.28 19.28
Feed moisture after drying (%) 5.00 5.00 10.89
Steam (kg/kg dry feed) 0.03 0.03 0.03
Oxygen (kg/kg dry feed) 0.80 0.45 0.45
Oxygen (kg/GJ feed) 28.36 23.34 23.34
Overall 0:C ratio 1.06 1.49 1.59
Pressure (MPa) 2.43 243 243
Exit Temperature (°C) 1371 1167 1084
Gas Composition® (mole %)
H, 318 302 307
CO 64.3 433 390
CcO, 1.7 10.1 11.8
CH, 0.0 0.0 0.1
H,0 2.1 16.3 i84
Higher heating value (MY/kg, wet gas) 12.62 10.74 10.33
Lower heating value (KJ/kg, wet gas) 11.93 9.73 9.25
Gas yield (dry kmol/tonne dry feed) 90.47 63.82 64.73
Cold Gas efficiency (HHV)? (%) 804 gs5.4 853
Cold Gas efficiency (LHV)® (%) 78.8 823 81.2
Hot Gas efficiency (HHV)? (%) 94.0 >97.0 >97.0

Based on actual operating data (Synthetic Fuels Associates, 1983).

Based on chemical equilibrium calculations (see Appendix 3A for more details). "Biomass-5%" refers
to a feed moisture content of 5%, and “Biomass-11%" refers to a feed moisture content of 11%.

Smal} quantities of sulfur and nitrogen compounds are not shown.

The cold gas efficiency is deftned as the higher (lower) heating value of the product gas divided by the
higher (lower) heating value of the feed. The hot gas efficiency includes the sensible heat of the
product gas in the numerator.

For Illinois #6 bituminous coal, the ratio of the lower to higher heating value was taken to be 0.965
(Johansson, et al., 1992a). The biomass used here was a mixture composed primarily of oak (Evans,
et al., 1988). The ratio of the lower to higher heating value was assumed to be 0.94 (Jenkins, 1989).
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lining. This is accomplished in one of two ways; a water jacket surrounding the gasifier
cools the vessel and produces steam, or the coal is fed in a water slurry, which moderates
the temperature of the reaction. Furthermore, expensive gas cooling equipment is
required to cool the product gas from coal gasifiers, which can exit the reactor at

temperatures of 1400°C or higher. By comparison, neither of these steps are required for

biomass gasifiers.

Two disadvantages of lower gasification temperatures that are not problems for
modern coal gasifiers are the higher hydrocarbon content of the gas and the presence of
some tars and oils in the product gas. For methanol or hydrogen production,
hydrocarbons must be converted to CO and H,, which increases the processing
requirements of the syngas when compared to the syngas produced from most coal
gasifiers, which contain negligible amounts of hydrocarbons (1% or less). Tars can foul
heat exchangers and clog reactors, and must be removed from the synthesis gas before
it can be processed into methanol or hydrogen. This may lead one to believe that
biomass should therefore be gasified at higher temperatures (>1000°C exit temperatures)
to reduce the hydrocarbon content of the product gas to low enough levels to eliminate
the need for some downstream processing, and to eliminate the production of tars and
oils. To do so would require additional oxygen and possibly the use of high temperature
materials and gas coolers similar to those used for coal gasification. Unlike for coal
gasification, in actual biomass systems the benefits of low temperature operation dominate

are more important.

Comparing the overall relative atom populations in coal and biomass gasification
reveals another key difference between the two processes. Even though coal gasification
requires significantly more oxygen per kg of feed than biomass gasification, the resulting

coal synthesis gas typically has a molar O:C ratio near 1:1, so that when combined with
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the high operating temperatures of coal gasification, nearly all the carbon is converted to
CO, the preferred form for producing fuels and other chemicals from syngas. Because
dry biomass is approximately 40% oxygen by weight, the overall feed for a biomass
based system has a higher O:C ratio (on the order of 1.5-2:1). As a result, there will be
higher levels of CO, and H,0 in the product gas, which lowers its heating value. To
illustrate this point, consider the Shell entrained-bed gasification technology (a pressurized
gasifier) applied to both biomass and coal as summarized in Table 3-4. Biomass has not
actually been gasified in the Shell reactor, but because its operation can be approximated
using chemical equilibrium calculations (unlike most other biomass gasifiers), the use of
both feedstocks can be easily compared under similar operating conditions. The main
difference is that for the biomass case, it is assumed that no external cooling of the
reactor is required because of the lower operating temperatures. Two biomass cases are
shown, corresponding to two different moisture contents: 5% and 11%. The former was
chosen in order to make a direct comparison to the coal case, which also has a feedstock
moisture content of 5%. 11% corresponds to the moisture content used in the subsequent
analysis in this thesis. The gasification of coal is taken from actual operating data
(Synthetic Fuels Associates, 1983).> For the biomass cases, the choice of 0.45 kg O,/kg
dry wood was based on the previous analysis of the effect of O, consumption on
synthesis gas production. Figure 3-8 showed that at this level of oxygen consumption,
CO+H, production was near optimum and virtually no methane was present in the product

gas. Therefore, assuming that the temperature of 1085°C is sufficiently high to ensure

chemical equilibrium, this is the preferred operating point.10

9 Because of the high ash content of coal, the presence of significant quantities of
sulfur, and the need to cool the gasifier, it was not possible to model coal gasification
using the simple equilibrium model developed here. Rather, actual operating data was
deemed to be more appropriate.

10 Temperature is not the only criterion for assuming chemical equilibrium for
. entrained-flow gasification of biomass. Since entrained-flow gasification requires a very
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The Shell-biomass cases produce synthesis gases that are 26-30% CO,+H,0, as
compared to just 3.8% for coal, even though they require only slightly more than half the
amount of oxygen, use the same quantity of steam and operate at the same pressure as
the coal case. As a result, the higher heating values of the biomass product gases are
approximately 20% lower than the coal product gas. Nevertheless, because raw biomass
has a significantly lower heating value than coal, the cold gas efficiencies of the biomass
cases are actually higher than that for coal. This is also the case if the cold gas
efficiencies are calculated on a lower heating value basis. So, although more carbon must
be "thrown away" in the biomass cases (as CO,), less of the feedstock energy is required
to generate the synthesis gas. However, in the coal case much of the sensible heat of the
product gas is recovered as steam, SO that the hot gas efficiency of the Shell gasifier
operating on coal was reported to be 94% (Synthetic Fuels Associates, 1983). The hot
gas efficiencies of the biomass cases are estimated to be >97%, but it is important to note
that the equilibrium model neglects heat losses and assumes 100% carbon conversion.
The lower oxygen consumption (both per kg and per GJ of feed) and lower temperature

also mean that the biomass processes will probably be less expensive.

A third biomass case (not shown), conducted for atmospheric pressure gasification
with all else being equal (@ 11% moisture), yielded virtuaily the same results as the
pressurized case; the temperature was within 1°C and the gas composition was almost
identical. The reason why pressure has such a small effect here is that at these
temperatures, there is virtually no methane produced at either 2.43 MPa or 0.1 MPa.
Therefore, the product gas is essentially a mixture of Hy, CO, CO,, and H,0, which is

independent of pressure.

fine particle size, the surface area is larger, which also increases reaction rates. Thus,
entrained-bed biomass gasifiers would be characterized by much higher reaction rates than

others type of biomass gasifiers.
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3.4 Gasifier Types

Biomass gasifiers can be divided into two broad categories.

Directly heated gasifiers were originally adapted from coal gasifiers, and use air
or oxygen to partially oxidize the feedstock, thereby providing the heat for pyrolysis and
other endothermic reactions. The direct combustion of char produces relatively high peak
operating temperatures. For the production of hydrogen or methanol from biomass,
oxygen is used instead of air in directly beated gasifiers to reduce the volume of inert gas
(N,) that must be carried through the downstream reactors, which improves the econornics
of syngas processing.“ Significant quantities of nitrogen also reduce the efficiency of
the final hydrogen separation step in hydrogen production, and some N-containing
compounds can poison catalysts.12 The main drawback to requiring pure oxygen is that
cryogenic oxygen separatioh is sensitive to scale, so that it is relatively expensive to
produce oxygen at the smaller scales that would be typical of biomass-based facilities
when compared to coal or natural gas-based facilities. For example, for the two directly
heated biomass cases analyzed in this thesis, the capital costs for the oxygen plants were
estimated to be $84,200 and $74,500 per daily tonne of O,, producing 495 and 743
tonnes/day respectively. A coal-based plant with the same throughput rate as the biomass
cases (1650 dry tonnes/day of feedstock) would require 1320 tonnes O,/day, which would
only cost $62,700/daily tonne O, to install, assuming a scaling power factor of 0.7.

Elsewhere, it has been estimated that a 4340 tonnes/day oxygen plant would have capital

11 There is growing interest in methanol synthesis technologies that could utilize the
low-Btu gas produced by air-blown gasification, and these are discussed in Chapter 4.

12 Although oxygen separation is usually thought of as an added cost, it is interesting
to note that if gasification takes place at pressures above approximately 2 MPa and at a
sufficiently large scale, the cost of compressing the nitrogen in the air for air blown units
would be greater than the cost of oxygen separation (even for 99.5% O, purity) (Klosek,
et al., 1986).

59



Ryan E. Katofsky
costs of approximately $24,000/daily tonne (Wyman, et al., 1992), significantly lower than
the above costs. Cryogenic oxygen separation is also an energy intensive activity,

requiring roughly 400 kWh/tonne 0,.

It is also possible to use non-cryogenic oxygen separation, but it is more difficult
to achieve high oxygen purity. For methanol and hydrogen production, high purity is
important because of the economic effects of inert compounds on downstream processing
steps. Pressure swing adsorption (PSA) can be used to produce 90-95% pure oxygen, and
membrane separation can achieve oxygenr purity as high as 99%, but it is not yet
economical to do so (Shelley, 1991). On the other hand, non-cryogenic air separation is
rapidly becoming an attractive alternative to cryogenic separation in applications where
very high oxygen purity is not essential (e.g. oxygen enriched air for coal combustion),
and for purifying nitrogen, which is technically simpler with these systems. In addition
to the purity issue, non-cryogenic separation does not benefit from the economies of scale
as does cryogenic separation. Commercially available PSA systems are economical up
to about 180 kmoles of purified gas per hour (140 tonnes per day) (Shelley, 1991), and
commercial membranes separation systems have been designed to produce up to 50
xmol/hour (40 tonnes per day) (Chemical Engineering, 1990). At larger scales, cryogenic

‘separation is still the technology of choice.

Indirectly heated gasifiers are designed to take advantage of the high reactivity of
biomass. They provide heat indirectly using heat exchangers or an inert heat carrying
material such as sand. Although they operate at considerably lower temperatures than
directly heated gasifiers, temperatures are high enough to effectively gasify biomass. The
main advantage of indirect gasification is that it produces a gas undiluted by nitrogen
without the use of costly oxygen. Nevertheless, the lower temperatures of indirectly

heated gasifiers do tend to result in higher levels of methane and other light hydrocarbons
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in the synthesis gas (8-35 vol%), which increases the cost of downstream processing.
Another disadvantage is the potential for higher levels of tars and oils. Lower
temperatures also effect the rate of the char gasification reactions, and as will be shown
below, each indirectly heated gasifier uses a different strategy for achieving high carbon

conversion.

Another key distinction between gasifiers is whether they operate at atmospheric
pressure or at elevated pressures. Atmospheric pressure units are gasier to operate
because there is no need for a pressure vessel or a pressurized feeding system.
Nevertheless, using a pressurized pgasifier significantly reduces compression costs
downstream of the gasifier, so that pressurized gasification is generally considered
advantageous. There are several commercially available pressurized coal gasifiers, but
all commercial biomass gasifiers in operation today are atmospheric pressure units
(Larson, et al., 1989; Williams and Larson, 1992). This is mainly a consequence of the
applications for which these biomass gasifiers have been developed; for supplying fuel
to boilers and furnaces. As a result, these gasifiers are air-blown units. Conversely, most
coal gasifiers have been developed specifically for large scale electricity and fuel
production, so that most designs on the market today are pressurized units. There are

several pressurized biomass gasifiers now being developed for BIG/GT applications.

Clearly, the application for which a gasifier is being designed determines the ideal
characteristics of the product gas, and hence the operating conditions of the gasifier. To
illustrate this point, compare the requirements for a gasifier that would be used for
metha.noi and hydrogen production to one designed for BIG/GT applications. In both
cases operating the gasifier at elevated pressure reduces or eliminates the need for
synthesis gas compression, which in turn reduces both capital and operating costs. A high

throughput rate decreases the size of the gasifier, which also results in capital cost
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savings. High carbon conversion and low CO, production maximizes the production of
combustible gaseous products, and results in a high cold gas efficiency. Another

desirable characteristic is the ability to gasify feedstocks with minimal pretreatment. -

If methanol or hydrogen is the desired end-product, the synthesis gas should
consist mainly of CO and H,, be low in hydrocarbons, and have little or no tars and oils.
Furthermore, as discussed above, the syngas should be free of inert compounds such as
N,, implying that oxygen rather than air should be used if the gasifier is directly heated.
For such a gasifier, minimum oxygen consumption is prefcrablé since oxygen separation

is expensive.

If electricity is the desired end-product, it is possible to use air-blown gasification
as long as the product gas has a high enough heating value to be burned in a gas turbine.
Because of the dilution effect of nitrogen, it is also important to consider the moisture
content of the biomass. If the feed moisture content is too high, the combined dilution
effects of N, and water vapor in the product gas could lower the heating value of the gas
to unacceptable levels. Hydrocarbons in the syngas increase its heating value and are
therefore desirable. Also, if particulates and alkali metals, which can damage turbine
blades, can be removed from the gas without a low temperature cleanup step (quenching
with water), the syngas can Ee kept above the dew point of the tars and oils, which can
then be burned in the gas turbine. In such a configuration, tars and oils may even be
desirable, since they increase the heating value of the fuel, and there is no energy penalty

associated with a low temperature water quench (Williams and Larson, 1992).

This comparison illustrates that the performance of the gasifier does indeed depend
on the application. It is fair to say that there is yet to be a biomass gasifier that meets

all of the above requirements for either application. For example, low tar and
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hydrocarbon content can only be achieved by using high temperatures and would also
require extensive feed pretreatment (milling to <1 mm). As with many engineering
systems, actual biomass gasifier designs make compromises between what is ideal and

what is practical. Described below are the basic types of biomass gasifier designs.

3.4.1 Directly Heated Gasifiers

There are three basic types of directly heated gasifiers: fixed, fluidized, and entrained
beds. Although each operates on a different principle, they all share certain features. All
directly heated gasifiers burn some char and/or biomass, and so are characterized by
relatively high peak operating temperatures (>1000°C), which occur at the point where

the oxidant enters the vessel.

(i} Fixed-bed Gasifiers

This is the simplest type of directly heated gasifier. In a fixed-bed gasifier (an updraft
esign is shown in Figure 3-7), the feedstock enters at the top of the reactor and
sequentially undergoes drying, pyrolysis, char gasification and char combustion. Due to
the nature of the fixed-bed design, these steps occur in relatively distinct zones. Peak
reactor temperatures of about 1200°C are reached near the grate where char combustion
takes place. Dry ash is rejected below the grate that supports the fuel bed. The hot gases
produced by char combustion travel countercurrent to the solid feed and provide the heat
for the char-steam reactions and for pyrolysis. Because of this countercurrent design, the
gases exit the reactor at a relatively low temperature (600°C or less). Low pyrolysis
temperatures result in a gas with a large fraction of condensable hydrocarbons. Fixed-bed

gasifiers also require a feed with a relatively high bulk density, such as densified biomass

or wood chips (2-5 cm in size), to ensure good feed flow down the reactor.
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An example of a fixed-bed gasifier is the Lurgi dry-ash design for coal
(Figure 3-12). This commercial pressurized unit has extensive operating experience with
coal (Williams and Larson, 1992). Recent limited pilot scale tests with biomass
conducted by the General Electric Company indicate that the Lurgi technology may be
best suited for "close-coupled” processes where the hot product gas is burned directly (e.g.
in a BIG/GT) without the need to cool the gas below the dew point of the condensable
components of the gas (Kimura, 1992).13 1In such a configuration, the energy content
of the tars and oils could be utilized in the gas turbine. This would require an advanced
hot-gas cleanup system that could remove nearly all entrained particles and alkali metals,
since these compounds would otherwise damage the turbine blades.!* Although this
technology appears to be well suited to electricity production (Williams and Larson.
1992), due to the high fraction of condensable gases produced by fixed-bed gasifiers,
much of the energy content would not be recoverable if used for methanol or hydrogen

production. Therefore, such a design is not be well suited to fluid fuels production and

was not modeled in this thesis.

(it) Fluidized-bed Gasifiers
In fluidized-bed gasifiers (Figure 3-7) the feedstock usually enters through the sidewall
of the reactor. The feed mixes into a bed containing an inert material such as sand or a

catalytic material such as dolomite (CaMg(CO3),), which is used to help crack tars.!?

13 In those tests, which used pelletized sugarcane bagasse and wood chips,
approximately 4 wt% of the dry feed was converted to tars and oils, corresponding to
roughly 8-10% of the heating value of the feed (General Electric, 1992).

14 Such hot-gas cleanup systems are under development. See Chapters 4 for more
details.

15 Ahlstrom, a Finnish company, is developing a fluidized-bed gasifier that uses
calcined dolomite as the bed material. Studsvik, a Swedish company, has developed a
two stage system that also uses dolomite. The gas exiting the gasifier is sent to a
fluidized-bed catalytic cracker that uses oxygen to partially oxidize some of the feed to
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A fluidized state is maintained by the injection of steam and oxygen (or air) from below.
The high degree of mixing in a fluidized bed eliminates the distinct reaction zones
characteristic of fixed beds, except perhaps for the combustion zone, which would be
located near the entry point of the oxidant. Due to the vigorous mixing in a fluidized-bed
gasifier, it is characterized by relatively uniform temperatures throughout the bed (800-
1000°C) and the gas exits the reactor essentially at the bed temperature. Since average
bed temperatures are higher in a fluidized bed than a fixed bed, the product gas contains
fewer tars and oils. Particulate emissions are higher than with a fixed bed, again as a
result of the active mixing within the bed. Ash, unreacted char and particulates are
entrained within the product gas and are largely removed using a cyclone (see Chapter
4). In a bubbling fluidized bed (BFB) they are removed for disposal, but in a circulating
fluidized bed (CFB) they are recycled to the bed, thereby increasing the carbon

conversion (to gases and liquids) to near 100%.

igher average bed temperatures, fluidized-bed gasifiers have
higher specific throughput rates than fixed beds. They are also capable of utilizing
feedstocks with a wide range of sizes and bulk densities, although very fine particles tend
to get blown out of the reactor. In fact, it is because of this fuel flexibility that fluidized-
bed gasifiers may become the technology of choice for biomass applications, given the
wide variety of biomass feedstocks that could be used to produce fuels and electricity
(Williams and Larson, 1992). Most biomass gasification research and development today

is focussed on fluidized bed technology.

provide heat for the tar cracking reactions. The Battelle Columbus Laboratory is also
developing a similar two stage system that is adiabatic (i.e. it uses the sensible heat of the
product gas rather than adding oxygen).
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An example of an oxygen-blown, pressurized bubbling fluidized-bed gasifier that
has been designed specifically for biomass is the Institute of Gas Technology (IGT)
RENUGAS® gasifier (Figure 3-13). It has been under development since 1980 and has
perhaps the most extensive pilot-scale experience of any BFB unit (Evans et al., 1988).
A 50 tonnes per day demonstration plant is under construction in Hawaii, where it will
operate on sugarcane bagasse (Trenka, et al., 1991). Because the IGT gasifier has had
so much operating experience, and because it has been the focus of other studies of
methanol production from biomass (OPPA, 1990; Stevens, 1991; Wyman, et al., 1992),

it is one of the five gasifiers that has been chosen for further analysis in this thesis.

“The IGT test reactor, with a capacity of 455 kg of biomass per hour, has been
operated at pressures of 0.58-2.23 MPa and at temperatures up to 980°C, but no data
exists for operation on pure oxygen. Gasifier performance using pure O, was estimated
in a study of methanol production from biomass by the Office of Policy, Planning and
Analysis of the US Department of Energy (OPPA, 1990). Table 3-5 includes the product
gas composition for the IGT gasifier under the operating conditions assumed in that study
(3.45 MPa and 980°C). Two important characteristics of the syngas are the relatively
large CO, and CH, fractions. The high methane content is a result of the non-equilibrium
‘nature of biomass gasification and of pressurized operation. Relatively large amounts of
CO, are produced by the direct heating, high pressure, and the high overall 0:C ratio
(2:1). With conventional gas processing technology, a large CO, content means that

overall yields of fluid fuels will be relatively low.

In addition to the IGT RENUGAS gasifier, a number of other bubbling fluidized-
bed biomass gasifiers have reached various stages of development (Larson and Katofsky,
1992). They include Creusot-Loire (France), MINO (Sweden), BIOSYN (Canada),

Rheinbraun/Uhde HTW (Germany) and Tampella (Finland) (see Figure 3-14). Of these,

66



Chapter 3: Biomass Gasification

Table 3-5: Operating characteristics of the gasifiers evaluated in this thesis. n/a = not

available.
Directly heated gasifiers Indirectly heated gasifiers
1IGT® Shell-coall  Shell-bic® |[WM® MTCI* BCL®
Bed type Bubbling-  Entrained  Entrained  |Rotor kiln Bubbling-  Fast-
fluidized fluidized fluidized
Feedstock characteristics
Type wood coal wood wood wood wood
Dry, ash free composition CH; 53056 CHopsOpn CHis:00gs [CHisOngr  CHis00es CH, 480060
HHYV (G)dry tonne) 19.28 28.21 19.28 20.93 19.40 20.12
Moisture % {(after drying) 15 5 11 45 20 10
Additional inputs
Steam (kg/kg dry feed) 03 0.028 0.03 0 1.37 0.314
Oxygen (kg/kg dry feed) 0.3 0.8 0.45 0] 0 0
Air (kg/kg/dry feed) 0 0 0 0 2.10 1.46
Reactor characteristics
Exit temperature (°C) 982 13711 1085 600 697 927
Pressure (MPa) 3.45 243 2.43 1.5 0.101 0.101
Throughput (dry kg/m?s) 19 na n/a 0.18 0.07 2.7
Solids residence time minutes ~1 second ~1second |~1 hour minutes ~1 second
Product gas characteristics
Yicld (kmol/dry fonne) 82.0 924 79.3 90.3 138.6 58.3
Molecular weight (kg/kmeol) 22.52 20.53 20.08 21.82 17.65 21.22
HHV (MJkg wet) 8.67 12.62 1033 11.11 9.35 14.22
Composition® (mole % wet [dryD)
H,0 31.8 0] 2.1[0] 18.4 [0} 42.0 {01 49.5 [0] 30.8 {0]
H, 20.8 {30.5] 31.8{32.5] 307 [37.61 | 12.0{20.7] 25.3 [50.0] 14.6 [21.1}
Co 150 [22.0) 6431657] 39.0[47.8]| 4.0([659] 11.2 [22.1] 324 [46.8]
Co, 239[350] 17[1.71 11.8[144] | 22.0[37.9] 99[194] 7.8[11.3]
CH, 8.2 {12.0] o [0} 011011 | 200{345] 40{8.0] 103(149]
Cy+ 0.3 [0.5] - - - 0.2 {0.4] 4.2 16.1}
Net carbon conversion® (%) 96.2 >99 106 98.5 835 80.3
Cold gas efficiency' (%) 83.0 80.4 85.3 85.9 87.8 87.4

(2) WM is the Wright-Malta gasifier. Based on Hooverman (1979), Coffman (1981),
(b) BCL is the Battelle-Columbus Laboratory gasifier. Based on Paisley {1991). In all cases,

the total biomass feed for the combustor and gasifier beds.

{c} MTCI is the Manufacturing and Technology Conversion International

et al, (1991a).

(d) IGT is the Institute of Gas Technology. Data is based o
(e) Sheil-bio is the Shell entrained-bed gasifier operating on

(g) Smali quantities of N and § containing compounds
(b} This is the net carbon conversion
the combustors is counted as part o
(i) Defined as the higher heating
the gasifier, including the com

to synthesis gas.

n OPPA (1990},
biomass. For a complete description of the assumptions

used 1o estimate the performance of this system see Appendix 3A.
() From Synthetic Fuels Associates (1983).

energy for raising steam or drying biomass is not included.

and Argon are not shown.
For the BCL and MTCI gasifiers, carbon converted to gas in
f the feed carbon but not as carbon converted to gas.
value of the product gas divided by the higher heating value of all energy inputs to
bustors in the BCL and MTCI cases and the extern

and Cofiman (1991).
"kg dry feed” refers to

gasifier. Data are based on Durai-Swamy,

al heating in the WM case. The
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only the HTW (High Temperature Winkler) technology has been commercially applied
to producing chemicals; since 1988, an HTW unit has operated successfully on peat at

a Finnish ammonia plant (Larson and Katofsky, 1992).16

A number of circulating fluidized-bed biomass gasifiers have also been developed
(Figure 3-14). Lurgi (Germany), Ahlstrom (Finland), Studsvik (now TPS) and
Gotaverken (Sweden) have several atmospheric pressure units operating commercially
(Larson et al., i989). Lurgi (with Rheinbraun/Uhde} and Ahlstrom are also developing
pressurized CFB gasifiers, of which there are no commercial units. These gasifiers are
being developed primarily for heat and power generation, but if they are proven
commercially, there is no reason why they cannot be adapted to fluid fuels production,

provided they are oxygen-blown units. .

(iii} Entrained-bed Gasifiers

The third basic type of directly heated gasifier is the entrained-bed gasifier (Figure 3-7).
This design was originally developed for coal, and unlike fluidized- or fixed-bed gasifiers,
there is no operating experience with biomass. In entrained-bed coal gasification,
pulverized coal is fed into the reactor dry or in a water slurry, where it reacts with a large
amount of oxygen (approximately 0.8-1.0 kg/kg dry coal). The resulting high operating
temperatures (1300-1800°C) completely gasify the coal and produce a tar-free gas that is
close to chemical equilibrium with virtually no CH, and no higher hydrocarbons. At the
high temperatures characteristic of entrained-bed oxygen-blown coal gasification, the ash

melts and is removed as slag.

16 Air blown gasification can be used for ammonia synthesis since it requires nitrogen
in the feed.
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Several entrained-bed coal gasifiers have operated commercially. Table 3-5
includes the operating characteristics for the Shell entrained-bed gasifier, which has been
extensively tested at feed rates up to 400 tonnes per day (Synthetic Fuels Associates,
1983; Trogus, et al., 1989).1-‘r Because high temperatures can be achieved with coal
when the O:C ratio is close to 1:1, CO, comprises less than 2% by volume of the gas on
a dry gas basis and the CH, content is essentially zero. Three commercial entrained-bed
coal gasifiers worth mentioning are the Texaco, Dow, and Koppers-Totzek (K-T) units.
Like the Shell gasifier, the Texaco and Dow designs are pressurized, while the K-T
gasifier is an atmospheric pressure unit. The Shell and K-T gasifiers use a dry,
pulverized feed and the Texaco and Dow designs use a coal-water slurry’.18 A coal-
water slurry is used to moderate the reactor temperature, whereas the K-T and Shell
gasifiers require external cooling in the form of a water jacket that produces steam.
Considerably more steam is produced by the K-T gasifier than the Shell unit, since more
oxygen is used. Because is uses a dry feed and requires less oxygen, the Shell gasifier
has a higher cold gas efficiency and generates a higher quality synthesis gas (for

producing fluid fuels) than either the Texaco, Dow, or K-T gasifiers.

There are two main reasons why there has been little interest in entrained-bed
gasification of biomass. First, entrained-bed gasification requires a very fine particle size

(~125-600 microns), and while it is relatively easy to crush coal, grinding biomass is

17 A 250 MW, integrated coal gasification combined cycle power plant (IGCC) using
a single Shell gasifier is currently under construction in the Netherlands, and is scheduled
to come into service in late 1993 (Jensen, et al., 1990).

18 Both the Dow and Texaco concepts have been proven commercially. Since April
1987 a Dow gasifier has been supplying fuel gas to an existing 161 MW, combined cycle
power plant in Plaquemine, Louisiana (Webb and Moser, 1989). The Texaco gasifier was
part of the Cool Water Coal Gasification Program in California, the first commercial scale
demonstration project of an IGCC power plant. It successfully supplied fuel gas for a 100
MW, combined cycle from June 1984-January 1989 (Cool Water Coal Gasification

Program, 1990).
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energy and capital intensive. Second, as has been discussed earlier in this chapter,
biomass gasification does not require the high peak temperatures characteristic of
entrained-bed gasification to achieve high carbon conversion and high throughput rates,
the two main motivations for the development of entrained-bed coal gasification.
However, neither reason is compelling. In fact, if biomass were gasified in an entrained-
bed gasifier, the equilibrium model used earlier showed that the operating temperatures
would be considerably lower than those for coal, and that much less oxygen per kg of
feed would be rf:quirc-:d.19 Under such conditions, the dry ash would be carried out by

the gas as it is in fluidized-bed designs, eliminating the need for slag removal.

Although entrained-bed biomass gasification is not practical, largely because of
the high feedstock preparation costs and large O, requirements, it is nevertheless modeled
in this thesis to provide an example of what might be considered the ideal directly heated
biomass gasifier for fluid fuels production: it produces no tars or oils, converts 100% of
the carbon to gas, and since the product gas reaches chemical equilibrium at high
temperatures, it is virtually free of hydrocarbons. The Shell gasifier was selected for
modeling purposes since it operates using a dry feed, and of the three entrained-bed
gasifiers mentioned above, it requires the least amount of oxygen per kilogram of feed
(Synthetic Fuels Associates, 1983). Because of the differences between coal and biomass
gasification, it is unlikely that the entrained-bed biomass gasifier would require external
cooling, either using a water jacket or a slurry feed. Also, a water slurry is probably not

practical with biomass and would require relatively more oxygen to achieve the same

19 OPPA (1990) estimated that if the K-T gasifier were to operate using biomass, it
would require 0.56 kg O,/kg dry wood, roughly 60% the amount required for coal
(Synthetic Fuels Associates, 1983). For comparison, I estimate that a Shell type gasifier
operating on biomass would require 0.45 kg Oy/kg dry wood, which is 56% the amount
required for coal (Synthetic Fuels Associates, 1983).
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temperature as a dry feed system.20 The pressurized operation of the Shell gasifier is

also a desirable characteristic.

The operating conditions for the Shell-biomass gasifier shown in Table 3-5 have
been selected based on the parametric analysis carried out earlier in this chapter, where
it was shown that for a moisture content on 11%, the optimum syngas composition
corresponded to an oxygen consumption rate of 0.45 kg/kg dry feed (see Figure 3-8). At
lower temperatures, there is more methane in the synthesis gas, CO+H, production is fess
than the maximum, and some tars may be produced. At higher temperatures, there is
virtually no methane in the product gas so that additional oxygen consumption would only

oxidize some of the CO and H, to CO, and H,O.

3.4.2 Indirectly Heated Gasifiers

Although there are no commercial facilities using indirect biomass gasification, pilot scale
units have successfully operated using a variety of heat transfer methods (Figure 3-15).
Operating conditions vary from atmospheric pressure to 1.5 MPa and exit temperatures
of 600-930°C (see Table 3-5). Because of their low operating temperatures, indirectly
heated units typically produce gases that contain significant quantities of hydrocarbons
(mostly methane) and some tars. Low temperature operation also means that low carbon
conversion is a potential problem, and each gasifier described here uses a different
method for ensuring high carbon conversion rates. For fluidized-bed units, steam is the

fluidizing medium, although recycled product gas can also be used.

20 A slurry feed is practical for coal gasification because the high temperatures must
be moderated in some manner. With biomass, gasification temperatures would not be
high enough to warrant the use of a slurry to moderate the temperature. Rather, you want
to minimize the energy required to achieve a certain temperature. Thus a slurry would
achieve the opposite effect with biomass.
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(i) The Battelle-Columbus Laboratory (BCL) Gasifier

The Battelle-Columbus Laboratory (BCL) gasifier is an atmospheric pressure, twin bed,
fast-fluidized-bed unit (Feldmann et al,, 1988; Paisley, 1991; Wyman et al., 1992)
(Figure 3-16) that resembles fluid catalytic crackers commonly used in the petrochemical
industry (Refining Handbook, 1990). The term fast-fluidized-bed has been used to
describe the BCL system since the specific throughput rate of the BCL gasifier is
significantly higher than a conventional fluidized-bed like the IGT gasifier (see
Table 3-5). To date, the BCL gasifier has operated at a dry feed rate of up to 500 kg/hr,
and has over 10,000 hours of operating experience on a variety of biomass feedstocks

(Paisley, 1993).

In one bed, biomass (dried to 10% moisture) is pyrolyzed in steam at temperatures
up to 930°C. Ash, char and sand (the bed material) are entrained in the product gas,
separated using a cyclone, and sent to a second bed where the char is burned in air to re-
heat the sand. The heat is transferred between the two beds by circulating the hot sand
back to the gasification bed. This is similar to char recirculation systems used with
commercial fluidized-bed coal combustors (Paisley, 1993). This system allows one to
provide heat by burning some of the feed, but without the need to use oxygen because
"combustion and gasification occur in separate vessels, and is possible with biomass
because of its high volatile content. As a way of producing higher temperatures in the
gasification bed, some additional biomass can be burned directly in the combustor to
augment the heat provided by the combustion of char alone. Ash is rejected from the
combustor, and no char is produced. Tars and oils (approximately 1% of the feed) are
collected from the quench water and recycled to the combustor. Therefore, the BCL
system is characterized by nearly 100% overall carbon conversion. An advantage of this

system is the inherently high heat transfer rates of the direct mixing of hot sand and

72



Chapter 3: Biomass Gasification
biomass. Therefore, although the system as a whole is indirectly heated, biomass heating

rates are high.

If the BCL gasifier were to operate in balanced mode, where the heat available
for gasification is that produced by burning char alone in the combustor, gasification
temperatures would be low (approx. 200°C) with correspondingly low carbon conversion
in the gasifier (<70%). Using a heat and material balance model developed at BCL, it
was found that by increasing the gasification temperature, the overall production of
syﬁthesis gas increases, even though some additional biomass must be burned in the
combustor (Paisley, 1991). Table 3-5 presents operating data for this type of
configuration. A gasification temperature of 927°C results in good carbon conversion in
the gasifier (88%) while limiting the amount of biomass which must be burned in the
combustor to less than 10% of the total feed. Thus, overall carbon conversion to
synthesis gas is 80.3%, and because of the rapid indirect heating, CO, accounts for only
11.3% by volume of the synthesis gas on a dry basis. Higher temperatures are possible,
21

but would result in more heat leaving the combustor as waste heat in the flue gases

rather than being transferred to the gasifier by the circulating sand.

The BCL gasifier illus_trates one way in which high overall carbon conversion can
be achieved with indirect heating; design a reactor that actually relies on poor carbon
conversion for its operation. To accomplish this requires two basic conditions, which can
be explained in terms of the earlier discussion of gasification fundamentals: avoid high
peak temperatures and keep solids residence times very short compared to the
charactcl:istic reaction time of the char-steam reaction. The first condition is satisfied by

the use of indirect heating, and the second is by design: the BCL gasifier is designed to

21 The combustor bed was assumed to have an exit temperature 167°C higher than
the gasifier operating temperature (Paisley, 1991).
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have residence times on the order of 1 second (Paisley, 1993). As a result, the char
produced during pyrolysis is not gasified, but is entrained within the product gas.
Pyrolysis is the only step that occurs to any significant extent in the gasifier. Since
temperature and heating rate are the most important variables affecting pyrolysis, it is not
surprising that during the testing of the BCL gasifier, changing the fluidizing medium
from steam to nitrogen had a negligible effect on both carbon conversion and the inert
free gas composition (Feldmann, et al., 1988). Furthermore, since less char is produced
at higher temperatures and heating rates, it is also not surprising that carbon conversion
in the gasification bed was found to be directly proportional to the bed temperature. Since
char gasification need not occur in the gasification bed, the specific throughput rate is

very high, which helps reduce the capital cost of the BCL gasifier.

In summary, the heat and carbon balance of the BCL system is quite different

from all other gasifiers discussed here. Not only is the endothermic char-gasification step
bypassed, but essentially all the char that is produced is burned, as is some of the feed.
One would therefore expect there to be a significant amount of waste heat produced in
the BCL process, a result that is evident in the analysis of Chapter 6. When coupled with
the high cold gas efficiency of the BCL gasifier, this high grade waste heat, which can

be used to generate a fair amount of electricity, makes it the most efficient gasifier

included in this thesis.

(ii) The Manufacturing and Technology Conversion International (MTCI) Gasifier

A second indirectly heated gasifier is being developed by Manufacturing and Technology
Conversion International (MTCI), a small US company (Figure 3-17). The MTCI gasifier
combines an atmospheric pressure bubbling fluidized-bed with pulse-combustion-enhanced

in-bed heat exchange tubes that provide the heat for gasification (MTCI, 1990; Durai-
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Swamy, et al., 19912).22 Some of the gas produced during gasification is burned in the
pulse combustor to provide the heat for gasification. The oscillatory behavior of the pulse
combustor is a result of natural combustion-induced instability, and the combustion
chamber and heat exchange tubes are designed specifically to amplify these effects at a
particular resonant frequency (Turdera and Zahradnik, 1992). Pulsed combustion
preduces large velocity fluctuations within the fire tubes, enhancing heat transfer rates by
a factor of five over conventional heat e)';changcrs.23 Even so, because indirect heat
transfer is used, reactor temperatures are low (650-800°C), but are more than sufficient
to gasify biomass. In the MTCI system, large quantities of steam are added to promote
char conversion, which would otherwise be unacceptably low at these low temperatures.
It is also possible to recycle residual char and tars and oils to the pulse combustor or the
gasifier (Durai-Swamy, 1992: Turdera and Zahradnik, 1992). The overall carbon
conversion to synthesis gas in the gasification of wood has been estimated to be

approxXimately 83.5%.%4

22 Although it has not been tested at elevated pressures, MTCI does not anticipate any
major difficulties in designing their gasifier to operate at pressures up to approximately
1.5 MPa. The pulse combustor would also need to be operated at pressure, which would
increase the heat flux and hence the throughput rate of the MTCI gasifier. A detailed
feasibility study of pressurized operation using coal is given in Turdera and Zahradnik
(1992), where they assessed the use of the MTCI gasifier in an integrated
gasification/combined cycle (IGCC).

23 A similar design, but one that does not use pulse combustion, was developed at the
University of Missouri in the early 1980s (Flanigan, et al., 1988).

24 [ have estimated the overall carbon conversion by using actual test data for the
gasification of wood chips, for which carbon conversion in the gasifier was 93%. I then
used a heat and material balance model provided by MTCI and the ASPEN PLUS
simulations to estimate the amount of carbon {as CH,, CO, char, etc...) consumed in the
pulse combustor. Accounting for this carbon, I estimate the net carbon conversion to be
approximately 83.5%.
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Until now, most work with the MTCI gasifier has focussed on the gasification of
"unusual” biomass fuels such as black liquor (the lignin rich by-product of cellulose
extraction during chemical pulp production) (Black, 1991) and pulp mill sludge (Durai-
Swamy, et al.,, 1991b). Limited tests have also been successfully conducted on dried
municipal sewage sludge, refuse derived fuel (RDF) and wood chips (Durai-Swamy, et
al., 1991a). The MTCI gasifier is at a fairly advanced stage of development. A 22
tonnes per day gasiﬁer. operating on pulp mill sludge has operated extensively at an
Inland Container Corporation cardboard recycling mill in Ontario, California, and a 44
tonnes per day black liquor25 gasifier is currently being installed at a pulp mill in New
Burn, North Carolina (Durai-Swamy, 1993). The MTCI gasifier was also selected for a
cost shared demonstration project as part of the US Department of Energy’s Clean Coal
IV Program. A commercial scale (430 tonnes per day) MTCI gasifier operating on sub-
bituminous coal will be built and operated at a Weyerhaeuser paper mill in Gillette,

Wyoming (Durai-Swamy, 1992).2

Based on limited data from gasification trials with wood chips, on discussions with
the developers of the MTCI gasifier, and using a heat and material balance program
developed at MTCI, I have developed a model for the scaled up operation of the MTCI

gasifier with wood (see Table 3-5). A large amount of steam (1.37 kg per kg dry wood)

25 This is the amount of black liquor solids being gasified, which corresponds to
approximately 67 tonnes per day of black liquor.

26 Although coal would seem like an unlikely feedstock for this low temperature
gasifier, pilot scale testing of coal gasification has yielded good results. At moderately
high temperatures (>800°C) it is possible to gasify the relatively more reactive sub-
bituminous coals. The use of large amounts of steam and the catalytic effects of calcium
in the bed result in carbon conversion efficiencies in excess of 90% (Durai-Swamy,
1992). Of course, this does not account for the combustion of a portion of the gas in the
pulse combustor. Experiments with high rank coals have included a pretreatment section
where hot air is bubbled through the coal in an effort to add oxygen to make it more
reactive before being fed to the gasifier.
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is added to the partially dried biomass (20% moisture by weight) to produce a hydrogen
rich gas with a relatively low hydrocarbon content (8.4% on a dry basis), which includes
small amounts of ethylene, propylene, propane, butane, and pentane. The low
hydrocarbon content is a result of the effect of excess steam, which promotes secondary
gas phase reactions such as methane steam reforming. The high H, content (nearly 50%
on a dry basis) is also consistent with this explanation. In addition to its effect on
reforming reactions, the excess steam also promotes the water-gas shift reaction which
further increases the H, content, and is responsible for the low CO content, and relatively
large CO, content. Because of the low temperatures, 4% of the carbon exits as char and
39 as tars and oils (corresponding to approximately 1.5 wt% of the dry feed).
Furthermore, because char gasification takes place in the gasifier, residence times are
longer than for the BCL gasifier, which lowers the throughput rate (see Table 3-5). The

use of in-bed heat exchange tubes also increases the overall size of the gasifier for a

given throughput rate.

(iii) The Wright Malta (WM) Gasifier

The WM gasifier is a pressurized (1.5 MPa) rotor kiln (Figure 3-18) that utilizes wet
biomass directly, without the need for drying (Coffman, 1981; Coffman and Hooverman,
1978). Biomass enters one end of the cylindrical kiln and is continuously mixed by
slowly rotating vanes within the kiln. The unit is tilted slightly so that solids transport
is accomplished using gravity. Ash and unreacted char exit from the other end, as does
the product gas. In addition to utilizing a wet feed, the WM gasifier differs in other ways
from most gasifiers. It is characterized by unusually low temperatures (up to 600°C), a
long solids residence time (approximately 1 hour), and does not require any steam, air or
oxygen. The long residence time and the catalytic effects of ash recirculation produce a
tar free gas that is near its equilibrium composition (Wright-Malta, 1981) (T able 3-5).

As a result, methane accounts for 34% of the gas on a dry basis, by far the highest of all
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the gasifiers considered in this thesis. The heat for gasification is supplied through a heat
exchanger system within the rotating vanes of the kiln (Figure 3-18). According to
experimental results, some heat is also supplied by pyrolysis, which is reported to be

mildly exothermic under the operating conditions of the WM gasifier (Hooverman, 1979).

Experience with the WM gasifier has been limited to a process demonstration unit
(PDU) rated at up to six tonnes of wet biomass per day. Due to the pressurized rotor kiln
design, some difficulties were encountered with the sealing of the rotating parts.
Mechanical considerations and the low specific throughput rate resulting from the long
es1dence time suggest that the size of a full-scale unit would be limited to about 300
green tonnes per day (Coffman, 1991). In order to achieve higher throughput rates with
the WM gasifier it would be necessary to use multiple units in paralle], which would limit
the economies of scale. A pilot scale demonstration plant of the WM design is in the

planning stages (Coffman, 1991).

3.5 Summary

The relatively high reactivity of biomass opens up the possibility for innovative
gasification processes that are not possible with coal. In particular, by using indirect
gasification, it is possible to generate a nitrogen free synthesis gas without the need for
a costly oxygen separation facility. Biomass gasification is also characterized by lower
operating temperatures, Jower levels of sulfur compounds in the product gas, less ash
production, and ash that does not contain hazardous compounds. This chapter has also
shown, that because of its chemical properties, biomass can be gasified more efficiently
than coal in properly designed gasifiers. Nevertheless, coal gasification is at a more
advanced stage of development, and in addition to the need for more commercial
demonstration projects of biomass gasification technologies, there are two important issues

that need to be addressed with biomass gasification systems that are generally not
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problems with coal gasification systems, for fluid fuels production. They are the presence
of tars and oils in the product gas, and the relatively high levels of methane and other
hydrocarbons in the product gas. Strategies for dealing with these compounds will be

addressed in the upcoming chapters.
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Figure 3-1: The chemical structures of cellulose (top) and three different types of
hemicellulose, two of the main components of biomass (Sudo, et al., 1989).
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Figure 3-3: Comparison of coal and cellulose pyrolysis (the main component of biomass).
Due to the higher volatile content of wood, wood pyrolysis is more complete than coal
pyrolysis and takes place at lower temperatures (Antal, 1980).
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Figure 3-4: Comparison of the reactivity of coal and biomass chars. Biomass chars are
much more reactive that coal chars and so gasify more rapidly and at lower temperatures
than coal chars (Waldheim and Rensfelt, 1982).
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Chapter 3: Biomass Gasification

~

. \\
! STORAGE

~ SiLo
™~ REFRACTORY LINED -
PRODUCT GAS PIPE
\ FEED !
| CONVEYOR

ROTARY
_ "] DRYER
FEED 1

CONVEYDR
-~ o

ao
PRESSUR

[=4 ——~
LET-DOWN _ /@
VALVES  quENcH

PUMP,

orsen
STORAGE TANK /
OR COMPRESSED

AlR SUPPLY STEAM BOILER /

NITROGEN SUPERHEATER

Figure 3-13: The Institute of Gas Technology RENUGAS fluidized-bed oxygen-blown
biomass gasifier (Evans, et al, 1988).

91



Ryan E. Katofsky

50
Tampella
30 |- MEO £ .
A Ahlstrom A
IGT 1GT Vega
20 0 A
Bi
|o:yn
S
E .24
4&3 10 Uhde/HTW
[
g
)] VIT Creusot-Loire
Serm Q [
=
?
® S
| -
0.
O Lab/Pilot
3 |- B |nactive demo .
f Qemo under construction
@ Commercial
* Circulating fiuidized-bed
21 the feedstock in this case is peat Studsvik
Ahlstrom”
Gotagerken
Lurgi
1 | | i I } i | ® i | {
0.1 05 1 23 5 10 20 50 100 200 500

Fuel Feed Rate (MW)

Figure 3-14: Current status of directly heated fluidized-bed biomass gasifiers. Those
marked with an asterisk are circulating fluidized beds. All others are bubbling fluidized

beds.

92



Chapter 3: Biomass Gasification

Product Gas ~#— =" ———-—#F|ye Gas

o

L =3

e S

Biomass—»2 & e
T - &

]

%‘ L. . Biomass
Sand (optional)

Hot Sand L.........

Steam Air

(a) indirect heating via direct contact with hot circulating sand.

Heat exchanger

Biomass Gas

Ash

(b) indirect heating via external heat exchangers.

F—-—#®QGas
Biomass ——i_ $
Heat exchange —": Ash
tubes e ]

(c) indirect heating via in-bed heat exchange tubes.

Figure 3-15: Schematic representations of the various heat transfer methods of indirectly

heated gasifiers.

93



Ryan E. Katofsky

WASTE
HEAT
RECOVERY, _
PRODUCT GAS
I___—fx___—————— T -
WET 1
WOOD _ CYCLONE l
py—— SEPARATORS _
a "
] o
Ay o-"
GASIFIER Y comeustom | en.
“ A SURGE P
n ' 2
STORAGE .
‘Feeo E=S] wastewarin
FEEO = 5= WASTEWATER

JL

PRODUCT HEAT
RCCOVERY

Figure 3-16: Schematic representation of the Battelle-Columbus Laboratory (BCL)
indirectly heated gasifier (Feldmann, et al., 1986).

94



Chapter 3: Biomass Gasification

Fuel gas
—— ————=(Gas
BIomass ——e_ Ash & char
> ﬂ Flue gases
Air — to heat recovery
/ \\i\ Heat exchange
Pulse tube bundle
combustor
Steam
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Appendix 3A: Equilibriurn Modeling of Entrained-Bed Biomass Gasification

3A.1 Introduction

This appendix outlines the method used to calculate the product gas composition, flow
rate, and temperature for entrained-bed biomass gasification, assuming chemical
equilibrium. The reasons why chemical equilibrium can be assumed for entrained-bed
gasification are (i) the high operating temperatures characteristic of this process, and (ii)
the very fine particle size of the feed. Both of these features would produce reaction rates
that would be significantly higher than for other types of biomass gasification systems.
The technology that has been selected for modeling purposes is the Shell gasifier, a near-
commercial, "second-generation”, dry feed, entrained-bed gasifier developed for coal that

could probably be adapted for biomass.

The gasification step was modeled as an adiabatic, constant pressure process

(constant enthalpy). Therefore, the exit temperature is one of the variables determined
by the equilibrium calculations, and depends on parameters such as the amount of oxygen
or steam added, and the moisture content of the feed. The inputs that are required for the
equilibrium model are (i) the relative atom populations, (ii) the enthalpy of the combined

feed (J/kg) (iii) the gasification pressure, and (iv) the compounds present at equilibrium.

3A.2 Wood Enthalpy Calculations
The first step is to estimate the enthalpy of the wood based on its dry elemental

composition (CH,0,) and its heating value. Consider the complete combustion of wood

with a stoichiometric quantity of oxygen:

CH,O, + [1+(x/2-9)2]0; = CO, + [/2]H;0y, (3A-1)
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By definition, the enthalpy of combustion (H,) of a fuel is the difference between the
enthalpy of the products (#,) and the enthalpy of the reactants (H,) at a given reaction

temperature (7,) and pressure:
H.=H/(T,) - HAT,) (3A-2)

The higher heating value (HHV) is a positive number equal to the magnitude of H_ when
the product water is assumed to be in the liquid state.] If we set the reaction
temperature equal to the reference temperature (7, = 298.15 K) then the enthalpy values
in equation (3A-2) cormrespond to the enthalpies of formation, which simplifies

calculations.* Therefore, we have:
HHV = -H, = H{T ) - HP(TO) (3A-3)

Since the heating values of wood are tabulated, and H(T,) is easily calculated using
standard heats of formation for CO, and H,0, we can determine the heat of formation of

wood by rearranging equation (3A-3):

! The lower heating value assumes that the product water is in the vapor phase.

2 The enthalpy of a substance is the sum of the enthalpy of formation (h}) and the
sensible enthalpy (which are both functions of temperature and pressure). Since enthalpy
is not an absolute quatitity, it is always measured relative to some reference state, usually
T, = 298.15 K and P, = 1 atmosphere. Pure substances (Cisp Oy, Ny, Hy, etc.) are
defined to have enthalpies of formation of zero, and the enthalpies of formation of all
other compounds are measured relative to these compounds (i.e. how much enthalpy must
be added or removed at a given T and p when a compound is formed from these pure
substances). For example, when 1 kmole of carbon is combined with 2 kmoles hydrogen
to form 1 kmole of methane at T, and P,, 74.85 MJ must be removed (i.e. K7 perhane = -
74.85 M/kmol). For simplicity, the sensible enthalpy of any substance is often defined
to be zero at T, and P, (as is done here), and increases with temperature. For example,
the sensible enthalpy of methane at 1000 K is approximately 38.2 MJ/kmol. For ideal
gases, enthalpy is a function of temperature only.

103



Ryan E. Katafsky

HS oo = HAT,) = HHV,p0q + H(T,) (3A-4)

WO

" Since higher heating values are usually given per unit weight of fuel, a molecular
weight for the empirical formula of dry wood given in Equation (3A-1) can be
computed and used to normalize the enthalpy of the combustion products per unit mass

of wood fuel:

MW = 12.011(1) + 1.0079(x) + 16(y) (3A-5)
then: h(T,) = H( T /MW (3A-6)
Now, the enthalpy of formation of wood on a unit mass basis is:

% wood = Pood To) = HHV.yp0q + B(T,) (BA-T)

To illustrate, consider the following example. The relevant properties for dry wood are

given in Table 3A-1. Equation (3A-1) becomes:.
CH, 5,045 + 1.42 0, = CO, + 0.76 H,0y,
The enthalpy of the products at the reference temperature is:

Hp(298) = (1)(-393,520) + (0.76)(-285,830)

3 This is not a true molecular weight since biomass has no simple chemical structure.
Rather this is the empirical molecular weight based on 1 kmole of carbon.
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Table 3A-1: Wood properties needed for enthalpy calculations

Element Ultimate Analysis  Relative atom
(weight %) population

C 48.51 1.0

H 6.17 1.5157
8] 44.22 0.6843
N 0.12 0.0021
S 0.04 0.0003
Ash 0.94 -
Moisture content (%) 10.49

HHV (MJ/kg dry wood) 19.28

Moalecular weight (kg/kmole) 24.53

Dividing by the molecular weight, we get:

h,(298) = -24,876 kl/fkg dry wood

Finally, according to equation (3A-7), the enthalpy of formation of wood is:

© wood = 19,280 + -24,876 = -5,596 kl/kg*

3A.3 Combined Feed Enthalpy Calculations

Now that the enthalpy of formation of the wood is known,

it is possible to add the

enthalpy contributions of the other inputs to the gasifier and compute an overall enthalpy

for the gasifier feed. The overall C:H:O ratio must also be calculated. It is important to

make certain that the enthalpy values used for all feeds are based on the same reference

temperature, For the purposes of this model, the following assumptions about the

remaining inputs were made:

4 For comparison, the standard heat of formation of cellulose is -3,959 kJ/kg (Walsh,

1991).
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« Steam added to the gasifier has the ideal gas enthalpy of water vapor at 500 K.

s Oxygen added to the gasifier is an ideal gas at 298 K.

« The biomass is fed at 398 K (the assumed exit temperature of the drier).

Because the biomass is fed at 398 K it is necessary to estimate the sensible -enthalpy -of

the wood. The specific heat of dry wood was taken to be 1.4 kJ/kg-K (Jenkins, 1989).
Therefore, the enthalpy of the dry wood feed (in ki/kg) is:

Broood = Hooa + (1:4)(100)

wood

Any moisture that remains in the feed must also be included in the overall enthalpy
balance. The enthalpy used was for saturated liquid water at 398 K. Therefore, for one

kilogram of dry wood, the total enthalpy of the combined feed is:

l*hwoad + mmoisrurehmoisture * Myroam hs:eam + moxhax (3A-8
hfeed = 1 -8)
+ Mooisture + Msteam Moy
where: Mo ure = amount of moisture per kg dry wood
M = amount of steam per kg dry wood

m,, = amount of oxygen per kg dry wood

h

moisture

= enthalpy of ideal gas water vapor @ 500 K = -13,038.2 kl/kg

= enthalpy of liquid water @ 398 K = -15,509.3 ki/kg

h

sleam

h,, = enthalpy of oxygen @ 298 K = 0 k¥kg

As mentioned above, the model assumes that gasification takes place adiabatically and at

constant pressure. Under these conditions, the enthalpy of an open system is conserved,
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and since mass is also conserved, the specific enthalpy of the products equals the specific

enthalpy if the reactants, that is:
B(T) = hpeeg (3A-9)

where: ~ hy,=the specific enthalpy of the products present at equilibrium.

T, = the equilibrium temperature.

For example, if the wood in Table 3A-1 is combined with 0.45 kg Oy/kg dry wood
and 0.03 kg steam/kg dry wood, then the enthalpy of the feed is -4,832.49 kl/kg and the
relative C:H:O:N:S populations are 1 : 1.93 : 1.59 : 0.002 : 0.0003.

3A.4 Equilibrium Calculations

The final step is to use this information to calculate the equilibrium composition. This
was carried out using STANJA I® a PC-based chemical equilibrium solver developed at
Stanford University (Stanford University, 1987). In addition to the assumption of
adiabatic operation, it was also assumed that carbon conversion to gas was 100% and that
the following species would be present at equilibrium: H,, CO, CO,, CH,, H,0, and N,
(sulfur is neglected), both of which are consistent with operating experience with
entrained-flow gasifiers (Synthetic Fuels Associates, 1983; OPPA, 1990). The pressure
was 2.43 MPa (24 atmospheres), the operating pressure of the Shell gasifier (Synthetic

Fuels Associates, 1983).

Table 3A-2 gives both the STANJAN output and the overall energy balances for
the gasifier under the above operating conditions. Using the STANJAN output it is then
possible to calculate the overall gas yield since it provides information on the total

number of kmoles of gas produced for the atom populations given (in the column titled
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"mols*" in the STANJAN output). In this particular case we know the kmoles of gas
produced per kmole of carbon (1.964), and we can convert this to the volume of gas
produced per kg of dry wood by multiplying by the number of kmoles of carbon per kg
of dry wood (0.0408). Therefore, the total gas yield is 80.13 kmol/dry tonne, and on a

dry gas basis, it is 65.45 kmol/dry tonne.
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Table 3A-2: Sample STANJAN® output and calculated gasifier operating characteristics
for entrained-bed gasification of biomass.

STANJAN® Qutput
Independent relative element
atom population potential
C 1.0000C000E+0Q0Q -4.4785
H 1.93411800E+00 ~8.1534
0 1.58985500E+00 -29.5218
N 2.12200000E-03 -15.0218
Composition at T = 1357.83 K P = 2.400E+01 atmospheres
species mol fraction mol fraction mass fraction nols®
in the phase in mixture in mixture
Phase 1: molal mass = 20.075 kg/kmol )
H2 .30667E+00 .30667E+00 .30798E-01 6.02321E-01
co .39039E+00 .39039E+00 .54472E+00 7.66744E-01
coz .11773E+00 .11773E+00 .25810E+00 2.31221E-01
CH4 .10360E-02 .10360E-02 .B2791E-03 2.03469E-03
H20 .18364E+00 .18364E+00 .16480E+00 3.60669E-01
- N2 : .54021E-03 .54021E-03 .753B5E-03 1.06100E-03

* gpecies mols for the atom populations in mols.

Mixture properties: molal mass = 20.075 kg/kmol
T = 1357.83 K P = 2.431BE+06 Pa V = 2.3126E-01 m**3/ky
U =-5.3949E+06 J/kg H =-4.8325E+06 J/kg S = 1.0615E+04 J/kg-X
Made 6 {T,P) iterations; 36 equilibrium iterationms; v 3.52 IBM-PC

Overall Gesifier Performance

Overall C:H:O ratio 1:1.93:1.59
Exit Temperature (°C) 1085
Gas Composition (mole %)
H, 30.67
co 39.04
Co, 11.77
CH, 0.10
H,0 1836
N, 0.05
Wet gas HHV (Ml/kg) 10.33
Gas yield (dry kmole/tonne dry feed) 65.45
Cold Gas efficiency” (%) 853

(a) Defined as the higher heating value of the gas divided by the higher heating value of the feed.
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Chapter 4: Gas Processing Technology: Fundamental and Practical
Considerations

4.1 Introduction

This chapter focusses on analyzing the steps involved in processing the gas produced by
biomass gasification, to determine the most suitable operating conditions for the various
unit operations. Many of the processes are readily adaptable from natural gas- or coal-
based systems or other commercial processes. Advanced technologies that are being
developed primarily for natural gas-based processes are also considered, in order to
determine if they may be suitable for biomass. The findings of this chapter form the

basis for the computer models described in Chapter 5, and the subsequent analysis in

Chapter 6.

4.2 Basic Process Configurations for Producing Fluid Fuels freom Biomass

Hydrogen and methanol can be produced from biomass using similar processing steps, all
of which are commercially available except for the gasifier (Figure 4-1). In both cases,
fuel production begins with thermochemical conversion (gasification) of the feedstock.
Before the product gas can be processed into hydrogen or methanol it must be cleaned
“of impurities (particulates, tars and oils, sulfur compounds, and alkali metals) to prevent
the fouling or blocking of downstream processing units and the poisoning of certain
catalysts (mainly by sulfur). This is accomplished in three steps. First, a cyclone
separator removes most of the entrained particulate matter. Second, a direct contact water
quench is used to remove smaller particulates, condensable hydrocarbons, alkali
compounds, and if present, ammonia (which dissolves readily in water).! If necessary,

fabric filters can be used for a high degree of removal of very fine (sub-micron)

1 Waste water treatment is an important issue, but will not be discussed in this thesis.
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particulates. Finally, any sulfur in the gas is removed via chemical adsorption on a zinc-

oxide guard bed.

Since most biomass gasifiers produce significant quantities of methane and small
amounts of other light hydrocarbons, the next step is to reform these compounds, so that

most of the chemical energy is in the form of CO and H,? The methane-steam

reforming reaction is:

CH, + H,0 © CO + 3H, AR® = +206 MJ/kmol  (4-1)

This step is highly endothermic, and acceptable methane conversion is achieved only at
relatively high temperatures (>800°C). Therefore, some energy must be consumed in the
form of a fuel gas that is used to supply heat to the reformer. The resulting synthesis gas

is then sent to a shiff reactor that converts CO to H, via the water-gas shift reaction:

CO + H,0 & CO, + H, AR® = -41 MVkmol  (4-2)

Since it is exothermic, the shift reaction proceeds nearly to completion at low
temperatures, and modern catalysts are active as low as 200°C. Following the shift
reaction the processing steps differ for hydrogen and methanol production, and each will

be described separately.

2 On a molar basis, methane and other light hydrocarbons typically account for 10-
2500 of the combustible components of the gases produced by most biomass gasifiers (the
balance is CO and H,). While this may not seem to be very significant, the heating value
of methane on a molar basis is roughly 3 times that of either H, or CO, so that methane
and light hydrocarbons actually account for approximately 25-50% of the energy content

of the product gases.
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4.2.1 Methanol Production

In methanol production, if necessary, a shift reactor is used to adjust the H,:CO ratio to
slightly greater than 2:1, the ratio required for methanol synthesis. After the shift reactor,
most of the carbon dioxide and all the remaining moisture are.removed in a physical
separation step and the makeup gas is sent to the methanol synthesis loop. The main

methanol synthesis reactions are:

CO + 2H, ¢ CH,;0H AR° = -91 MJ/kmol  (4-3)
CO, + 3H, & CH,0H + H,0  Ah®=-50 Ml/kmol  (4-4)

Like the shift reaction, methanol synthesis is exothermic, and modern catalysts allow the
reactions to proceed at temperatures in the 250-270°C range. A crude methanol product
is condensed out by cooling the product gas of the methanol synthesis reactor, and is then

sent to a distillation column for purification to fuel grade methanol.?

4.2.2 Hydrogen Production

To produce hydrogen, the shift reactor is used to convert as much of the CO as possible.
The gas mixture is then cooled, condensing out most of the remaining moisture. The gas,
now approximately 60% hydrogen by volume (the rest being mainly CO,), is sent to a
pressure swing adsorption (PSA) unit that physically separates the hydrogen using
molecular sieves. PSA technology exploits the ability of porous materials to trap certain
molecules and allow others to pass though unadsorbed. Nearly all the hydrogen is
recovered at a purity as high as 99.999%. The hydrogen is then compressed to 7.5 MPa
for storage or pipeline transmission. It is also possible to recover hydrogen using several

other technologies, but PSA systems produce by far the highest purity H,, and at the same

3 At this stage the methanol contains water and other impurities such as dissolved
gases and higher alcohols formed in the synthesis reactor.
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time are cost competitive (van Weenen and Tielrooy, 1983). Moreover, the polymer
electrolyte membrane (PEM) fuel cell, the leading candidate for automotive applications,
is sensitive to impurities (mainly CO), so that the high purity hydrogen from PSA systems

is a definite advantage.

4.3 Some General Considerations for Chemical Reactors

Two important factors must always be considered when designing or modeling chemical
reactors: carbon deposition and catalyst activity. Along with temperature and pressure
constraints they play large parts in determining the practical limits of a reactor’s operating
conditions. Therefore, in modeling methanol and hydrogen production from biomass, it
is essential to remain within the boundaries set by these two factors, even though, in

theory, more favorable operating conditions may exist.

o

3.1 Carben Depgosition
Carbon depositio ust always be considered in processes that involve
hydrocarbons. Coking should be avoided because it reduces the effectiveness of catalysts
by blocking active sites and can also clog reactors and foul heat exchangers. Coking also

contributes to a small loss of carbon, which lowers overall efficiency. There are three

main reactions that can cause carbon deposition:

CH, & C, + 2H, Ab° = +74.93 Ml/kmol CH, (4-5)
2C0 & Cyg + CO, AR° = -172.6 Ml/kmol Cy (4-6)
CO +Hy © Cyy + H;0  A° = -131.4 MI/kmol C @7

Reaction (4-5) is the thermal cracking of methane, (4-6) is the Boudouard reaction, and
(4-7) is the reverse of the char-steam reaction (char gasification). Considering these

reactions as a system, they suggest that excess amounts of steam, carbon dioxide and
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hydrogen will help prevent coking, which is indeed the case. In fact, coking is rarely a
problem in shift reactors due to the abundance of hydrogen and typically large
steam-carbon ratios (Probstein and Hicks, 1982). Since Reactions (4-6) and (4-7) are
exothermic, carbon formation from these reactions is reduced at higher temperatures,
which is partially offset by the tendency of methane to thermally decompose at higher
temperatures. Equilibrium modeling of the six compounds in Reactions (4-5)-(4-7) is
given in Figure 4-2 for a pressure of 10 atmospheres and several different C:H:O ratios,
some of which correspond to typical values at various stages of hydrogen production. As
expected, the figure shows that carbon deposition decreases with increasing temperature

as well as with decreasing C:H and C:O ratios.

Although equilibrium calculations are useful for determining the qualitative effects
of different parameters on carbon deposition, practical experience has shown that kinetic
factors are more important. For example, steam has been found to be more effective than
CO, at preventing coking. This is due to the fact that the Boudouard reaction (4-6)
proceeds much more slowly than the char-steam reaction (4-7). For this reason, and since
steam is often a reactant in the system and is more readily available than CO,, in practice
steam addition is the preferred method of preventing carbon deposition. Overall, carbon
deposition has been found to be considerably less likely than what is predicted by
equilibrium calculations alone (Probstein and Hicks, 1982). Instead, equilibrium might

be used as a good conservative guideline for selecting steam:carbon ratios, although using

too much steam would be wasteful.

The steam:carbon ratio will vary from one reactor type to another, and will depend

on factors such as the operating conditions, the feed gas composition”' and the

4 For example, the feed may contain significant quantities of CO, and/or H,, as is the
case with the product gases from some biomass gasifiers.
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predisposition of a particular catalyst to promote carbon deposition. With regards to the
latter, certain types of coking can be caused by catalyzed reactions that form
"polyaromatic coke" by polymerization and dehydrogenation of the feed (Probstein and
Hicks, 1982). For example, Short (1989) reported that good temperature control allowed
the use of a copper-based shift catalyst instead of an iron-based catalyst at an ammonia
synthesis ptant. The new catalyst was able to operate at lower a steam:carbon ratio,
which reduced overall energy consumption. As another example, Haldor Topsoe, a
Danish company, used sulfur to partially poison a nickel-based reforming catalyst, thereby
blocking its ability to catalyze carbon formation. In so doing they were able to operate
the reformer in a thermodynamic regime in which carbon formation would normally be
expected. This method required a highly active catalyst, since partial poisoning also
reduced the ability of the catalyst to promote the methane-steam reforming reaction

(Dibbern, et al., 1986).

4.3.2 Catalyst Activity
Except for the gasification step, all chemical reactions in the production of hydrogen and
methanol rely on catalysts. For exothermic reactions, which are favored at lower
temperatures, it is the catalyst that will determine the lowest practical operating
temperature. Consider, for example, the water-gas shift reaction (4-2) (see Section 4.6
for more details) that is used to produce hydrogen gas from carbon monoxide. Chemical
equilibrium calculations show that lower reaction temperatures more completely shift CO
to H, (see Figure 4-3). Nevertheless, in the absence of a catalyst, the reaction rate would
be so low at these low temperatures that the mixture would be essentially non-reactive.
Thermodynamics only determines what the equilibrium composition would be given the

temperature, pressure and relative atom population of the mixture, but does not provide

any information about the reaction rates and their dependence on variables such as
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temperature, pressure and reactant concentrations. The role of the catalyst is to enhance

the reaction rate(s) of the desired reaction(s) under favorable thermodynamic conditions.’

The limitation imposed by low temperature catalysts is that their activity is also
a function of temperature. Therefore, in the case of the low temperature water-gas shift
reaction, if the reactor temperature drops below about 200°C, the catalyst itself becomes
inactive and the reaction stops, even though hydrogen formation is thermodynamically
favored. At higher temperatures the catalyst may be very active but thermodynamics will
favor CO formation so that the rate of the desired reaction is again low. This illustrates
the trade-off between high reaction rates and favorable thermodynamic conditions
characteristic of low temperature reactors. A reactor should be designed to operate in a
regime where the desired reaction is thermodynamically favored and catalyst activity is
high. In such a situation, the driving force of thermodynamics is exploited to the fullest

possible extent given the limitations of the catalyst. Figure 4-4 illustrates this principle

for the Imperial Chemical Industries (ICI) methanol synthesis catalyst. It shows that the
reaction rate of the methanol synthesis reaction peaks at 260°C, but decreases if the
temperature is either lowered (low catalyst activity) or raised (methanol formation is not
thermodynamically favored). Because reactors are designed to be thermodynamically

controlled, they can be modeled using chemical equilibrium calculations. However,

chemical equilibrium should not be applied outside a reactor’s operating regime.

For endothermic reactions such as methane-steam reforming, which are carried out
at high temperatures, catalyst stability is an important concern. Sintering can occur,

which results in a loss of surface area and hence reduces the effectiveness of the catalyst.

> In many cases, the thermodynamics are most favorable under conditions for which
the reaction would proceed slowly or not at all without the aid of a catalyst.
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Materials such as aluminum oxides are often used as inactive support materials for the

active compounds.

4.4 Gas Cleanup Technologies

4.4.1 Cyclone Separators

A cyclone separator is the first step in cleaning a gas of solid impurities, and is capable
of removing solids down to sizes of approximately 5 pm. The dirty gas tangentially
enters a cylindrical or conical vessel so that centrifugal forces push particulates toward
the wall of the chamber. The particles eventually fall to the bottom of the cyclone where
they are removed. The clean gas exits through the top. An advantage of cyclones is that
they are capable of operating at temperatures up to about 1000°C and pressures of 50
MPa and can remove large quantities of entrained solids (i.e. they have a high solids

loading capability) (Probstein and Hicks, 1982).

4.4.
The use of a direct contact water quench (also called a scrubber) is a common method
of removing the smaller solid particles that pass through the cyclone as well as
condensable hydrocarbons. The inlet temperature of the quench should therefore be above
the dew point of these compounds (~400°C) so that they do not condense on any heat
recovery equipment that is upstream of the quench vessel. As a result, only some of the
sensible heat of the gasifier product gas can be recovered. The gases typically exit the
quench step at a relatively low temperature (100°C or lIess) to ensure adequate removal
of condensable compounds. If present, water soluble compounds like ammonia are also

removed. The quench step can also be used to remove low boiling point metals such
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alkali metals, which are present in small quantities in biomass (mainly sodium and

potassiurn).6

The operating principle of a quench vessel is simple. Water is sprayed from the
top and descends through the countercurrently flowing gas, trapping particulates along the
way. The cooling action of the quench causes tars and oils to condense. Water soluble
compounds are dissolved and non-water soluble compounds are simply washed out with
the water. The cool, clean gas, saturated with moisture, exits near the top and the water
is collected at the bottom for recirculation/treatment. A Venturi Scrubber is a specific

type of quench system that is used to remove very fine particles (down to 0.5-1 pm).

Since gases enter the quench at relatively high temperatures, the use of a quench
step precludes the ability to recover all of the waste heat in the gasifier product gas. As
well, the gas must be reheated prior to the reformer or the shift reactors. The resulting
energy penalty reduces the overall efficiency of the process. The penalty is more severe
with pressurized gasification, since at elevated pressures the moisture fraction of the
cooled gas is very low (<5%), necessitating the addition of relatively large amounts of
steamn for reforming or shifting. By comparison, an atmospheric pressure quench
produces a gas with a significant moisture fraction (as high as 50%), which significantly
reduces or even eliminates the need for adding steam downstream of the quench step.
This "free" steam reduces the energy penalty of the quench step, but is in turn partially
offset by the need to compress a relatively large volume of synthesis gas. The energy
penalty is also be less severe when reforming is not required, since it is not necessary to

reheat the synthesis gas to high temperatures.

® ¥f municipal waste were to be gasified, low boiling point metals such as mercury
would be present in the product gas, and would also be removed using a low temperature
quench.
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4.4.3 Sub-micron Particulate Removal

If it is necessary to remove even smaller particles, fabric filters or electrostatic
precipitators (ESPs) can be used. Fabric filters are constructed from fiberglass and
therefore operate at low temperatures and are sensitive to corrosion, but have very high
collection efficiencies (nearly 99.9%),’ even for particle sizes down to 0.1 pm.
Electrostatic precipitators have the advantage that they can be operated at higher
temperatures (300-450°C), but have slightly lower collection efficiencies than fabric filters
(90-99%) (Probstein and Hicks, 1982). As the name implies, ESPs remove particulates
using electrostatic forces. As a result, the collection efficiencies of ESPs are sensitive to

the resistivity of the particles to be removed.

4.4.4 Sulfur Removal

Sulfur, which is usually present as H,8 and COS in syngas, poisons many types of
catalysts by chemically bonding to active sights. Since biomass contains little sulfur
(0.01-0.1 wt%), bulk removal of sulfur-containing compounds is not necessary, and a zinc
oxide (ZnO) guard-bed is sufficient to lower the sulfur concentration below that required
for downstream catalysts (~0.25 pprn).8 Zinc oxide is an inexpensive material which
chemically adsorbs sulfur, and is usually disposed of when it is no longer effective. It
is also possible to use spent reformer catalyst material as a guard bed, since it too readily

adsorbs sulfur (Probstein and Hicks, 1982).

7 The collection efficiency measures the fraction of particles of a given size that is
removed from the gas. Typically, it is lower for smaller particles sizes.

§ For comparison, coal can be up to 5 wt% sulfur, so that it must be removed in two
steps. First, a bulk removal system (see Section 4.8) is used to remove most of the sulfur
compounds, which are then converted to elemental sulfur is a process known as the Claus
Process. Following bulk removal, a ZnO guard bed is used to lower the sulfur level to

acceptable levels.
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4.4.5 Advanced Hot Gas Cleanup Technologies

Two high temperature processes that could be used to clean synthesis gas are under
development. The first process is the catalytic cracking of tars and oils. This process
uses a material such as dolomite (CaMg(COs), -- a common mineral) to aid in the
decomposition of tars and oils. Two examples are the processes being developed by
Studsvik in Sweden and by the Battelle Columbus Laboratory (BCL) in the US
(Waldheim, et al., 1991; Paisley, 1993). Both processes use fluidized bed reactors in
which the bed material is the catalyst. In the Studsvik design, dolomite is the bed
material and air is added to the cracker to maintain a temperature of 800-900°C (the
Studsvik gasifier is an air-blown biomass gasifier). The resulting tar/oil content is s0 low
that the gas can be cooled to 200°C before being cleaned of particulates using
conventional bag filters and a water scrubber. Waldheim, et al. reported that only small
amounts of benzene, toluene and naphthalene remained in the product gas following the
cracker. The BCL system is at a less advanced stage of development, and the nature of
the catalyst has not been disclosed. This system relies entirely on the sensible heat of the
product gas and the exit temperature of the cracker is approximately 800°C. Tar cracking

efficiency has been reported to be as high as 90% (Paisley, 1993).

Another promising technology that is close to commercialization is the use of high
temperature filters to remove particulates and alkali compounds without the need to cool
the gas below the dew point of the tars and oils (Kurkela, et al., 1991; Williams and
Larson, 1992). This would be particularly advantageous for BIG/GT applications, which
would then be able to burn the tars and oils in the gas turbine combustor. Such filters
are similar to the fabric filters described above, but use ceramic fibers or sintered-metal
barriers instead of fiberglass, and operate at temperatures up to 720°C. Kurkela, et al.
studied the use of SiC-based ceramic filters and reported collection efficiencies greater

than 99.8% for a feed with dust particles in the range of 2-7 um. The concentration of
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alkali metals was reduced to less than 0.1 ppm when the filters were operated below
600°C. At these temperatures, alkali metals condense onto particulates, and so can be

removed with filters.

4.5 Methane Reforming

In the presence of a suitable catalyst (usually nickel-based), methane and other light
hydrocarbons are reformed into CO and H, at high temperatures. Methane reforming is
widely carried out by the chemical process industry. It is the first stage in the production
of ammonia, methanol, hydrogen chloride and other chemicals, for which natural gas is

the primary feedstock.

4.5.1 Steam-Methane Reforming

(i) Chemistry

Steam reforming is the most common method of producing a synthesis gas from natural
gas. The widespread use of steam reforming in the chemical process industry has
produced a mature and efficient technology. Methane is reformed by the following highly

endothermic reaction:

CH, + H,0 & CO + 3H, Ah° = +206 MJ/kmol CH, (4-8)

Other light hydrocarbons that may also be present in the synthesis gas, such as ethylene

and ethane, are reformed siijarly:'

CH, + 2H,0 ¢ 2C0 + 4H, AW = +210 Mizkmol CpHly ~ (4-9)
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Since reactions (4-8) to {4-10) are all endothermic, they proceed readily only at relatively
high temperatures. As well, since the total number of moles of gas increases
significantly, reforming is also favored at lower pressures. Nevertheless, economic and
metallurgical considerations place limits on practical operating conditions (see below).
The water-gas shift reaction (4-2) also takes place in reformers, so that CO, is present in

the reformed gas, even if the feed gas is free of CO,.

The product gas from the BCL gasifier is used to illustrate the effects of different
operating conditions on the reformer product gas (reformate) composition. Figure 4-5
shows the effect of temperature for a fixed pressure and steam:hydrocarbon ratio. As can
be seen, temperature strongly affects the equilibrium composition. The methane
concentration falls of fairly quickly until about 1200 K, at which point it constitutes only
about 1% of the gas by volume (wet basis). Methane conversion® is approximately 90%
for natural gas systems, and varies from 60-90% for biomass systems, depending on the
initial methane concentration and the operating pressure. Conversion of other light
hydrocarbons is essentially 100% (Figure 4-6). This should be expected since these larger
molecules are much less chemically stable than methane, and are prone (o decomposition
at elevated temperatures. At temperatures above 1200 K, the reverse of the water-gas
‘shift reaction continues to convert H, to CO, whereas little additional hydrogen is being
produced by the reforming reaction. As a result, the CO concentration continues to rise

with temperature while the CO, and H, concentrations fall.

Pressure has a much less pronounced effect on equilibrium concentrations than

temperature (Figure 4-7). In practice, the economic benefit of operating at elevated

9 Defined as the moles of methane converted divided by the moles of methane in the
feed, not counting the fuel burned to provide the heat for the endothermic reforming

reaction.
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pressures (lower volumetric flows rates and hence a smaller reformer) outweighs the
thermodynamic advantage of lower pressures (Wyman, et al., 1992). For this reason,
reformers typically operate at pressures from 1-3.5 MPa. As well, most other gas
processing steps require high pressures (e.g. pressure swing adsorption, methanol synthesis
and bulk acid gas removal), so that pressurizing the reformer feed is more economical
than pressurizing the reformer product, which has a much higher volumetric flow rate.
Furthermore, there is no energy penalty associated with raising high pressure steam
because the pressurization takes place in the liquid state, and requires almost no additional

work.

Steam is required not only to promote the reforming reactions but also to prevent
carbon formation. Molar steam:carbon ratios of 3-5:1 are typical for commercial steam
reformers operating on natural gas. This steam requirement adds significantly to the
overall heat duty of reforming since not only must a large quantity of steam be raised,
but it must also be heated to the reaction temperature. The modeling of carbon deposition
in Section 4.3 showed that with the synthesis gas from biomass gasification, no carbon
formation occurred at typical reforming temperatures (>1100 K) even though the
steam:carbon ratio was less than 3:1 (and recall that equilibrium estimates of carbon
formation are conservative). The presence of H, and CO, in most gasifier product gases
helps prevent coking so that additional steam is not required. Figure 4-8 shows the effect
of the stearn:carbon ratio on reforming of the BCL gasifier product gas for a temperature
of 1140 K and a pressure of 1.5 MPa. As expected, adding more steam increases the
amount of methane that is reformed, and increases the yield of H, through the

equilibration of the water-gas shift reaction.
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(ii) Reactor Design and Operating Conditions

A typical reformer consists of two main sections (Figure 4-9); a convective heating
section for preheating the feed, and a furnace with an internal tube bundle which contains
the catalyst. The feed is mixed with steam and preheated to approximately 550°C in the
convection section. The mixture then enters the reaction section; an array of tubes packed
with a nickel based catalyst. In this section, the mixture is simultaneously heated to the
reaction temperature and reformed. The heat is provided by the furnace that surrounds
the tube bundle. Due to high peak temperatures in the furnace, heat is transferred
primarily via radiation rather than convection. These severe operating conditions place
stringent materials constraints on the reformer tubes, which are made from high strength
nickel alloys. The tubes have a typical operating life of 3 to 7 years, depending on
reactor conditions (Minet and Olesen, 1980). To increase the energy efficiency of the
reforming step, the flue gases leaving the furnace and the hot reformed gases are used to

preheat the feed in the convection section, to raise steam needed for the reformer feed,

[« 7
-

an reheat air for the furnace section.

Although conventional steam reformers operate at temperatures of up to 1000°C,
a more conservative maximum temperature of 870°C was chosen for the analysis
presented in this thesis, which would increase the tube life. Furthermore, higher
temperatures are not necessarily required. Because shift and methanol synthesis catalysts
are highly selective (i.e. they only catalyze a specific reaction or set of reactions), any
methane leaving the reformer (also known as methane slip or methane breakthrough) is
inert and is recovered in a purge stream from the final processing steps in both hydrogen
and methanol production. This methane constitutes an important component of the fuel

burned in the reformer furnace.'? Therefore, relatively less severe operating conditions

10 fn the model developed here, the residual methane in the purge gas contains
roughly 10% of the energy in the biomass feed on a higher heating value basis.
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can be selected since methane slip is not a major concern. In fact, as will be shown in
Chapter 6, in most cases the heating value of the purge gas is a good match for the heat
duty of the reformer. Nevertheless, too much methane slip results in a high level of inert
compounds in the synthesis gas which has negative effects on the economics of

downstream equipment.

A final practical consideration is that the nickel based reforming catalyst is easily
poisoned by sulfur, so that the reformer feed must have a sulfur content as low as 0.25
ppm. The removal of sulfur down to these low levels was discussed in Section 4.4.4.
An alternative would be to use catalysts that are resistant to sulfur such as sulfided
cobalt/molybdate (Wyman, et al., 1992). However, since other catalysts downstream of
the reformer are also sensitive to sulfur, it makes the most sense to remove any sulfur
before processing the syngas.
4.5.2 Steamn Reforming , Recycling/Addition
A fairly common practice with steam reforming of natural gas is to add CO, to the
reformer feed. The source is usually recycled CO, which has been removed from the
reformate. CO, can also be imported to augment the recycled CO,.!! The motivation
for CO, addition is to lower the Hy:CO ratio of the reformate since steam reforming of

natural gas produces a synthesis gas with hydrogen in excess of that which is needed for

11 An interesting application might be to use natural gas from fields that are
contaminated with CO,, because this gas is not considered suitable for pipeline
transmission (CO, reduces the heating value of the gas). For example, Gas Unie, a utility
in The Netherlands, will not accept natural gas containing more than 3% CO, (Shell,
1990). However, CO, contaminated natural gas may be ideally suited for methanol
production and could also be used for hydrogen production, even if it contained much
higher levels of CO,.
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processes like methanol synthesis or Fischer-Tropsch synthesis.12 H,:CO ratios
produced via steam reforming of natural gas are in excess of 3:1, whereas methanol
synthesis and Fischer-Tropsch chemistry require a ratio closer to 2:1. The alternative to
CO, recycling/addition is usually to purge excess hydrogen and use it as a fuel gas, but
this is not the most economical use of hydrogen, since it could otherwise be used to
manufacture the final product. The mechanism by which CO, affects the H,:CO ratio is
through the equilibration of the water-gas shift reaction (4-2). The CO, reforming
reaction must also be considered, and becomes a more important route for methane

conversion as the concentration of CO, increases relative to that of steam. The reaction

is:

Although CO, recycling is intended for applications where there is excess
hydrogen in the synthesis gas, it may also be beneficial for hydrogen production if, as a
result, less steam was required for reforming (provided that carbon deposition was not a
problem).]3 This could have a positive effect on the overall energy balance of the
system, although the need to raise additional steam for the shift reactors and recompress
the CO, must also be considered, since pressure swing adsorption produces CO, at near
ambient pressure. Overall, a 2-3% increase in thermal efficiency can be expected by
using CO, recycling/addition for natural gas based methanol production (Kuo, 1991) (see

also Chapter 6).

12 Fischer-Tropsch synthesis is the name for a group of processes that are used to
produce liquid hydrocarbon fuels (such as gasoline) from syngas.

13 Since CO, does help inhibit carbon formation, it is possible to reduce the
steam:carbon ratio to approximately 2:1 with sufficient CO, recycling (Goff and Wang,
1987; Riensche and Fedders, 1991).
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Unlike steam reforming of natural gas, biomass gasification often produces a
synthesis gas that is hydrogen deficient,!* requiring that some CO be converted in a
shift reactor to raise the H,:CO ratio prior to methanol synthesis (see Section 4.2). Under
hydrogen deficient conditions, CO, recycling would produce the opposite effect and
simply increase the amount of synthesis gas that must be sent to the shift reactor.
Therefore, for biomass systems CO, recycling should only be considered if there is excess
hydrogen in the makeup gas entering the methanol synthesis loop or if it is possible to

improve the energy balances of the overall processes.

4.5.3 Alternatives to Steam Reforming

Although steam reforming is the most common method of producing a synthesis gas from
natural gas or other feedstocks, there are other processes that may be well suited to
biomass-based synthesis gas processing. Some are commercially available while others

are still under development.

(i) Partial Oxidation

Partial oxidation takes place at higher temperatures than steam reforming. As the name
suggests, the feed is burned in an oxygen deficient environment, but at sufficiently high
temperatures to convert the feed into a synthesis gas. For methane, the stoichiometric

partial oxidation reaction is:

CH, + 1120, = CO + 2H, AR = -35.7 MI/kmol (4-12)

14 For example, the reformed synthesis gas from the IGT gasifier has a H,:CO ratio
of 1.59, whereas that of the BCL gasifier is approximately 1.78. For the entrained-bed
gasifier using biomass, the gasifier produces a gas with H,:CO = 0.78. The exceptions
are the WM and MTCI gasifiers which produce gases with some excess hydrogen.
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Non-catalytic partial oxidation of natural gas takes place at temperatures in excess of
1000°C, and industry experience has shown that peak temperatures of 1400-1600°C are
generally required (Cheng and Saini, 1993). Under these conditions, temperature alone
is sufficient to convert methane to a synthesis gas. Although in theory only 0.5 moles
of O, are required per mole of CH,, in practice, 40-50% more is required to maintain
sufficiently high temperatures, which increases costs considerably if pure oxygen is used
instead or air (Solbakken, 1991). The need for excess O, is largely due to the stability

of the methane molecule.

This process is interesting and potentially advantageous for methanol production
because it can operate at high pressures and produces a syngas with a H,:CO ratio close
to 2:1. The reactor is simpler and less expensive than a steam reformer, since neither a
catalyst nor high temperature reformer tubes are required. Carbon formation from the
thermal cracking of methane does occur, but it is not a major problem since there is no
catalyst to become deactivated. The carbon is removed by periodically cleaning the

reactor.

Partial oxidation also proceeds at lower temperatures with the aid of a catalyst,
‘which reduces the amount of oxygen required. Traditional catalysts are nickel based, but
more recently, researchers at Oxford University have found that high conversion rates are
possible over mixed metal oxides of ruthenium at temperatures as low as 775°C (Vernon,
et al., 1990; Haggin, 1990). The one drawback to this lower temperature catalyst is that
methane conversion decreases substantially at elevated pressures so that good conversion
at high pressures requires temperatures characteristic of commercial processes (Vernon,
et al., 1990). For these processes, the mechanism of syngas generation is assumed to be,
(i) the complete oxidation of part of the feed to CO, and H,0, and then (ii) the non-

catalytic reforming of the remaining feedstock via Reactions (4-8) and (4-11).
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More recently the use of platinum and rhodium as partial oxidation catalysts was
reported by Hickman and Schmidt (1993). Using air, they were able to achieve near
complete conversion of methane with very high selectivities for CO and H, (>90%)">
at tcmpératures of 850-1150°C. An interesting characteristic of their process is that gas-
catalyst contact times are on the order of 10 milliseconds, much shorter than most
reactors, which have residence times on the order of 1 second. If commercialized, this
would enable the use of a much smaller reactor for the same throughput as conventional
units. However, the kinetics of this system differ from those described above. The
reaction between methane and oxygen in this system is such that if there were any
hydrogen in the feed, the oxygen would react preferentially with this hydrogen since this
H,-0, reaction is must faster than the CH,-0, reaction (Hickman, 1993). Asa result the
partial oxidation of methane would be suppressed or stopped altogether. Therefore, this

particular process, although promising for natural gas, is not suitable for use with the

product gas of biomass gasification.

(ii) Catalytic Autothermal Reforming

Catalytic autothermal reforming (CAR) is a commercially available technology that
combines steam reforming with partial oxidation. As with partial oxidation, CAR of
natural gas is of interest because it produces a synthesis gas with a lower H,:CO ratio
than conventional steam-methane reforming. In CAR, only part of the feed is oxidized,
enough to supply the necessary heat to reform the remaining feedstock. Partial oxidation
of the feed gas directly supplies the heat that drives the endothermic reforming reactions,
eliminating the need for a separate fuel gas stream and furnace. A catalytic autothermal

reformer consists of two sections (Figure 4-10). In the burner section, some of the

15 Selectivity refers to the ability of a catalyst to favor one product over another,
whereas conversion refers to the fraction of the feed that is consumed. For generating a
syngas, high selectivity to CO and H, is desirable. A low selectivity would mean that
compounds such as CO, or H,0 were also formed.
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preheated feed/steam mixture is burned with air or oxygen to produce CO, and Hl,O.16
The balance of the feed is then fed to the reactor and the entire mixture passes through
the reforming section that contains the nickel-based catalyst. The elimination of the
reformer tubes allows operation at higher temperatures and pressures than conventional
steam reforming. Temperatures 900-1000°C are typical for commercial catalytic
autothermal reformers. (Hydrocarbon Processing, 1984). The pressure is determined by

downstream processing pressure requirements.

The higher temperature of CAR compared to conventional steam reforming means
that less steam is required.!” With no CO, recycling, steam:carbon ratios of 2-2.5:1 are
typical for 100% natural gas feedstocks. With full CO, recycling, this ratio can be
lowered to 1.5:1 (Goff and Wang, 1987). Since all biomass gasifiers produce a gas that
contains some CO,, steam:hydrocarbon ratios approaching 1.5:1 will likely be sufficient
to prevent coking. Figure 4-11 shows the equilibrium composition as a function of

‘hydrocarbon ratio for the IGT gasifier. The temperature is fixed at 1000°C by

7]
3
D
)
3
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adjusting the amount of oxygen in the feed. Although the concentrations of H, and CO
fall as more and more steam is added (the product gas becomes more diluted with H,0),
the net production of CO+H, per mole of methane, is essentially constant for the range
of steam:hydrocarbon ratios shown in Figure 4-11. For a steam:hydrocarbon ratio of 2:1,
the composition as a function of temperature is given in Figure 4-12. Note that most of
the methane is converted with the need to raise considerably less steam when compared

to conventional steam reforming. While this may have a positive impact on the overall

16 Air would be used if nitrogen containing compounds (such as ammonia) were the
desired end-products. Oxygen would be used in cases where nitrogen dilution is not
desirable.

17 Higher temperatures reduce the tendency of carbon formation and some H,O is
produced during partial oxidation.
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energy balance of the system, a consequence will be that more steam will have to be
raised for the shift reactors. Net synthesis gas production (CO+H,) is plotted as a
function of temperature and compared to conventional reforming in Figure 4-13. At
typical operating conditions, steam reforming of the gasifier product gas does produce
considerably more synthesis gas, but requires roughly 2.5 times the quantity of steam.
Therefore, in order to determine which reforming process is most appropriate, it is

necessary to evaluate the entire fuel production process.

In addition to thermodynamics, a key consideration when selecting the syngas
generation technology is economic. Since autothermal reforming does not require
expensive reformer tubes or a separate furnace, capital costs are typically 50-60% less
than conventional steam reforming, excluding the cost of oxygen separation (Goff and
Wang, 1987). This option could therefore be attractive for facilities that already require
oxygen for biomass gasification. Indirectly heated gasifiers are therefore not likely
candidates for this option.
(iii) Carbon Dioxide Reforming
In this process, CO, completely replaces steam as the oxidizing agent, resulting in a
syngas with a very low H;:CO ratio.® Experiments using natural gas or methane

feedstocks have examined a variety of catalysts and operating conditions. Research has

shown that carbon formation can be avoided with a CO,:CH, ratio of at least 1.1:1 in the

18 Interest in this option is motivated in part by closed-loop chemical heatpipe
technology, where a thermal energy source such as solar or nuclear energy is used to
drive the endothermic carbon dioxide reforming reaction (4-11). The reformed gases are
then transported to the end-use site where the exothermic reverse reaction (methanation)
provides heat (Fish and Hawn, 1987: Ashcroft et al, 1990; Dostrovsky, 1991). Several
laboratory scale experiments have yielded promising results and a 400 kW solar powered
pilot plant is being constructed at the Weizmann Institute of Science in Rehovot, Israel

(Dostrovsky, 1991).
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feed and an H,:CO ratio approaching 1:1 in the product gas (Fish and Hawn, 1987).
These tests were conducted at pressures of 2-3 MPa and temperatures up to 1050 K.
Researchers at Oxford University have also successfully used CO, as the oxidizing agent
for natural gas reforming (Ashcroft et al., 1990). Under stoichiometric conditions, they

achieved H, and CO yields of 90%!? at 1050 K and atmospheric pressure.

Another option combines CO, reforming with partial oxidation in a process similar
to CAR (Ashcroft et al., 1990). As in CAR, some of the feed is burned to provide the
heat directly for the catalyzed CO, reforming reaction. In such a system, CO, actually
becomes the primary feedstock. As with steam reforming with CO, recycling, this option
may be well suited to CO, contaminated natural gas. Using methane as the feed,
Ashcroft, et al. were able to achieve CH, and CO, conversion of approximately 90% at
1050 K and 1 atm over an iridium catalyst with a CH4:0,:CO, ratio of 4:1:9. These
experiments were carried out in silica tubes, which the authors suggested was vital to

carbon free operation. An alternative would be to use additional CO,, which was also

found to effectively inhibit carbon formation in conventional reformer tubing.

Since CO, reforming of the product gas from biomass gasification would produce
a gas with a very low H,:CO ratio, it is doubtful that much benefit could be derived from
using this technology for hydrogen production. However, an interesting application might
be to combine different types of CO, reforming options with hydrogen angmentation for
methanol synthesis. In such a scheme, the shift reactor is eliminated and the H,:CO ratio
is adjusted by adding hydrogen that has been produced in an electrolyzer. The result is

a suitable makeup gas with considerably more CO than before, resulting in a substantial

19 Hydrogen yield was defined as the moles of hydrogen in the products divided by
twice the moles of methane in the feed. Similarly, CO yield was defined as the moles
of CO in the products divided by the moles of (CH+CO;) in the feed.
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increase in the yield of methanol for the same gasifier throughput. Using an electrolyzer
also has the added benefit of producing a separate stream of pure oxygen that can be used
in gasification and/or autothermal reforming. This would help offset the added capital
cost of installing the electrolyzer by reducing or eliminating the need for cryogenic
oxygen separation. One source of electricity could be excess production from wind or
PV power that would otherwise be wasted. This option would improve the utilization of

biomass and reduce spillage from intermittent renewable energy sources.

4.6 The Water-Gas Shift Reaction

As mentioned earlier, the water-gas shift reaction (4-2) is used to convert CO into H,.
Due to high catalyst selectivity, all gases except those involved in the water-gas shift
reaction are inert. The degree to which the shift reaction is used to convert CO to H,
depends on the desired end-product. If hydrogen is the final product then as much CO
as possible is shifted. For methanol synthesis, the shift reactor is used to increase the
if necessary. Since the shift reaction is exothermic, higher conversion levels
are achieved at lower temperatures. The reaction is independent of pressure, but most

shift reactors operate at clevated pressures to accommodate both upstream and

downstream pressure requirements.

Shift reactors have a much simpler design than reformers because they operate at
Jower temperatures and do not require external heating. Typically, the catalyst is
contained in multiple fixed-beds. Shift reactors can be either adiabatic or isothermal. In
adiabatic reactors, the temperature rises as the reaction proceeds towards equilibrium.
Isothermal reactors are externally cooled to maintain an even temperature throughout the
unit. The choice of which type to use depends primarily on the application. To prevent
coking problems and to ensure good conversion, steam is usually added to the feed gas

to maintain a steam:carbon ratio of at least 3:1.
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In the case of hydrogen production, where essentially complete conversion of CO
to H, is desired, two shift reactors are used. The first, high temperature, reactor operates
in the 350-475°C range, which is based on the catalyst’s temperature requirements. This
reactor gives relatively low conversion rates but high reaction rates due to the Kinetic
effect of high temperature operation on catalyst activity. Since precise temperature
control is not a major concern in the first stage, the high temperature reactor is usuaily
an adiabatic unit. The second reactor is a low temperature unit operating in the 200-
250°C range. Most of the remaining CO is converted, but at a slower rate than the first
stage. Since precise temperature control is needed to maintain catalyst activity, the
second reactor is typically isothermal. For methanol synthesis, a single, high temperature

reactor is sufficient to tune the H2:CO ratio to the desired level.

The BCL product gas is again used to illustrate the thermodynamic behavior of
shift reactors. As can be seen from Figure 4-14, CO conversion is nearly complete at
227°C (500 K), the operating temperature of the low temperature shift reactor used in the
simulations in Chapter 6. At this temperature, the CO concentration is approximately

0.5% on a dry basis.

Catalysts for the high temperature reactors are iron oxide-chromium oxide
catalysts. The low temperature reactor uses a zinc oxide-copper oxide catalyst, which is
prone to deactivation by sulfur. Ata reaction pressure of 3 MPa, shift catalysts can be
expected to last 1-3 years (Probstein and Hicks, 1982). Due to their simple design, shift

reactors are low capital cost items, especiaily when compared to reformers or methanol

synthesis units.

134



Chapter 4: Gas Processing Technology...

4.7 Methanol Synthesis
4.7.1 General Process Description

As with many of the technologies discussed in this chapter, methanol synthesis is a well
established commercial process. Several different types of reactors are available, with the

two most widely used discussed below. Methanol is produced from syngas via the

following two reactions:

CO + 2H, <> CH,0H AR® = -90.7 MV/kmol (4-13)
CO, + 3H, <> CH;0H + H,0 AR® = -49.5 MI/kmol (4-14)

By far, (4-13) is the primary methanol synthesis reaction. Since (4-14) results in the loss
of some of the hydrogen as water, under ideal circumstances there would be no CO; in
the feed. However, it is well established that a small amount of CO, in the feed (1-2%)
acts as a promoter of the primary methanol synthesis reaction and helps maintain catalyst

activity (Klier, 1982).

Although modern methanol synthesis catalysts are highly selective, some side

reactions are possible, primarily:

2CH,0H < CH;0CH, + H,0 (dimethyl-ether) (4-15)
CO + H, & CH,0 (formaldehyde) (4-16)
2nH, + nCO & C H,, ,OH + (n-1)H,0 (higher alcohols) “4-17)

The formation of these species is limited by the selectivity of the catalyst as well as the
by the kinetic factors that predominate at typical methanol synthesis temperatures (240-
270°C) (Rogerson, 1984). 1In practice, to produce fuel grade methanol, water,

hydrocarbon impurities and dissolved gases must be removed in a final distillation step.
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Since methanol synthesis is exothermic, it is favored at lower temperatures, and
as with shift reactors, a balance must be struck between thermodynamic and kinetic
factors. Catalyst activity drops off sharply below about 230°C (see Figure 4-4), placing
a lower limit on practical operating temperatures. Typically, one would exploit the
thermodynamic advantages of lower temperatures when the catalyst is fresh, and gradually

raise the temperature as catalyst activity declines with age (Mansfield, 1991).

The temperature constraints of methanol synthesis catalysts results in a
thermodynamically limited process, and only a portion of tfle CO in the feed gas is
converted to methanol in one pass through the reactor. Figure 4-15 shows the one pass
(no recycling) equilibrium concentrations for the major components of the makeup gas
of the BCL gasifier (CH, has been omitted for clarity). In practice, the synthesis product
gas is cooled to condense most of the methanol and the bulk of the remaining gas is

recycled back to the synthesis unit to increase overall carbon conversion (Figure 4-16).

A purge stream is use . recycle loop that would
otherwise build up to excessive levels. This purge stream is used elsewhere in the
process as a fuel gas to provide process heat (i.e. in the reformer) or to produce power,
if no high temperature process heat is required. Typically, the molar recycle ratio
(recycle feed/makeup feed) s between 4-6, which gives an overall carbon conversion rate
in excess of 98%. The main drawback of requiring a recycle loop is that it substantially

increases the size (and hence cost) of methanol synthesis reactors. There is also the need

for auxilliary equipment such as a recycle compressor, which further increases costs.

Reactions (4-13) and (4-14) also indicate that methanol synthesis is favored by
higher pressures. In fact, commercial processes do use relatively high pressures to help
offset the temperature constraints imposed by catalysts. Before the introduction of low

ternperature catalysts (230-270°C) in the 1960s, methanol synthesis was carried out at
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pressures between 30-40 MPa and temperatures of 350-450°C. Today, pressures of 5-10
MPa are typical of the so-called low-pressure methanol synthesis processes. At pressures
above 5 MPa the conversion of CO to methanol is nearly complete (with recycle),
however large plants (>1000_tonnes of methanol per day) benefit from the economics of
higher pressures, which reduces the size of the reactor and ancillary equipment, even

when factoring in the higher compression costs (Mansfield, 1991).

A final practical consideration is the H,:CO ratio of the synthesis gas. Since the
quantity of hydrogen must satisfy the stoichiometry of both methanol synthesis reactions
(4-13 and 4-14), the ideal gas composition (known as the R value), is given by (Goff, and
Wang, 1987; Kuo, 1991):

H, - €O,

s <=2 (4-18)
co + CO,

R:

In practice, the makeup gas is slightly hydrogen rich because some hydrogen is purged
or lost (as H,O via reaction 4-14), and a hydrogen deficient gas can result in carbon
deposition (Probstein and Hicks, 1982). The relative dearth of carbon oxides is also
important because it inhibits the oxidation of the active component of the catalyst
(copper) (Mansfield, 1992). However, it has been reported that methanol synthesis units
have operated with a makeup gas having an R value as low as 2.03 (Kuo, 1991), which
was the value used as the control parameter in this thesis. Since Hj is in slight excess,
it too builds up in the recycle loop, and the actual R value of the combined synthesis feed

(makeup plus recycle feeds) is typically between 3 and 4.
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4.7.2 Commercial Processes

The two most widely used methanol synthesis processes today are the ICI (Figure 4-17)
and Lurgi (Figure 4-18) low-pressure methanol synthesis processes. Since the ICI process
is the more common of the two it was used in the computer models developed for this
thesis. Typical reactor conditions for the ICI unit are 5-10 MPa and 250-270°C. In this
system the fresh feed is first mixed with cool recycled gas. Some of the gas is then
heated to slightly below the reaction temperature and enters through the top of the reactor,
passing through multiple catalyst beds. The bulk of the gas is injected at several locations
along the sidewall of the reactor. This cold shot is used to control the temperature of the
reactor and permits the ICI unit to operate adiabatically, eliminating the need for external
cooling. The ICI catalyst is a combination of copper, zinc, and zinc-aluminum oxides.
The copper is the active component, while the ZnAl,O, is used as a stabilizing support
material (Rogerson, 1984). This catalyst is poisoned by both sulfur and chlorine but the

presence of free zinc-oxides does help prevent poisoning.

The Lurgi low-pressure process differs considerably from the ICI procéss. The
Lurgi unit operates isothermally and most closely resembles a vertical shell-and-tube heat
exchanger. Typical reactor conditions are 6-15 MPa and 230-265°C (Supp and Quinkler,
1984). The catalyst material is packed in the tubes, while the shell is filled with
pressurized boiling water. The use of boiling water ensures a very even temperature
throughout the catalyst beds. Furthermore, the operating temperature is easily controlled

by varying the shell pressure. Steam is produced in the 4-5 MPa range for use elsewhere

in the process.

4.7.3 Advanced Methanol Production Processes

Since current methanol synthesis technologies can achieve carbon conversion rates in

excess of 98%, current R&D of advanced methanol synthesis processes focusses on ways
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to improve economic performance. A major improvement would be the elimination of
the recycle loop. This would have several advantages: (i) less need for auxiliary
equipment such as a recycle compressor and heat exchangers, (ii) correspondingly less
energy input requirements, and (iii) a significantly smaller synthesis reactor since the
volumetric flow rate would be reduced by a factor of at least 5. Since methanol synthesis
is one of the most capital intensive steps in producing methanol from biomass, a one pass

methanol synthesis reactor could significantly reduce the cost of methanol from biomass.

There are several interesting technologies at different stages of development that
may achieve once-through methanol synthesis. Researchers at the Brookhaven National
Laboratory have developed a low-temperature (active as low as 100°C) liquid-phase
catalyst that can convert over 90% of the CO in one pass (Haggin, 1986; Supp, 1990).
A liquid catalyst has the added benefit of being a very effective medium for removing

heat from the reactor.

Two near term possibilities are the so-called Gas-Solid-Solid Trickle Flow Reactor
(GSSTFR) and the Reactor System with Interstage Product Removal (RSIPR) (Westerterp
et al., 1988). Both of these concepts operate on a similar principle; the removal of the
methanol product as it is formed. In such systems, the methanol concentration remains
below its equilibrium value and the synthesis reactions proceed essentially to completion
in one pass. The two methods differ in the way methanol is removed. In the GSSTFR
system, a solid adsorbent moves countercurrent to the gas flow, removing the methanol
almost immediately as it is formed at the catalyst surface. It is estimated that compared
to the Lurgi low-pressure process, GSSTFR will save up to 50% on cooling water, 70%
on recycling energy and 70% on the amount of catalyst required. In a more conventional
approach, the RSIPR process uses several Lurgi type reactors in series with methanol

removal between each reactor. Methanol is removed using the liquid absorbent
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tetraethylene glycol dimethyl ether. Although multiple reactors are required, each
successive reactor is considerably smaller than the previous one. In this case, the

estimated savings over the Lurgi process are 60% on cooling water, 70% on recycle

energy and 35% on catalyst material.

Another near term option is the co-production of methanol and electricity (e.g. see
Chem Systems, 1990). In this configuration, either 2 conventional low-pressure process
or a liquid-phase process (that operates uﬁder similar conditions to commercial low-
pressure processes) is used to convert as much CO to methanol as possible in one pass.
The remaining syngas is used to generate electricity in a combined cycle power plant.
Chem Systems is developing a liquid-phase catalyst that can convert CO rich syngas (e.g.
like that produced in coal gasification) without the need for a shift converter, which

eliminates one step in the process.

A more long term prospect for improved methanol synthesis economics that is
being developed specifically for natural gas is the direct partial oxidation of methane to
methanol (DPOM) (Gesser and Hunter, 1991; Kuo, 1991; Thomas, et al., 1992; Periana,
et al., 1993). DPOM is attracting a great deal of interest because it eliminates the need
to generate syngas prior to methanol synthesis. Therefore, a two step process is reduced
to a one step process. The principle is straight forward. Methanol is produced via the

following partial oxidation reaction:
CH, + 1/20, —» CH;0H Ah® = -126 MJ/kmol (4-19)

The most common method uses an iron based catalyst and proceeds at
temperatures between 350-500°C. Some formaldehyde, CO, CO, and H,O is also formed,

but H, is generally not produced. Because of the thermodynamic constraints imposed by
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the moderately high operating temperatures, high pressures are required to achieve
acceptable single pass conversion rates (50-65 MPa). Therefore, as with conventional
methanol synthesis technology, unconverted gas must be fccycled to achieve good overall
conversion. Because of these high pressures, and because of the need for large recycle
ratios, oxygen is preferable to air to reduce compression costs and reactor size. CO, is
also removed from the synthesis loop. Reactors can be either isothermal or adiabatic,
with the latter relying on recycled gas to act as the temperature moderator, as is done with

the ICI low-pressure process.

Using iron based catalysts, selectivity to methanol as high as 90% and single pass
methane conversion as high as 15% have been reported, although most studies have
reported lower values (up to 70% selectivity and approximately 5-10% one-pass methane
conversion) (Kuo, 1991). It is generally accepted that selectivities greater than 85% and
methane conversion greater than 30% are required for this process to be economical
(Periana, et al., 1993). Periana, et al. have recently reported methane conversions as high
as 50% at 85% selectivity in a batch reactor, for an overall yield of 43%. Their process
differs from previous ones in that it uses sulfuric acid and a mercury catalyst in a
multistep reacting system, with the net reaction being Reaction (4-19). An advantage of

this system is that it operates at much milder conditions than those described above

(180°C).

Although DPOM appears promising for the long term, it is probably not a practical
alternative for biomass-based systems, since biomass systems produce a gaseous mixture
that is only part CH,. Therefore, if DPOM were used in conjunction with biomass
gasification, there would still be the need for a two step methanol synthesis process; one
step to convert the methane (via DPOM), and a second to convert the CO and H, in the

gas (using a conventional low-pressure process).
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4.8 Acid Gas Removal

The two main acid gases that must be removed at some point in both methanol and
hydrogen production are hydrogen sulfide (H,S) and CO,. H,S is removed prior to the
reformer as described in Section 4.4.4. In hydrogen production, CO, is removed using
pressure swing adsorption. In methanol production, CO, is removed just prior to the

methanol synthesis step as described below.

A variety of chemical and physical absorption methods are available for the bulk
removal of acid gases (Taylor, 1984; Mohr and Ranke, 19845. In chemical absorption
systems an alkaline solution reacts with the acid gases creating a new chemical
compound. The solvent is regenerated by reversing the chemical reaction via heating with
steam in a stripper. Physical absorption systems work on a similar principle except that
the acid gases are dissolved in a solvent instead of chemically reacting with it. The CO,

can then be stripped in a similar manner, or by using a flash re,generation.20

The SELEXOL® physical separation process from Union Carbide was chosen for
CO, removal. The solvent is a solution of dimethy! ether of polyethylene glycol in water.
A physical absorption process was chosen over a chemical process for several reasons.
First, according to Henry’s Law, the solubility of a gas in a solvent is proportional to its
partial pressure. Thus, physical solvents work well in pressurized applications such as
those considered here (Taylor, 1984). Physical processes are also more selective than
chemical ones due to the differences in solubility of each gas in the solvent (see

Table 4-1). This is particularly important when it is desired to selectively remove certain

20 Depending on the degree of CO, removal required, one of these two methods is
applied, A flash drum is a vessel used to separate a mixture into different phases, in this
case by rapidly reducing the pressure. This causes most of the CO, to come out of
solution without the need for steam regeneration, and thus reduces the energy
requirements of the separation step.
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gases from the mixture.2! The SELEXOL process is also characterized by moderate
operating temperatures (127°C was used in this study) and low solvent losses due to alow
vapor pressure, both of which help lower operating costs. As well, since approximately
2% of the CO, must remain in the gas a stripper is not required. Rather, a flash
regeneration is all that is needed to remove the CO, from solution, which eliminates the
need to raise steam, which reduces energy consumption. This further reduces the cost of
physical separation in this application. The CO, would be available at approximately 1.5

atmospheres, but would contain significant quantities of moisture (Union Carbide, 1992).

Table 4-1 Relative solubilities of different gases in the SELEXOL? solvent (Epps, 1991).

Gas Relative Solubility
H, 0.2

CH, 1.0

CO, 15.0

COS 350

H,S 134.0

CH,SH 340.0

H,0 11,000.0

4.9 Hydrogen Separation and Purification Technologies

The choice of hydrogen purification process depends on several factors, including the size
of the facility, the feed gas properties (e.g. pressure and composition), and of course, the
end-use. This section describes the four main types of hydrogen separatioh technologies

available today.

21 For example, it is possible to produce separate CQ, and H,S streams using the
same SELEXOL unit, which simplifies the conversion of H,S to elemental sulfur. It is
then also possible to purge the CO, or consider it for use elsewhere in the process, for

sale, or for sequestering.
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4.9.1 CO, Removal and Methanation

In this process the gas leaving the low temperature shift reactor is sent to a CO, removal
system such as the SELEXOL system described above. The CO, free gas is then heated
to approximately 300-350°C before being sent to a methanator. A methanator uses a
nickel based catalyst to convert residual CO to CH, and H,O by reacting it with H, in
the reverse of the reforming reaction (4-1). Since this reaction is exothermic, the gas
exits the methanator 15-20°C higher than the inlet temperature. Depending on the amount
of residual methane and CO in the syngas exiting the low temperature shift reactor, the
hydrogen produced typically has a purity of 95-98%, but hydrogen recovery is essentially
100% (excluding the hydrogen consumed in the methanator) {(Heck and Johansen, 1978;
Corr, et al., 1979; van Weenen and Tielrooy, 1983). This process does have the

advantage that it produces hydrogen essentially at the feed pressure.

4.9.2 Cryogenic Separation

Cryogenic hydrogen separation relies on the fact that different compounds have different
boiling points. In this process, hydrogen is purified by condensing out other impurities,
which liquify at higher temperatures than hydrogen. The refrigeration is obtained by the
so-called Joule-Thompson effect produced by throttling the condensed hydrocarbon liquids
that have been removed from the feed stream (Miller and Stoecker, 1989). Therefore, this
process is best suited to a feed gas that has a fairly high fraction of hydrocarbons (25%
or more) {(Wang, et al., 1984). Additional cooling can be obtained from expanding the
hydrogen product or by using external refrigeration. Cryogenic separation can produce

95+% purity hydrogen at recovery rates of 92-97% (Miller and Stoecker, 1989).

4.9.3 Pressure Swing Adsorption (PSA)
PSA systems have reached a level of performance such that they can produce hydrogen

with extremely high purity (99.999%) at recovery rates of 90% or higher. PSA exploits
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the ability of porous materials to selectively adsorb specific molecules at high pressure
and desorb them at low pressure. The cyclic pressure swing is what gives this process
its name. For a continuous process, at least two units must be used in parallel; one is
adsorbing while the other is being regenerated (depressurized). PSA systems operate at
near ambient temperatures, and the optimal feed pressure range is 1.4 to 2.8 MPa (Miller

and Stoecker, 1989).

A variety of natural and man-made substances will work as adsorbents. Two basic
categories are carbonaceous and zeolitic adsorbents (White and Barclay, 1989). Zeolites
are both naturally occurring and manmade, and are also called molecular sieves. Broadly
defined, they are silicates of aluminum with alkali metals.?? The ability of a substance
to adsorb a particular gas depends on several factors including pore size, pore size
distribution, void fraction and surface activity. Some zeolites contain metal cations which
can attract certain gas molecules. There are literally hundreds of different types of
zeolites, with pore sizes ranging from 3 to 10 A. The size of the gas molecule to be
adsorbed is therefore important when selecting which zeolite to use. Macroscopic
properties are also important. Sufficient macroporosity is required to permit rapid
diffusion of gases from the surface of the adsorbent into the microscopic structure.
Greater macroporosity also reduces pressure losses and allows for rapid desorption during

bed regeneration.

Removing hydrogen from a gas mixture that contains CO, CO,, CH, and H,0is
accomplished by using two sets of PSA beds (Figure 4-19).%3 In the first set of beds

(the "A" beds), activated carbon selectively adsorbs nearly all CO, and all H,0. The

22 An example is CaO¢2Al,04+55i0, (McGraw-Hill, 1978).

23 The PSA unit described here is the "GEMINI-9" system manufactured by Air
Products Ltd. (Solomon, 1991).
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remaining gas then passes to the second set of beds (the "B" beds) which contain a zeolite
molecular sieve that selectively adsorbs essentially all the remaining compounds and some
H,. One pass through the B-beds leaves 86% of the H, unadsorbed (Solomon, 1991).2*
The overall recovery of hydrogen can be increased by recycling some of the desorbed gas
from the B-beds. For example, recycling 80% of these gases increases the overall
hydrogen recovery to 96.5% (Solomon, 1991). Of course, there is a trade off with this
option in that the recycled gas must be recompressed and cooled to near ambient
temperature, adding to capital and operating costs. A slightly larger PSA unit will also
be needed. As with the methanol synthesis loop, some of the recycled gas must be

purged to prevent the buildup of methane and other non-hydrogen gases.

The advantage of this PSA unit is that it produces three separate streams: up to
99.999% pure hydrogen, a combustible purge gas undiluted by inert compounds, and high
purity CO, (that contains some moisture and small quantities of other compounds). The
hydrogen is produced essentially at the feed pressure (a 70 kPa pressure drop is nominal)
which reduces final hydrogen compression costs. The purge stream is used as a fuel gas

elsewhere in the process, and the high purity CO, can be sold, used elsewhere in the

process, or considered for CO, sequest\erirlg.25

24 Nitrogen is the most difficult gas to remove, and the one pass recovery rate would
be slightly reduced if the mixture contained significant quantities of nitrogen gas
(Solomon, 1993). In all cases considered here, it as assumed that nitrogen is not present
in large enough quantities to significantly affect the rate of hydrogen recovery. In any
event, if some N, can be tolerated in the hydrogen, hydrogen with 99.994+% purity can
be produced at recovery rates close 1o those possible when there is no nitrogen in the

feed.
25 For example, in depleted natural gas wells (Blok, et al., 1991).
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4.9.4 Membrane Separation
Membrane separation is less mature than PSA technology, but has become well
 established in the last ten years and is well suited for certain applications.?'6 When
small size facilities are considered (e.g. for O, separation), membranes can be a cost
effective alternative to cryogenic separation, which has poor economics at very small

scales.

Membranes are made from a variety of polymers including polyethylene, cellulose
acetate, and polyamides. To give them good mechanical strength (they must operate
across large pressure differences), membranes are usually constructed using composite
materials (Tomlinson and Finn, 1990). The operating principle is simple; different gases
permeate through the membranes at different rates. Hydrogen and oxygen are examples
of fast gases; ones that permeate membranes quickly. Methane and N, are examples of
slow gases. In general, low molecular weight and strongly polar molecules permeate
membranes rapidly, whereas high molecular weight and non-polar molecules do not. The
driving force that causes a fast gas to diffuse across a membrane is the difference in its
partial pressure from one side of the membrane to the other. Therefore, for hydrogen
separation, the feed gas must be at a relatively high pressure (7 MPa or more), whereas
the purified hydrogen is produced at a substantially lower pressure (<2 MPa). While
overall hydrogen recovery is high (90-95%), hydrogen purity is considerably lower than
with PSA systems (95-98%) (Tomlinson and Finn, 1990). Methane is the largest

impurity.

26 Nitrogen production from air is an example of a process where membranes
compete well with the cryogenic separation and PSA technology (Shelley, 1991).
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4.9.5 Hydrogen for Use in PEM Fuel Cells

Hydrogen purity is a major issue for polymer electrolyte membrane fuel cells, the leading
candidate for automotive applications. Specifically, CO is a strong poison at the anode
(the fuel side of the fuel cell). Studies indicate that levels as low as 1-2 ppm will
deactivate the platinum catalyst. Since PSA produces by far the highest purity hydrogen,
is characterized by recovery rates that are at least as high as the other systemns discussed
here, and produces hydrogen at elevated pressures, it has been chosen as the system that
will be used in the subsequent analysis. PSA systems are also cost competitive with the

other options discussed here.

PSA systems produce hydrogen with approximately 2 ppm CO (the remaining
impurities in the hydrogen would be N, (if present) and approximately 8 ppm methane
~ (Solomon, 1993). Therefore, even PSA purified hydrogen may pose a problem for PEM
fuel cell vehicles. Fortunately, there are two simple solutions to the problem of CO
poisoning. One is specifically related to hydrogen production, and the other applies to
both hydrogen and methanol powered fuel cell vehicles.?’ If the fuel is hydrogen, it is
possible to use a small methanator after PSA separation to catalytically reduce the CO
concentration further. The other solution is to add 2-5% oxygen in with the feed to the
fuel cell, which oxidizes the CO to CO,, and thus prevents poisoning (Gottesfeld and

Pafford, 1988). Thus, CO in the fuel should not pose a problem for PEM fuel cells.

27 Eor fuel cells that use methanol, 1-2% CO would be produced by the on-board
reforming of methanol.
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Wet Biomass

Methane
Steam
‘Reforming

Liquid Gaseous
Methanol Hydrogen

Figure 4-1: Block diagram of the process configurations for the production of methanol
or hydrogen from biomass. PSA = pressure swing adsorption.
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Figure 4-2: Chemical equilibrium modeling showing the conditions necessary for carbon
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C at different C:H:O ratios.
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Figure 4-3: Chemical equilibrium composition as a function of temperature for the water-
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Figure 4-4: Methanol synthesis reaction rate as a function of temperature for the Imperial
Chemical Industries (ICI) catalyst (Rogerson, 1984). The reaction is CO +2H, - CH,0H
+ heat.
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Figure 4-5: Chemical equilibrium composition as a function of temperature for steam
reforming of the BCL product gas. Steam has been added for a total steam:hydrocarbon

ratio of 3:1. The pressure is 1.5 MPa.
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Figure 4-9: Schematic representation of a steam reformer. Typical operating temperatures
at various points are given in parenthesis in °C.
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Figure 4-10: Schematic representation of a catalytic autothermal reformer.
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Figure 4-11: The effect of the steam:hydrocarbon ratio on the equilibrium composition
of the gas produced via catalytic autothermal reforming using the product gas of the IGT
gasifier as the feed. T = 1000°C and P = 3.3 MPa.
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Figure 4-14: Equilibrium concentrations as a function of temperature for the shift reaction
using the reformed gas from the BCL gasifier. The steam:CO ratio is set at 3:1. CH,
is inert and is omitted for clarity.
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Figure 4-16: Schematic representation of a methanol synthesis loop based on the ICT low-
pressure methanol synthesis technology.
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Figure 4-17: Schematic representation of the Imperial Chemical Industries (ICI) methanol

synthesis reactor {(Rogerson, 1984).
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Figure 4-19: Schematic representation of the pressure swing adsorption loop used for
hydrogen purification (based on Solomon, 1991).
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5.1 Intreduction
This chapter describes the thermodynamic computer models that were devéloped to
simulate methanol and hydrogen production from natural gas, coal and biomass. As with
all computer models, the first step was to obtain good input data. For existing gasifiers,
performance data was obtained from published literature and through discussions with
developers. For the Shell entrained-bed gasifier operating on biomass, for which there
is no operating experience, a separate thermodynamic model was constructed (see Chapter
3 and Appendix 3A). Detailed process flowsheets were then developed using ASPEN
PLUS, a state-of-the-art, commercially available, chemical process simulation software
package. The information derived from these simulations was used to perform a pinch
analysis to determine the quantities of external power (electricity), heating, and cooling
required in each case. Pinch analysis was used tb provide a consistent framework for heat
integration, and results in a thermally optimized facility. This enables more meanin

thermodynamic comparisons between different process configurations and different

gasifiers.

75.2 General Thermodynamic Considerations

5.2.1 Chemical Equilibrium Approximation

As discussed in Chapter 4, chemical reactors that use catalysts must be designed with
consideration for both ﬂ]enﬁodynamic and kinetic factors. Thermodynamics is what
drives a mixture towards chemical equilibrium, whereas chemical kinetics describes the
mechanisms and rates at which the reactions take place. Specifically, catalysts are
designed to enhance the ‘kjnetics of a particular reaction or set of reactions. The aim in
designing catalysts and chemical reactors is to establish the most favorable

thermodynamic regime that can still support high reaction rates. Under such
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circumstances a reactor is thermodynamically controlied as opposed to kinetically limited.
Since reactors are designed to be equilibrium controlled, the temptation might be to
simply use chemical equilibrium calculations to model such reactors, this is not entirely
correct, for it is not possible to completely ignore the kinetic aspects of the reactions.
Nevertheless, since chemical equilibrium dominates over kinetic factors, most systems can

be modeled as approaching chemical equilibrium.

The physical reason why chemical reactors cannot simply be modeled using
chemical equilibrium is that residence times in most steady flow chemical reactors are
short (~1 second). Since the desired reaction or set of reactions proceeds predominantly
on the catalyst surface, the gas-catalyst contact time is often insufficient for all the feed
to react, even if kinetics are fast. In fact, the underlying principle behind chemical
equilibrium calculations is the assumption that equilibrium concentrations are reached

only after an infinite amount of time has elapsed. In reality, many reactions proceed so

ractical purposes one can assume chemical
equilibrium after a very brief period.I Strictly speaking however, the effect of finite
reaction time is to produce a gas mixture that has come close to but has not fully reached

equilibrium. This effect is more pronounced in catalytically enhanced reactions because

of the limitations imposed by operating conditions, catalyst activity and reactor design.

I An interesting exception in combustion is the formation of NO,, which cannot be
accurately modeled using equilibrium calculations. Therefore, understanding the
mechanisms of NO, formation is only possible with a detailed knowledge of the kinetics
of the relevant reactions. This has important implications for the design of new
combustors and processes that can reduce the formation of NO, without the need for
expensive treatment of the combustion products.
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In spite of the fact that true equilibrium is not achieved in most chemical reactors,
the ability to use chemical equilibrium greatly simplifies the computational aspect of
modeling hydrogen and methanol production. Equilibrium calculations are straight-
forward, and numerous algorithms exist for determining equilibrium compositions given
temperature, pressure, the chemical species present at equilibrium and the relative atom
populations. On the other hand, accurate chemical kinetic calculations require detailed
knowledge about how the reaction rate is affected by temperature, activation energy,
pressure and e\}en molecular orientation, and this data is subject to considerably more
uncertainty than the data used for equilibrium calculations. Furthermore, for complex
reacting systems, this information would be required for the many intermediate reactions
taking place, which can number literally in the hundreds. Fortunately, the effect of finite
time can be successfully modeled using chemical equilibrium and the concept of an
approach temperature. The degree to which equilibrium is attained is approximated by
evaluating chemical equilibrium at a temperature close to the actual reactor temperature,
while overall energy balances are evaluated at the actual temperature. For endothermic
reactions, which are favored at higher temperatures, the equilibrium composition is
evaluated at a temperature slightly below the reactor temperature. For exothermic
reactions, which are favored at lower temperatures, equilibrium is computed at a
temperature slightly above the reactor temperature. In both cases, the yield of the desired
product is slightly lower than if true equilibrium were attained, which accurately reflects
the performance of real systems. The precise value of the approach temperature ( ATapp)
is based on knowledge about the activity of the catalyst, the residence time in the reactor
and the design of the reactor itself. Practical experience shows that the overall effect is
small, and values of AT, are usually less than 20°C. Table 5-1 gives the values used

in the reactor models developed for this thesis.
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Table 5-1: Chemical equilibrium approach temperatures used in this study.

Reactor Model AT, 0
Reformer -10°

High temperature shift reactor +10°

Low temperature shift reactor +20°
Methanol synthesis unit +12.5°

(2) Lloyd (1991) assumed that for pure methane/steam systems, AT, was zero above 650°C, but since
methane represents a much smaller fraction of the feed in biomass based systems, which leads to slower
reaction rates, a more conservative value was chosen for this study. This value is also consistent with
other recent studies that modeled methane-steam reforming (Kuo, 1991; Bain, 1991).

(b) These values were assumed to be similar to those used for the other chemical reactors modeled in this
thesis. Since reaction rates are lower at lower temperatures, a larger approach temperature was assumed
for the low temperature shift reactor.

(c) For fresh catalyst material, the approach temperature is essentially zero, whereas after about 3 years,

it is approximately 20°C (Mansfield, 1991). For modeling purposes, an intermediate value was chosen
that was consistent with a recent study of methanol production from natural gas (Kuo, 1991).

Another consideration that must not be neglected when using chemical equilibrium
is the fact that catalysts are selective to specific reactants and reactions. Therefore,
chemical equilibrium computations must be restricted to those species that participate in
the reaction(s). At the same time, the effect of inert compounds on partial pressures and
overall heat balances must be included, since they influence the equilibrium

concentrations of the reacting species.

5.2.2 Pressure Losses

Pressure drops across individual components are generally small, but when many units
are involved, it is necessary to account for the cumulative effects of pressufe losses. The
main consequences of pressure losses are increased compression work and minor changes
to chemical equilibrium concentrations. In order to include the effects of pressure drops
without the need for detailed design calculations for each component, nominal pressure

drops were assumed for most blocks, the most important being heat exchangers (because
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of their number). For pressurized shell-and-tube heat exchangers, a 0.5 bar pressure drop
is fairly typical (Fraas, 1989). Another approach would be to calculate the pressure loss
as a percentage of the feed pressure, but using a fixed pressure drop is simpler to model,
and was deemed to be adequate to capture the overall effect. The actual values used for

the various unit operations are listed in Table 5-2.

Table 5-2: Pressure drops used in the computer simulations.

Unit Operations Block AP (bar)
Mixer® 0.0
Splitter® 0.0
Heat Exchanger® 0.0-0.5
Quench® 0.5
Reformer® 0.5
Shift Reactor” 0.5
Methanol Synthesis® 8.1
Methanol Separation® 0.5
Boiler® 0.5
SELEXOL Unit® 0.0
Pressure Swing Absorber’ 0.7

(a) These blocks are ASPEN PLUS models and not actual units, so no pressure loss was assumed.

(b) For heat exchangers operating at atmospheric pressure or involving streams other than the main process
streams (e.g. flue gases), zero pressure losses were assumed. Small heat exchangers (e.g. in the recycle
loop of the PSA unit) were assumed to have 0.2 bar pressure drops. All cther heat exchangers were
assumed to have 0.5 bar pressure drops (Fraas, 1989).

(¢) For simplicity, these blocks were assumed to have the same pressure losses as heat exchangers.

(d) Mansfield, 1991.

(e} For simplicity, this block was assumed to result in no pressure loss.

(D Miller and Stoecker, 1989,

5.2.3 Thermodynamic Properties
Several different thermodynamic property sets were used in the simulations. For pure
steam/water streams, ASME steam table correlations were used. Ideal gas behavior was

assumed for low pressure gas-phase calculations. High pressure and two-phase
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calculations were performed using one of two equation-of-state models that give very
similar results: Redlich-Kwong-Soave and BWR-Lee-Starling (Aspen Technology, 1988).
Built-in ASPEN PLUS binary interaction parameters that increase the accuracy vapor-

liquid equilibrium calculations were also used.

5.3 Heat Integration Using Pinch Analysis

5.3.1 The Motivation for an Integrated Approach to Overall Energy Balances

While it was possible to include process-to-process heat exchange within the ASPEN
PLUS models, pinch analysis was used to optimize the integration of process waste heat
and ensure a consistent comparison between different process configurations and different
gasifier designs. Arbitrarily matching streams in the flowsheets is unlikely to optimize
the use of process-to-process heat transfer. Instead, pinch analysis is a systematic method
of accounting for all process heating and cooling requirements and then maximizing the

use of process waste heat. Tt is then possible to calculate the minimum amounts of

cnrbmrnn]l hoantie
external heating (the ho

supplied to a system. Of course, it is ultimately necessary to design a heat exchanger
network that can meet these energy fargets (i.e. the minimum hot and cold utilities), but
this is beyond the scope of this thesis.2 Rather, the goal here was to determine the
values of the minimum hot and cold utilities, which were then used to estimate the
amount of electricity (if any) that could be produced from excess waste heat and the
amount of additional feed (if any) that had to be burned to provide additional heat and/or
electricity. This information was then used in the calculation of the overall energy

efficiency of each process (see Chapter 6).

2 Process optimization is an active areas of research today, and linear programming
methods based on the principles of pinch analysis have been developed to synthesize
optimal heat exchanger networks (e.g. see Floudas, et al., 1986).
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5.3.2 Pinch Technology Overview and an Illustrative Example

Pinch analysis was first developed about 10 years ago as a tool for analyzing and
optimizing the energy performance of industrial processes (Linnhoff, et al., 1982; Karp,
1990). One of the advantages of pinch analysis is that it can be used to identify the
minimum external energy requirements (heating and cooling) of a given process before
detailed design and construction. In determining these energy targets, it is not sufficient
to simply sum all heating and cooling requirements of a process, and from that, determine
if any excess heat remains. In doing so, one would in all likelihood violate the Second
Law of Thermodynamics, which is concerned with the direction of heat flow. Simply
put, the Second Law states that heat cannot flow from a cold body to a hotter one. This
is an important consideration since much of the waste heat in a process may be low
temperature heat, making it unavailable for integration into the process. Pinch analysis
is used to perform an energy balance for an entire process that satisfies the constraint

imposed by the Second Law. The basic procedure is described below.

(i) Data Extraction

Every pinch analysis starts with detailed information for all process heating and cooling
requirements, which in this thesis was provided by the ASPEN PLUS computer
simulations. In addition, the energy requirements for biomass drying were also estimated
for each case. For the BCL cases, the waste heat available from the char combustor flue
gases and the air preheat requirements for the char combustor were also included. For
the MTCI gasifier, the energy balance around the pulse combustor was integral to the
ASPEN PLUS simulations. For the WM cases, the heat required by the gasifier was also

estimated and included in the pinch analyses.
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To perform a pinch analysis, the following data is required for each steam:

» mass flow rate (/1)
o starting (source) temperature (7, )
« final (target) temperature (7)

* heat capacity (C,) (e-g. kl/kg-K)

Although it is necessary to assume that C, is constant, this is generally a good
assumption, even over fairly large temperature changes. In cases where this condition is
not satisfied (e.g. streams with phase changes), the stream can be partitioned into several

intervals for which it is possible to assume that C, is constant within each one.

(ii) Composite Curves
Composite curves are used to measure the total amount of heating and cooling required

fined in pinch analysis: hot streams are those

cinea ifl pridas SRloLy

that require cooling, and cold streams are those that require heating. For each stream, we

calculate the heat capacity flow-rate (units = kW/degree), which is a measure of the rate

of energy flow:

CP = mx»C (5-1)

Therefore, the total heat transfetred to (or from) a stream is:

Q0=AH=CPXT,-T) (5-2)

where AH is the change in enthalpy of the stream.
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If a stream is being cooled, Q is negative, and if it is being heated, O is positive.
To calculate the total heat capacity flow-rate for a given temperature interval, one simply
sums the heat capacity flow-rates of each stream that passes through that temperature
interval. This information is then use to construct what are called the hot and cold
Composite Curves, as shown in Figure 5-1 for a hot composite curve. Enthalpy flow
(AH) is plotted along the x-axis (with an arbitrary zero, since we are only interested in
changes in enthalpy), and temperature is plotted along the y-axis. Consider for example,

the temperature interval 7,-T; in Figure 5-1. All three streams pass through this interval

so that:

CP,;=A+B+C (5-3)
and AH, ;= (T;-T>)(A+ B + C) (5-4)
where A B, and C are the CPs for the three streams in Figure 5-1.

The direction of the arrow indicates that cooling is taking place; as the temperature

decreases, so does the enthalpy. Also note that within any interval i, the slope is 1/CP;

This process is then repeated for all the cold streams in a system, and both
composite curves can then be placed on a single T-H diagram, as is done for a
hypothetical process in Figure 5-2. The resulting plot is somewhat similar to the
temperature profiles within a two stream counter-flow heat exchanger. Wherever the two
curves overlap, the hot streams can give up their heat to the cold streams, and heat
integration is possible. At the hot end (top, right), the horizontal distance between the
ends of the two curves is the amount of heating that cannot be supplied by process-to-

process heat exchange (the minimum hot utility -- Q) min)- Similarly, at the cool end
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(bottom, left), the horizontal distance between the ends of the two curves represents the
quantity of external cooling required that cannot be supplied by process-to-process heat
exchange (the minimum cold utility -- @, .;,). Atany point, the vertical distance between
the two curves is the temperature difference between the hot and cold composite curves.
The smallest vertical distance (AT, ;) is the so-called pinch point, and is what limits the
extent of heat recovery possible. The value of AT, can be changed by moving the
curves horizontally relative to one another, as shown by the dotted cold composite curve
in Figure 5-2. Note that decreasing AT,,;, also decreases the size of the minimum hot and
cold utilities by increasing process-to-process heat transfer. In order to minimize the need
" for external heating and cooling, the temptation might be to set AT,,., to zero, but this is
not possible in practice because a non-zero temperature difference is required for heat
transfer to take place. In practice, typical values for AT, are 10-20°C. In general, a
larger AT means that less heat transfer area is needed, but that less process heat can be

recovered.? Hence there is a trade-off between capital cost (a larger heat transfer area

ez £

must be purchased for a smalie cost (more external heating and

cooling is required with a larger AT). Nevertheless, AT, usually occurs at only one or
a few points in a system, so that most heat exchangers operate with larger ATs. Therefore

a relatively small AT, ;, can be chosen (Linnhoff, et al., 1982).

Another interesting element of pinch analysis is that the pinch point divides the
process into two distinct regions. Above the pinch, the process is a net heat sink,
requiring external heating but not external cooling. The opposite is true below the pinch;
the process is a net heat source requiring external cooling but not external heating. If

more heat than @y ... (say Qp pin + §) is added above the pinch, this increases the amount

3 The rate of heat transfer per unit area (Watts/m?) is directly proportional to the
temperature difference between the hot and cold sides of a heat exchanger.
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of heat that must be removed below the pinch by the amount 54 Therefore, § can also
be thought of as external heat sﬁpplied to the process below the pinch. However, since
the area below the pinch is already a net heat source, it is wasteful to add more heat,
which must then be removed by increasing the value of the cold utility. Therefore, one
of the basic rules of pinch analysis is that when designing heat exchanger networks, heat
should not bé transferred across the pinch. Following this rule guarantees that the utilities

are minimized.

(iii) The Problem Table and the Grand Composite Curve

Although composite curves are useful for illustrating the concept of pinch analysis, they
are not very practical for solving actual problems. Instead, a simple algebraic algorithm
known as the Problem Table Method has been developed that enables one to quickly and
accurately determine the minimum hot and cold utilities and the location of the pinch,
even for relatively complex processes (Linnhoff, et al., 1982). The problem table divides
he entire system into temperature intervals based on the source and target temperatures
of all hot and cold streams. Then, the total heat capacity flow-rate is calculated for each
interval by summing the CPs of all the cold streams and subtracting the sum of the CPs
of all the hot streams:

CP_ = ECP, ;- ECP,, (5-5)

net

A positive result means that the interval is a net heat sink, and a negative result means

that the interval is a net heat source.

4 The heat must go somewhere, and since the region above the pinch is already a net
heat source, & must be removed below the pinch.
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Since hot and cold streams are now included in the same interval, it becomes
necessary the ensure that within each interval, the hot streams are at least AT,,;, hotter
than the cold streams. This is necessary because by calculating CP,;E,, we are implicitly
assuming that the hot streams in an interval can supply heat to the cold streams in that
same interval, and must therefore be at least AT, hotter than the cold streams. To
guarantee this condition, the source and target temperatures of all hot streams are lowered
out by AT_./2 and those of the cold streams are raised by AT, /2. For example,
consider a simple two stream system in which a hot stream is to be cooled from 300°C
to 100°C, and a cold stream must be heated from 30°C to 150°C. As shown in
Figure 5-3, the pinch occurs at the outlet of the cold stream. If AT,,;, is 10°C, then the
hot stream must be 160°C or more at that point so that AT, is maintained. Shifting the
hot stream down by AT, /2 and the cold stream up by A7, /2 allows one to represent
the pinch point with a single temperature (155°C), the corrected cold stream target

temperature.

To illustrate the use of the Problem Table Method, consider the stream data for
a hypothetical process given in Table 5-3. There are three hot streams and four cold
streams. The corresponding problem table is also given in Table 5-3, and shows the
value of CP,,, for each interval. The column immediately to the right of CP,, (labeled
"AH") is the net amount of surplus heat (negative) or heat deficit (positive) for each
interval. Because the source and target temperatures have all been shifted by AT,,;/2, the
hot streams in any interval { are at least AT, hotter than the cold streams in interval i+
and subsequent intervals. Therefore, any surplus heat in interval { can be added
(cascaded) to cooler intervals that are net heat sinks. If two or more subsequent intervals
are net heat sources (e.g. intervals 8-10), their combined surplus heat is cascaded, until
it is required by an interval that is a net heat sink (interval 11). Physically this represents

process-to-process heat transfer. The ability to cascade heat from one interval to the next
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is illustrated in the column marked "Cascade”. Beginning with zero heat in the cascade,
each interval adds its heat to the cascade. The value of the cascade at each interval is a
running total of the availability of process waste heat in the system. At some point in the
cascade, the heat available is negative (at interval 5 in the example), a physically
impossible situation. This means that there was insufficient waste heat in the hotter
intervals to meet all the process heating of subsequent intervals (i.e. external heating is
needed). This situation is remedied by adding heat to the top of the. cascade equal to the
largest negative value in the cascade (as shown in the column "Corrected Cascade"). This
beat is equal in magnitude to Q, ;. By adding @} ., to the top of the cascade, there
is just enough heat in the cascade to supply heat to intervals that are net heat sinks. At
the bottom of the cascade there is heat left over, which is equal to @ ,;, The point at
which the cascade is zero is the pinch point. Therefore, as required, no heat is transferred
across the pinch.

T ~ H
1ne next step 1s

srand Composite Curve, which provides
information regarding the temperatures at which the hot and cold utilities must be
supplied. The grand composite curve is a plot of temperature as a function of the
corrected cascade. The grand composite curve for the example problem in Table 5-3 is
.plottcd in Figure 5-4. The horizontal distances from the cnds of the curve to the y-axis
represent the hot and cold utilities. Segments with positive slopes indicate that net
heating is required (which is why the value of the cascade is decreasing). Segments with
negative slopes indicate that there is excess waste heat at those temperatures. Therefore,
where a negatively sloped segment lies above a positively sloped one, heat integration is

possible (as indicated by the shaded regions in Figure 5-4). The pinch point occurs where

the curve touches the y-axis.
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Table 5-3: Sample stream data and Problem Table for a hypothetical process.

Stream Data
T, corrected T, corrected
Steam Type Toure ("€} Tune (°C) CP (kW/°C) AH (kW) °C) °C)

1 hot 1100.0 390.0 350  -24850 1095.0 385.0
2 hot 500.0 200.0 55.0  -16500 495.0 195.0
3 hot 380.0 100.0 40.0 -11200 375.0 95.0
5 cold 300.0 700.0 45.0 18000 305.0 705.0
6 cold 450.1 600.0 20.0 2998 455.1 605.0
7° cold 450.0 450.1 140000.0 14000 455.0 455.1
g8® cold 30.0 450.0 30.0 12600 35.0 4550

(a) Streams 6, 7, and 8 represent respectively the superheating of steam, boiling of water and feedwater
preheating. Phase changes are assumed to occur across a 0.1°C AT to avoid calculating a CP of

infinity.
Problem Table

Corrected

T, Ty Tl ZCPyy ICPy CPuy AH Cascade  Cascade

Interval (°C) (°C) (°C) (kWPC) (kW/°C) (kWrC) (kW) (kW) (kW)
0 3648.0
1 1095 705 390.0 350 0.0 -35.0 -13650.0 136500 17298.0
2 705 605 100.0 350 45.0 10.0 1000.0 12650.0 16298.0
3 605 495 1100 35.0 65.0 30.0 3300.0 9350.0 12998.0
4 495 455.1 399 90.0 65.0 -25.0 -997.5 103475 13995.5
5 455.1 455 0.1 90.0 140045. 139955, 139955 -3648.0 0.0

0 0

6 455 385 70.0 90.0 75.0 -150  -1050.0 -2598.0 1050.0
7 385 375 10.0 55.0 75.0 20.0 2000 -2798.0 850.0
8 375 305 70.0 95.0 75.0 200 -1400.0 -1398.0 2250.0
9 305 195 1100 95.0 30.0 650 -7150.0 5752.0 9400.0
10 195 95 1000 40.0 30.0 100 -1000.0  6752.0 10400.0
i1 95 35 60.0 0.0 30.0 300 1800.0 4952.0 8600.0

An important use of the grand composite curve is that it provides information

regarding the quality (i.e. the temperature) of the waste heat and the external heating

required. In the example used here, the external heat must only be hotter than 460°C (the

pinch point temperature plus AT, ;/2). Higher quality heat could be used, but would be
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wasteful. Similarly, the cold utility cannot exceed 440°C (the pinch point temperature
minus AT,,/2). Furthermore, the cold utility must fit under the grand composite curve
at all times (i.e. it must be colder than the streams it is cooling). Alternatively, if the
waste heat in a system is of high enough quality (as is the case here), it can be used to
raise steam, which can then be used to generate electricity. This is illustrated by the
"steam rasing curve” that fits below the grand composite curve in Figure 547 As will
be seen in the next chapter, the ability to do so is important, since it affects the overall
efficiency and economics of methanol and hydrogen production; any electricity
requirements in excess of the amount that can be produced from process waste heat must

either be purchased or be produced on-site by consuming additional feedstock.

5.4 Gasifier Performance Estimation
No computer model can produce reliable results if the input data is inaccurate. Chapter
3 illustrated that modeling biomass gasification from a theoretical perspective is difficult
for two basic reasons. First, the kinetics and chemistry of gasification are highly
complex, and second, each gasifier design would require a separate model (i.e. a fluidized
bed model is not suitable for a fixed-bed gasifier). For these reasons, performance
estimates for actual gasifiers were taken from published literature and from information
received from manufacturers. This was the case for all gasifiers with the exception of the

entrained-bed biomass gasifier, for which there is no operating data. This gasifier was

5 The steam raising curve or the cold utility can actually be allowed to touch the
grand composite curve (but not cross it). To calculate the actual temperature of the cold
utility or the steam raising curve it is then necessary to subtract AT, /2. This is done
because the temperatures of the hot streams being cooled by the cold utility or the steam
raising curve have been lowered by AT,,;/2. Thus, the temperature of the cold utility
must be lowered by an additional AT,;/2 to be AT, colder. Alternatively, if the
temperature of the cold utility is known, it is necessary to add AT,,/2 before placing it
on the grand composite curve. For the hot utility, the argument is reversed.
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modeled using chemical equilibrium calculations, which is a reasonable approximation for

this type of gasifier (see Appendix 3A).

5.5 Chemical Process Simulation

ASPEN PLUS Release 8.5 was used to evaluate the production of hydrogen and methanol
using a Sun4 computer (a Unix based machine). This software package, marketed by
Aspen Technology, is of the type known as sequential modular flowsheet simulators.
Once the information for each unit operations block is entered (heat exchangers, pumps,
COMmpressors, component separators, chemical reactors, etc...), ASPEN PLUS determines
the calculation sequence and executes each unit operations block in that order. This
sequential algorithm is what gives this type of simulator its name. This software differs

from so-called equation oriented simulators, which set up and solve many equations

simultaneously.

ile is defined in several steps. First, the process
flowsheet is built graphically with ModelManagcrm, the graphical user interface that
comes with ASPEN PLUS. This step involves inserting all unit operations blocks into
the flowsheet and connecting them with material, heat and work steams. Second, the
chemical components of the process (H,, CO, etc...) are specified from any one of several
built-in data banks. So called non-conventional components such as coal or wood can
also be defined, and ASPEN PLUS has various methods for estimating their physical and
chemical properties. Third, a suitable physical properties model is specified for the entire
flowsheet. To improve accuracy, this general model can be replaced for specific unit
operations blocks in the process (e.g. ASME steam table correlations can be used for
blocks involving only pure water/steam). Fourth, the operating conditions for each block

are specified. These conditions include pressure losses, operating temperatures, chemical
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reaction specifications, etc. Lastly, the feed stream conditions and compositions are

defined.

More complex flowsheets, such as those developed here, also require the
manipulation of various opérating parameters during the course of the simulation. This
is accomplished by using built in ASPEN PLUS features called design specifications,
which act as feed-back controllers, and FORTRAN blocks, which act as feed-forward
controllers. Design-specs are used to vary the parameters of a block or stream until a
desired condition is met (e.g. varying the outlet temperature of a reactor until adiabatic
operation is achieved), and FORTRAN blocks are used to set downstream conditions once
certain values are known upstream (e.g. calculating the amount of steam needed for a
reactor once the composition and flow rate of the feed are known). Design specifications
and FORTRAN blocks can be nested within one another or appear sequentially within the
flowsheet. The flowsheets developed here typically contained 4-5 Design-specs and an

similar number of FORTRAN blocks.

If recycle loops are present (e.g. as in methanol synthesis), ASPEN PLUS iterates
on the necessary block or group of blocks until convergence is achieved.® ASPEN PLUS
also iterates automatically on design specifications. For example, consider how ASPEN
PLUS satisfies the heat balance of the reformer. The condition to be satisfied (specified
by the user) is that the flue gases leaving the reformer furnace must be 20°C above the
peak reformer reaction temperature and that the heat supplied be 2% greater than the
reformer heat duty (to account for radiative losses). ASPEN PLUS compares the quantity
of heat required by the reformer to the heat supplied by the block representing the

reformer furnace and varies user-specified flowsheet parameters {e.g. furnace air preheat

% 1t takes anywhere from a few to over 100 iterations until the heat and mass balances
of a loop are within the tolerances specified for the simulations.
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and/or the quantity of fuel gas supplied) until the design specification is met. This
process is iterative in nature and can require several sets of iterations since other
flowsheet parameters that affect the reformer heat balance may also be changing (e.g.

burning more fuel gas in the furnace means that less is reformed).

5.6 Modeling Unit Operations

An accurate thermodynamic model does not necessarily require that all steps be included.
Specifically, the cyclone separator and the zinc-oxide guard bed were omitted from the
computer models since they have a negligible effect on thermodynamics. All other steps

were included in the simulations.

5.6.1 Quenching With Water

Two criteria were used to set the quench inlet temperature. If tars and oils were present
in the product gas, the gas was cooled only to 400°C to avoid condensation of these
compounds. This was the case for the IGT, BCL and MTCI gasifiers. The WM and the
entrained-bed gasifiers were assumed to produce tar free gases, so that the product gases
from these gasifiers were cooled to 50°C above their dew points7 prior to the quench
step. The quench was modeled as an adiabatic process, with the clean gas exiting at a

maximum temperature of 100°C and saturated with water.

5.6.2 Reforming

Steam reformers for the biomass cases were assumed to operate between 847-867°C and
at pressures of at least 1.5 MPa. When atmospheric pressure gasifiers were modeled, the
feed gas was first compressed to 1.6 MPa. In cases with pressurized gasification, the

reformer was operated at the feed pressure. The natural gas reformers were modeled at

7 Here dew point refers to the moisture in the gas and not the tars and oils.
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900°C and 2.5 MPa (the feed pressure assumed for the natural gas). The minimum
amount of steam required for reforming was that which gave a molar steam:hydrocarbon
ratio of 3:1. A maximum value of 5:1 was used depending on whether or not there was
enough fuel gas to supply the added heat load that accompanies higher steam:hydrocarbon
ratios. The feed was mixed with steam and heated to 577°C in the convection zone prior
to entering the reformer tubes. The hot flue gases were assumed to leave the reaction
section 20°C hotter than the temperature specified for the reforming reaction. Flue gases
were cooled for heat recovery and exited at a stack temperature of 120°C. Air for the
reformer furnace was preheated to a maximum temperature of 727°C and the fuel gas to
a maximum of 427°C. Fifteen percent excess air was used, which is fairly typical (Kuo,
1991). Each section of the reformer (furnace, preheating, reforming and steam raising)
was modeled separately in order to ensure that sufficient heat of sufficient temperature
was supplied to the reaction section by the furnace, and to allow for integration with the
pinch analysis. The chemical reactions modeled were the reforming reactions (4-8, 4-9,

4-10) and the water-gas shift reaction (4-2).

5.6.3 Shift Reactors

The hot reformate was cooled to 350°C and mixed with additional steam (if necessary)
‘at the same temperature, to give a total steam:CO ratio of 3:1. In cases were there was
no reformer in the flowsheet, the cooled quenched gas was heated to 350°C and mixed
with steamn at this same temperature. The outlet temperature of the adiabatic high
temperature shift reactor varied from case to case, but fell in the 425-525°C range,
depending on the amount of CO in the feed. The gases were then cooled to 227°C before
entering the low temperature shift reactor, which operated isothermally. The heat
removed from this reactor was also incorporated into the pinch analysis.  All

hydrocarbons were assumed to be inert in the shift reactors.
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5.6.4 CO, Removal Prior to Methanol Synthesis

CO, was removed in a SELEXOL physical separation step that also removed all of the
remaining moisture in the feed. The unit operated at the feed pressure and a temperature
of 127°C. The CO, was removed in a flash drum and was assumed to be produced at

0.15 MPa and 127°C.

5.6.5 Methanol Synthesis

The makeup feed was compressed to the methanol synthesis loop pressure of 10.54 MPa,
mixed with recycled gas and converted in an ICI type reactor. The reactor operated at
an exit temperature of 260°C. Temperature control was achieved by varying the ratio
between the cooled feed (the feed used to moderate the temperature) and the preheated
feed (the feed entering the top of the reactor at roughly 260°C). Recycle ratios® were
between 4 and 5. Crude liquid methanol was produced by cooling the reactor effluent to
27°C before recycling the remaining gases to the synthesis reactor. The only two

reactions modeled in this step were the methanol synthesis reactions (4-13 and 4-14).

5.6.6 Pressure Swing Adsorption

The gas exiting the low temperature shift reactor was cooled to 40°C, condensing out
most of the moisture. All CO, and remaining moisture were removed in the first set of
PSA beds using an activated carbon adsorbent. The second set of beds used a zeolite
molecular sieve assumed to have a one pass hydrogen recovery rate of 86%. Eighty
percent of the purge gas from the B-beds was recycled, giving an overall hydrogen
recovery rate of nearly 97%. Electricity consumption, which was proportional to the

amount of CO, removed, was based on Solomon (1991); the CO, vacuum pump was

8 The molar ratio of the recycle stream to the fresh makeup stream.

9 In reality, some of the CO, passes through the A-beds, and is removed by the B-
beds (Solomon, 1991). This amount is small, and was neglected for modeling purposes.
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assumed to require approximately 4.46 kWh per kmole of CO, removed. The CO, and

purge gas streams were assumed to be produced at 0.13 MPa and 40°C.

5.6.7 Pumps and Compressors

Compressors operating with small pressure ratios were assumed to have polytropic
efficiencies of 85%. Large pressure ratio COmMpressors were assumed to be 3 stage
compressors with intercooling, with each stage operating with a polytropic efficiency of
85%. The outlet temperatures for the intercoolers varied from case to case, depending
on whether or not it was desirable to cool the gas below its dew point (i.e. whether or not
the moisture was needed in downstream reactors). Typically, intercoolers operated at exit
temperatures between 60-120°C. Except for one case (methano! production using the
MTCI gasifier), the heat removed from intercoolers was generally small, and was not
included in the pinch analyses. For pumps, which consumed very little electricity in the

flowsheet simulations, the default efficiency values provided by ASPEN PLUS were used.

5.6.8 External Heat and Power Production

In order to better compare the performance of the different systems, any net power or heat
that was required was assumed to be produced on-site by using additional biomass, coal
or natural gas, depending on the case being studied. In this manner, the overall thermal
efficiency calculated for each configuration was 'representative of a facility isolated from
all other energy sources. For external heating, a higher heating value efficiency of 80%
was assumed. For electricity, if there was excess process waste heat that was suitable for
steam production (based on the pinch analysis), steam was produced at 6.2 MPa and
400°C, expanded through a condensing steam turbine with an exhaust pressure of 0.005
MPa and an isentropic efficiency of 75%. The generator efficiency was assumed to be
95%. If additional electricity was required it was generated using combined cycles

(natural gas and biomass) and steam-injected gas turbines (STIGs) (coal). Natural gas
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fired STIGs and combined cycles based on aeroderivative gas turbines are commercially
available, and are relatively low cost, efficient machines, even at the small scales required
here (typically 5-30 MW,). In a combined cycle, steam is generated from the waste heat
of the turbine exhaust gases and expanded through a steam turbine. In a STIG cycle,
steam is generated from the waste heat of the turbine exhaust gases and injected at points
upstream of the turbine. The added mass flow through the turbine increases overall
power output. Although not as efficient as combined cycles, STIGs have lower unit
capital costs ($ per kW), because steam turbines are relatively expensive at the small

scales required here.

The intercooled steam injected gas turbine (ISTIG) is a variation on the STIG that
uses intercooling to reduce compressor work and increase efficiency. Although not
commercially available, it could be commercialized within 3 to 5 years (Williams and
Larson, 1992). It is also technically feasible to integrate the gasification of biomass or
h a combined cycle, STIG, or ISTIG cycle. There are no commercial BIG/CC,
BIG/(DSTIG or CIG/(I)STIG10 units, but a coal-fired combined-cycle power plant
(IGCC) using the Texaco entrained-bed gasifier successfully operated from 1984 to 1989
at Cool Water, California, demonstrating the technical feasibility of integrated

gasification/gas turbine power generation (Cool Water Coal Gasification Program, 1990).

In order to approximate the efficiency of generating electricity for each case,
correlations were developed based on actual and projected efficiencies for combined
cycles, STIG, and ISTIG cycles using natural gas, biomass and coal (Table 5-4). Because
each configuration required a different amount of electricity, linear regressions of the form

y = a + bx were used to approximate the efficiency for different size units, and are shown

10 RIG/CC is a biomass integrated gasification/combined cycle, BIG/(I)STIG is the
biomass integrated gasification/(intercooled) steam injected gas turbine, etc...

193



Ryan E. Katofsky

in Figure 5-5. Although this assumes that turbines of any size can be purchased, it is a

fair approximation for the purposes of this thesis.
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Table 5-4: Aeroderivative gas turbine data used to estimate the efficiency of producing
electricity from natural gas, coal and biomass.*

I Output (MW,) HHYV Efficiency (%)
Natural Gas/CC’
LM-6000 54.1 48.0
LM-5000 43.6 4390
LM-2500 30.1 44.8
LM-1600 17.9 43.1
571-K 7.7 39.8
Natural Gas/STIG®
LM-5000 51.4 40.0
LM-2500 263 36.0
LM-1600 17.8 36.5
LM-38 5.3 37.1
BIG/CC
RB211¢ 37 39.0
LM-2500° 30 38.0
LM-1600° 18 38.0
BIG/STIG!
LM-5000 515 35.6
LM-1600 20 330
LM-38 54 33.1
CIG/STIG?
LM-8000 (ISTIG)" 109 42.1
LM-5000 50.5 35.6

(a) The LM series of aeroderivative gas turbines and the 571-K are manufactured by General Electric. The
RB211 is manufactured by Rolls-Royce. CC = combined cycle, STIG = steam injected gas turbine,
ISTIG = intercooled steam injected gas turbine.

(b) Farmer (1991).

(c) Larson and Williams (1990) and Williams and Larson (1992).

{d) Elliot and Booth (1992).

(e) Brazilian Biomass Power Generation (1992).

(f) Williams and Larson (1992).

{g) Johansson, et al. (1992).

(h) The LM-8000 is the LM-5000 modified for intercooled operation.
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Stream Data (all streams are hot streams requiring cooling)
Stream  m*C, (CP)  Source Temp.  Target Temp.

1 A T, Ts
2 B T, T,
3 C T, T,

S HINTERVAL

(Ty-Ts) (B)

(T2"T3} (A+B+C)

(Tg~—Tg) (A+C)

(T~ Tg! (A

Figure 5-1: Data for three hor streams and the construction of the corresponding hot
Composite Curve (Linnhoff, et al., 1982).
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Figure 5-2: Hot and cold composite curves for a hypothetical process. Increasing or
decreasing the horizontal distance between the two curves changes the value of AT,

until it reaches a user specified value.
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Figure 5-3: Illustration of the need to shift source and target temperatures when
constructing the Problem Table.
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Figure 5-4: Composite curves (top) and the Grand Composite Curve (bottom) for the

example problem of Table 5-3.
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Figure 5-5: The Efficiency of producing electricity using combined cycles, STIGs and
ISTIGs with natural gas, biomass and coal, based on the data in Table 5-4. Regressions

are of the form y = a + bx.
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6.1 Introduction

Based on the analysis of commercially available technology presented in Chapter 4, a
total of 15 simulations were conducted (10 biomass, 2 coal and 3 natural gas cases). The
results given here are called base case scenarios, which could be achieved in the very
near term, once the gasifiers are commercialized. In order to permit meaningful
comparisons, as much consistency as possible was maintained for all the simulations.
Certain parameters do vary from case to case, reflecting the differences in the operating
characteristics of each gasifier and the three feedstocks. Detailed mass and energy
balances and the pinch analyses for all simulations can be found in Appendix 6A at the

end of this chapter.

Natural gas-based processes provide the starting point for the analysis in this
chapter, and are used as benchmarks
Comparing the results of these simulations to previous studies of natural gas processes
is also a good method of assessing the accuracy of the thermodynamic models so that

they can be applied to coal and biomass with a high degree of confidence.

The analyses themselves were carried out in several steps. The first stage entailed
building and running the ASPEN PLUS simulations. Second, detailed mass and energy
balances derived from these simulations were used in the pinch analyses and to compute
the overall energy and exergy efficiencies for each process configuration. More detailed
exergy analyses of several cases were used to pinpoint where the major thermodynamic
losses occur, and to better compare gasification based systems to each other and to the

natural gas processes.
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6.2 Defining the Framework for Evaluating Thermodynamic Performance

The biomass simulations were carried out for a feed rate of 3000 wet tonnes of woody
biomass per day having a 45% moisture content (1650 dry tonnes per day).! Although
size does not have an effect on the thermodynamic models developed here, the economic
estimates do depend quite strongly on scale. Larger facilities are feasible, but 3000 green
tonnes per day corresponds roughly to the size of a modern pulp and paper facility or a
large sugar cane processing facility. As discussed in Chapter 1, it is the need to collect
biomass over a wide area that is the main factor that would limit the size of a biomass
based facility. To better understand the scale of such a facility, consider the following

assumptions about a dedicated energy plantation supplying 1650 dry tonnes per day:

« average yield = 15 dry tonnes per hectare per year.
« the capacity factor of the biomass conversion facility is 90%.

e 75% of the plantation is under cultivation.?

Such a plantation would cover an area slightly greater than 45,000 hectares
(approximately 110,000 acres or 450 km?), a relatively large plantation by today’s
standards (Hall, et al., 1992). To ensure reliability of fuel supply (e.g. against drought,
fire or disease) and to provide the fuel for any net external electricity and heating
requirements, the plantation would have to be slightly larger (up to 25% larger for some
of the cases considered here, which require relatively large amounts of external energy

inputs). For the coal cases, the same dry feed rate was used (1650 dry tonnes per day,

1 3000 green tonnes per day of biomass corresponds to a fuel input rate of
approximately 370-400 MW on a higher heating value basis. For comparison, a large
coal fired steam power plant producing 1000 MW of electricity would burn coal at a rate
of nearly 3000 MW on a higher heating value basis.

2 The remaining 25% would be needed for infrastructure (roads, etc...) and wild
vegetation.
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including ash), although much larger plants are possible.3 For natural gas, a feed rate
of 750 MW (HHV basis -- equivalent to 1.64 million Normal Cubic Meters per day®)
was used, which corresponds to the size of a large modern natural gas-methanol facility,

producing approximately 2000 tonnes of methanol per day (OPPA, 1989).

6.2.1 Overall Energy Balances

Three parameters have been defined to characterize overall thermodynamic performance.

The Energy Ratio (ER) is defined as:

E
ER = (6-1)
E feed
where: Eper = higher heating value (HHV) of the fuel produced.

E,..=HHY of the feed to the gasifier.

This quantity is useful because it provides a direct measure of the ability of a gasifier to
convert the solid feed into the fluid fuel. Nevertheless, it does not necessarily give a
good indication of the overall energy balance of a system. In order to better account for

all energy inputs to the system, the Thermal Efficiency (1) has been defined as follows:

where: E,,. = the net quantity of external electricity required.

£

3 Chapter 7 considers larger coal plants for the economic analysis. However, for the
thermodynamic comparisons, it is more useful to compare biomass and coal facilities that

have the same throughput rates.

4 The Normal Cubic Meter (Nm3) is evaluated at 101.325 kPa and 273.15 Kelvin.
There are approximately 37.2 Standard Cubic Feet (SCF) in one Nm?. The SCF is
evaluated at 14.696 psi and 60°F (101.352 kPa and 288.56 K).
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N, (%) = E e « 100
" =
t E + E elec E heat (6-2)
eed
fee n elec nheat

E,,, = the net quantity of external heating required.
N, = HHV efficiency of producing electricity.

Thear = HHY efficiency of supplying external heat.

The quantities E,,,. and Ej,,,, were computed using data obtained from both the ASPEN
PLUS simulations and the pinch analyses. The computer simulations also provided data
concerning electricity requirements and, of course, Eﬁtel's T,5c Was assumed to be a
function of the feedstock and the quantity of electricity required (see Chapter 5). MNpear
was assumed to be 80% in all cases. Since any external heat or electricity was assumed
to be supplied by the feedstock in that simulation, the thermal efficiency represents the
overall energy efficiency of producing methanol or hydrogen from a facility that is

isolated from all other energy sources.

For methanol production, Carbon Utilization is another commonly used measure
“of the efficiency of a process. It is defined as the ratio of the carbon in the product

divided by the carbon in the feed:

3 Electricity use was calculated for pumps, compressors, pressure swing adsorption,
oxygen purification and pressurized biomass/coal feeding systems. The energy
requirements for feedstock preparation were neglected in all cases except the entrained-
bed biomass cases, which would require extensive feedstock preparation. It was assumed
that 2% of the energy of the feedstock was required for milling and grinding the biomass,
which was added to the denominator of the expression for thermal efficiency given in

Equation (6-2).
206



Chapter 6: The Technology of Methanol and Hydrogen Production

C-atom in product fuel
%) = 100 (6-3)
Nearbon (%) C-atom in feed "

6.2.2 Exergy Analysis

Exergy analysis is another method for evaluating the thermodynamic performance of
complex systems. Increasingly, exergy is being used to identify areas where the most
significant thermodynamic losses occur in a variety of industrial processes (Rosen and
Scott, 1987; Szargut, Morris and Steward, 1988; Rosen, 1991). The exergy of a substance
(also called availability) is a measure of the maximum theoretical work that can be
extracted by bringing it into chemical and thermomechanical equilibrium with its
environment. Unlike energy, which is always conserved, exergy can be destroyed.
Essentially, exergy losses occur due to irreversibilities associated with particular
processes.6 By defining a standard reference environment (also known as the dead
state), the availability of different substances and streams can be calculated and compared.
The thermodynamic conditions of the dead state were taken to be T, =298.15K and P,
= 101.325 kPa, the standard values used in most exergy analyses (Szargut, Morris and

Steward, 1988).

There are two components to availability: chemical and thermomechanical. The
latter is a measure of the maximum theoretical work that can be extracted from a
substance by bringing it from its current pressure and temperature to the dead state
conditions when there is no change in chemical composition (e.g. a gas expanding through
a turbine). Chemical exergy is the additional potential for performing work by utilizing

the chemical energy of a substance. Clearly, when analyzing biomass gasification

% For example, the transfer of heat across a finite temperature difference results in a
loss of exergy. Mixing and throttling are two other examples of processes that involve
exergy losses even though energy is conserved.
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systems, both components of exergy will need to be considered, which is shown in the

following equation:

mel = Btm + Bch (6'4)

Here B,,,,; denotes the total exergy of a given stream (e.g. in MW or kl/kmol), B, is the
thermomechanical contribution and B is the chemical contribution, which is evaluated
at T, and P, so that it is independent of the thermodynamic conditions of the mixture.
Neglecting the exergy associated with velocity or gravitationai potential energy, B, for

open systems is defined as follows:
B,=H-H -T(S-5,) (6-5)

where: H = the enthalpy of the stream.
H, = the enthalpy of the stream at T, and P,..

S = the entropy of the stream.

S, = the entropy of the stream at T, and P,.

The chemical exergy is given by the following relationship:

B, =INpb,; (6-6)

where: N; = molar flow rate of chemical species i.

b, ; = specific chemical exergy of species i, evaluated at T, and P,
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When evaluating changes in exergy for which no chemical changes occur, the
chemical exergy terms cancel so that the change in exergy from state 1 to state 2 is

simply:
AB=32'BI=H2'H]'TO(S2‘S1) (6"7)

Therefore, it is common to define the flow availability function, which can be used to
compute changes in availability in open system where there are no chemical changes (e.g.

heat exchangers).
B=H-TS (6-8)

Evaluating changes in exergy is more complicated when chemical reactions take
place, and it becomes necessary (o specify the chemical composition of the reference
ition used here corresponds to air at T, and P, saturated with
water vapor.7 Trace elements are commonly grouped together with nitrogen to form
what is called armospheric nitrogen, so that the reference environment has the following

molar composition: 0.76579 atmospheric N, 0.20357 O,, 0.03030 H,0, and 0.00034 CO,.

The methodology used for calculating chemical exergy was based on Szargut,
Morris and Steward (1988) and McGovern (1990). In the case of a pure substance, the
chemical exergy can be taken directly from tables of standard chemical exergies.
However, since we are usually dealing with mixtures of gases, a method must be used
which accounts for the fact that some components of these mixtures are found in the

reference environment while others are not. If we assume ideal gas behavior for gases

7 Defining the reference environment to be saturated with water vapor is somewhat
arbitrary. It would be just as valid to choose some other value.
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in the dead state, then the chemical exergy of the k" component that is also present in the

reference environment is given by:

Y
bos = RT,y,In(=5) (6-9)
Y ok
where: R = the Universal Gas Constant = 8.314 kJ/kmol-K.

¥, = the mole fraction of species k in the mixture.

¥, = the mole fraction of species k in the reference environment.

For the i combustible component, the chemical exergy is:

ben; = YAbo+RT,In() (6-10)

where: b9, = the standard chemical exergy of species i.

¥; = the mol
Note that in the case of a pure combustible component, y; = I so that the logarithmic term
in Equation (6-10) is zero and the chemical exergy is simply the standard chemical
exergy. Also noteworthy is the fact that non-combustible components such as CO, have
some chemical exergy, which can be thought of as the reversible work that could be
extracted from these compounds by bringing them into chemical equilibrium with the
reference environment. Pure water and steam are assumed to have zero chemical exergy,
since the reference environment used for these streams was liquid water at T, and P,

(Szargut, Morris, and Steward, 1988).

For the purposes of this chapter, the detailed exergy analyses considered each

major sub-process as a black box. Exergy balances were performed for each black box
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by calculating the change in exergy between the inlet and outlet streams. In addition, the
exergy loss from heat transfer was calculated by summing all exergy changes due to
heating and cooling, including the steam raised for on-site power generation. Exergy
losses due to mixing and compression were also calculated, as were the exergy losses
from generating electricity from waste heat and by burning additional feedstock. Since
thermodynamics does not rule out the existence of electric motors and generators that are
100% efficient, the exergy of electricity was assumed to be equal to its electrical energy

(McGovern, 1990).

In theory, the sum of all exergy losses plus the exergy of the fuel produced should
equal the exergy entering the system. In the analysis that follows there were small
differences due to round off error, the effects of physical property estimation, and some
of the simplifying assumptions of the models. Nevertheless, as will be seen below, the

overall exergy balances were all within 2%, and in most cases were within 1%.

In order to characterize the total exergy losses in a system, the Exergy Efficiency,

also known as the Degree of Perfection, was defined as:

1 _ exergy of product fuel (6-11)
exerey exergy of all inputs

The standard chemical exergies for gaseous hydrogen and liquid methanol are
236.1 MJ/kmol and 718 MJ/kmol respectively (Morris and Szargut, 1985). The
thermomechanical exergy resulting from the fact that the hydrogen was produced at 7.5
MPa was also taken into account (10.79 Ml/kmol). For liquid methanol, the
thermomechanical contribution was negligible. The exergies of wood and coal were

estimated using correlations based on heating values and relative atom populations found
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in Szargut, Morris and Steward (1988), and are considered to be accurate to within 1%

for coal and +1.5% for wood.

6.3 Natural Gas Processes
Natural gas was assumed to have the following composition: 94.7% CHy, 2.8% C,Hg,
0.2% CO,, 2.3% (Ny+Ar). It was also assumed that sulfur free gas was available at a

pressure of 2.5 MPa.

6.3.1 Methanol Production (Figures 6A-1,2,3 and Tables 6A-1,2,3,4)

Two cases were considered for the production of methanol from natural gas; with and
without CO, recycling.8 Since steam-methane reforming (SMR) produces a gas with an
R value of approximately 3, the option of complete CO, recycling and the addition of
CO, from an external source was used as 2 means of producing a balanced synthesis gas
(called SMR-COz).9 A reforming temperature of 900°C, which is slightly higher than
that used for the biomass cases, was chosen since higher a reformer temperature favors
CO production over H, production. CO, augmentation also allowed for the use of a
lower steam:CH, ratio (2:1 instead of 3:1) in the reformer since CO, helps inhibit carbon
formation, and catalysts have been developed that permit carbon free operation with low

'steam:CHd‘ ratios when there is CO, added to the feed (Dibbern, et al, 1986; Goff and

Wang, 1987; Riensche and Fedders, 1991).

& The CO, recycling/addition case could also correspond to the use of CO,
contaminated natural gas.

9 Recall that the R value is defined as R = (H, - CO)/(CO + COy), for which a value
of 2.0 corresponds to a stoichiometric synthesis gas. As described in Chapter 4, R = 2.03
was used as the control parameter.
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The process configurations for the two models of methanol production from
natural gas are given in Figures 6A-1 and 6A-2. The corresponding stream summaries
are given in Tables 6A-1 and 6A-2. The overall mass and energy balances for both cases
are presented in Table 6-1, The simulations show that with a steam:CH, ratio of 2:1 it
is possible to achieve the desired R value when the amount of CO, added is 18% of the
total fresh feed to the system on a molar basis. CO, addition also results in a 5%
increase in methanol production and actually requires less natural gas because less
external electricity is required; less process steam is required when CQ, addition is used,
so more electricity can be produced from waste heat. This results in an overall increase
in the thermal efficiency of the process over the SMR case. The main tradeoffs for the
higher efficiency are the use of a CO, removal system (for CO, recycling), the need to
recompress the CO,, and possibility that additional CO, would need to be purchased.
These factors tend to offset the cost savings associated with the increased efficiency.

However, these costs would be avoided if CO, contaminated natural gas were used.

For the conventional reforming case the calculated Energy Ratio is 0.705 and the
thermal efficiency is 67.5%. For the CO, augmentation case, these numbers increase to
0.740 and 72.1%. These estimates are slightly higher than estimates made previously
(OPPA, 1989; Kuo, 1991). The OPPA study of methanol production from natural gas
estimated a thermal efficiency for conventional reforming of 56-62%, and 64-68% for
combination reforming.! Kuo considered steam reforming with and without CO,
addition, and calculated thermal efficiencies of approximately 66% for conventional
reforming and 68% for the CO, addition scheme. The slightly higher values here are

probably due to the integrated heat balance approach of the pinch analysis and the fact

10 combination reforming is steam reforming combined with secondary oxygen
reforming, which is an alternative method of producing a synthesis gas with an R value
approaching 2.0.
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Table 6-1: Mass and energy balances for methanol production from natural gas.

Conventional CO, Augmented
Reforming Reforming

Natural gas feed (MW) [10° Nm®/day] 750 [1.64] 750 {1.64]
CO, import (tpd)" [kg/kg nat. gas] --- 709.6 [0.58]
Steam use (tpd) [kg/kg nat. gas] 3957 {3.23] 2073 [1.69]
Methanot produced (MW) {1pd] 528 [2012] 555 [2114]
Electricity use (MW)

Pumps 0.15 0.09

Compressors 24.80 © 2734

Total 2495 27.43
Waste heat svitable for raising steam (MW)  40.00 69.50
Electricity from waste heat (MW) 11.14 19.35
Net external electricity required (MW)b 13.81 8.08
Net external cooling (MW)* 137.49 83.90
Net external heating (MW) 0.00 0.00
Natural gas utilization® 0.608 0.579
(tonnes feed/tonnes methanoi)
Energy Ratio 0.705 0.740
Carbon utilization® (%) 85.6 73.7
Thermal Efficiency (%) 67.5 72.1

(a) tpd = tonnes per day.

(b} Produced in a gas turbine combined cycle at greater than 40% HHYV efficiency. The exact value is a
function of the size (see Chapter 5).

(c) This is the amount of waste heat that is not used for stearn production.
(d) Excluding the natural gas burned to produce electricity.

(e) This includes the CO, imported, but excludes the natural gas burned to produce electricity.

that the imported CO, was assumed to be available at the system pressure of 25 bar,
whereas Kuo assumed it was available at atmospheric pressure. When compared to the
OPPA estimate, combination reforming requires energy to purify oxygen, which lowers

overall efficiency. The OPPA also study defined a natural gas utilization rate that is
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analogous to the Energy Ratio (in MMBtu/tonne methanol).!! Converting the OPPA
units to ERs shows that the ER for the SMR case is only slightly higher than the OPPA
range for conventional reforming (0.694-0.615). The ER for SMR-CO, falls in the

middle of the range for combination reforming (0.768-0.717).

The pinch analyses indicate that no external heating is required for either case.
This is seen on the grand composite curves (Figure 6A-3), where the pinch points occur
at 1173 K, the maximum temperature in each system. Therefore, a heat exchanger
network can be constructed such that all process heating can be achieved using process-
to-process heat transfer. Furthermore, the pinch analyses show that for a natural gas input
rate of 750 MW, over 175 MW of net external cooling is required in the conventional
reforming case, and over 150 MW of net external cooling is needed in the CO, addition
case, as measured by the horizontal distance from the y-axis to the lower end of the grand

composite curve. In both cases, some of this waste heat is of high enough quality to raise

am, as indi steam raising curves that fit beneath the grand composite
curves of Figure 6A-3. More than 11 MW of electricity can be produced using waste
heat in the conventional reforming case, and nearly 20 MW can be produced when CO,

addition is used. In both cases, most of the waste heat is below approximately 150°C,

and must be rejected from the systems using cooling water or some other means.

6.3.2 Hydrogen Production (Figures 6A-4,5 and Tables 6A-5,6)

Figure 6A-4 shows the flowsheet configuration used for modeling the production of
hydrogen from natural gas. The numbering corresponds to the stream summary in Table
6A-5. The overall mass and energy balances are given in Table 6-2 and the grand

composite curve is in Figure 6A-6. As with methanol production, the grand composite

11 { MMBtu = 1 million British Thermal Units = 1.055 GJ.
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curve shows that there is sufficient waste heat to supply all process heating needs, and
that approximately 47 MW of external cooling is required, slightly more than half of
which must be rejected from the system. Less than 6 MW of electricity can be produced
from waste heat in this case, nearly 75% less than the SMR-CO, case. As a result, the
thermal efficiency of 84.8% is relatively low when compared to the ER of 0.901, which

is unlike the methanol cases, where the ERs and thermal efficiencies differ by only 2-3

percentage points.

This result compares well to similar assessments of hydrogen production from
natural gas. Rosen (1991) estimated the energy efficiency of hydrogen production from
natural gas to be 86.6%. The difference is probably due to the selection of slightly
different operating conditions for the reformer and shift reactors, the fact that Rosen
assumed the feedstock was pure methane, and most importantly, that the hydrogen

produced in the Rosen study was only 97% pure and at 2.4 MPa. In this study, the

| P . -3 rarifiad t
1 H

is puriiica 09999%

ic? 7o purity

and compressed to 7.5 MPa, which reduces overall
efficiency since compression and PSA separation require over 25 MW of electricity at the
scale evaluated here. Here, the calculated exergy efficiency is 76.1%, whereas Rosen
estimated the exergy efficiency to be 78.5%. For the model developed here, the exergy
losses from pressure swing adsorption and compression were estimated to be 2.3% of the
input exergy (see Table 6-3 and Figure 6-1), which accounts fairly well for the
discrepancy between the two studies. In an earlier study, Heck and Johansen (1978)

estimated the energy efficiency of hydrogen production from natural gas using PSA

separation to be 84.6%, which is almost identical to the estimate made here.

6.3.3 A Comparison of Methanol and Hydrogen Production
Comparing hydrogen and methanol production (using primarily the CO, addition case)

reveals some interesting characteristics of the two processes. First of all, both processes

216



Chapter 6: The Technology of Methanol and Hydrogen Production

Table 6-2: Mass and energy balances for the modeling of hydrogen production from
natural gas (all energy values are on a higher heating value basis).

Natural gas feed (MW) [10° Nm*/day] 750 [1.641
Steam use (tpd) [kg/kg nat. gas] 3262 [2.66]
Hydrogen produced (MW) [10° Nm%day] 676 [4.56]
Electricity use (MW)

Pumps 0.12
Compressors 18.61
Pressure swing adsorption 6.66
Total 25.39

Waste heat suitable for raising steam (MW)  20.00

Electricity from waste heat (MW) 5.57
Net external electricity required (MW)* 19.83
Net external cooling (MW)b 27.18
Net external heating (MW) 0.00
Energy Ratio (ER} 0.901
Thermal efficiency (n,,)} (%) B4.8

(a) Produced in a gas turbine combine cycle @ 42.2% HHYV efficiency.

(b) This is the waste heat not used for raising steam.

require external energy inputs in the form of electricity, so that additional natural gas
must be burned or electricity must be purchased. Second, even though CO, addition
increases the yield of methanol from natural gas by 6.6% over the SMR case (including
the natural gas burned to produce electricity), hydrogen production is considerably more
energy efficient, as measured by the higher Energy Ratio and thermal efficiency. This
is largely due to the fact that the methanol synthesis reaction is more exothermic than the
shift reaction. Consider a synthesis gas composed of two moles of H, and 1 mole of CO.
From this we can produce either 1 mole of methanol or 3 moles of H,. The ratio of the

higher heating values of these two products is:
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3287 _ 1184 (6-12)
17274

This value is close to the actual ratio of hydrogen and methanol produced (using the
SMR-CO, case since its make-up gas has a more balanced feed than the SMR case),
which is 1.22. The reason why they are not identical is due to differences in the actual
processes. For example, the methanol synthesis make-up feed is slightly rich in H, which
lowers the amount of methanol that can be produced. Nevertheless, it is clear from this
argument that for a given synthesis gas generation technology that produces a balanced
feed for methanol production (i.e. an R value of about 2), hydrogen production wili have
a higher Energy Ratio than methanol production. The same would be true if measured

on a lower heating value basis.!?

Because methanol synthesis is more exothermic than the shift reaction, one should
expect this energy to show up elsewhere in the process, which is indeed the case.
According to the pinch analyses, more than 20% of the energy content of the natural gas
is converted to excess waste heat during methanol production, more than three times the
quantity in hydrogen production. As a result, a higher percentage of the electricity needs
can be met by on-site heat recovery in methanol production. In addition, hydrogen
-production requires more electricity because of the use of pressure swing adsorption. In
spite of these two facts, the substantially higher Energy Ratio of hydrogen production
results in an overall thermal efficiency that is significantly higher than for methanol

production. This will be shown to be the case for the gasification systems as well. Also,

12 The ratio of the lower and higher heating values of methanol and hydrogen are
0.878 and 0.842 respectively, so the theoretical ratio of hydrogen to methanol produced
would be 1.135 on a lower heating value basis.
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if efficiency were measured on a lower heating value basis, hydrogen production would

still be more efficient, but by a smaller rnargin.13

Table 6-3 gives detailed exergy breakdowns for the three natural gas processes
(shown graphically in Figure 6-1). By far, reforming accounts for the largest exergy loss,
roughly 40% of all losses, and 9-12% of the input exergy. This is the loss associated
with the reforming section only, and is due to the irreversibilities associated with
combustion and the transfer of heat across large temperature differences. The losses
associated with external electricity production are also significant, again since combustion
is involved. Heat transfer also accounts for sizeable losses (some of which are associated
with the operation of the reformer), especially in the base methanol case, since most of

the waste heat is rejected from the system rather than recovered to produce electricity.

Table 6-3 also shows that the total exergy input is greater in the hydrogen case
due to the Iso higher in
hydrogen production since CO, is purged from the system. As a result, even though the
exergy output js also higher, the overall exergy efficiency of hydrogen production is only
6.6 percentage points better than the SMR case, and only 2.3 percentage points higher
than SMR-CO, case. For biomass and coal gasification, the need for more external

electricity in hydrogen production will actually result in the exergy efficiency of hydrogen

production being lower than that of methanol production.

13 The ratio of the lower and higher heating values for natural gas is approximately
0.9, so that the efficiency of producing hydrogen from natural gas on a lower heating
value basis is about 79%, and for methanol production it is about 70% for the SMR-CO,

case and 66% for the SMR case.
219



Ryan E. Katofsky

Table 6-3: Exergy balances for methanol and hydrogen production from natural gas (all
exergy values are in MW).

Methanol - SMR Methano! - SMR-CO, Hydrogen

Exergy Inputs
Feed® T06.95 706.95 706.95
CO, -— 5.12 ---
Fuel® 31.42 18.73 44.25
Oxidant® 0.14 0.13 0.12

Exergy Output 522.80 548.62 581.14

Exergy Losses % losses %o input % losses % input | % losses % input
Heat transfer 60.60 28.1 8.2| 37.65 205 52§ 31.55 18.5 4.2
Reforming 89.95 417 12.2] 78.66 429 10.8] 67.91 35.9 9.0
Shift reaction - - - --- - -—| 3.84 22 05
CO, removal -- - ~-f 095 0.5 0.1 - --- -
Pumps & compressors 553 26 07; 11.3% 6.2 1.5 4.21 25 0.6
External electricity 17.61 8.2 24] 10.65 5.8 1.5] 2442 14.3 33
Electricity from waste heat | 4.17 1.9 0.6 7.26 4.0 1.0] 209 1.2 0.3
Methanol synthesis 20.70 9.6 28] 2096 11.4 29 - — -
Pressure swing adsorption - --- - - wue -1 13.01 1.6 1.7
Mixing 9.96 46 1.3] 798 44 111 485 28 0.6
Effluents? 7.32 34 10| 788 43 11} 1833 108 24
Total losses 21584 100.0 39.2| 183.30 1000  25.1§170.21 100.0 227

Qutput + Losses 738.64 731.92 751.35

Total Input 738.51 730.93 751.32

Exergy Efficiency (%) 70.8 75.1 71.4

Thermal Efficiency (%)° 67.5 72.1 84.8

(a) This is the feed that is processed into methanol or hydrogen.

() This is the fuel burned to provide electricity.

{c) This is the air burned in the reformer furnace.

(d) Effluents are all streams leaving the process excluding the fuel produced.

(e) As calculated previously. Shown here for comparison.

6.4 Summary of Results for Biomass and Coal Gasification

Table 6-4 summarizes the overall mass and energy balances for all methanol production

simulations, including the natural gas cases described above. Table 6-5 summarizes the
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heat and mass balances for all seven hydrogen simulations. Detailed exergy summaries
for three gasifiers (two biomass and one coal) are presented in Table 6-6 (methanol) and
Table 6-7 (hydrogen) to elucidate the differences between them and the natural gas
processes. Graphical exergy summaries are also presented in Figure 6-2 (biomass) and
Figure 6-3 (coal). The Energy Ratios, thermal efficiencies and exergy efficiencies are
presented in graphical form in Figure 6-4 (methanol) and Figure 6-5 (hydrogen). As with
the natural gas cases, complete stream summaries, process flow diagrams and the pinch

analyses are available in Appendix 6A at the end of this chapter.

In all cases the thermal efficiencies are lower than the Energy Ratios, indicating
that external energy inputs are required, usually in the form of electricity. In some cases
external heat is also needed. Also, as expected, the ERs and thermal efficiencies for
hydrogen production are uniformly higher than those for methanol production.

Furthermore, less waste heat is available for energy recovery in hydrogen production so

rmal efficiencies, which is also

read between the ERs and tt

consistent with the results of the natural gas cases.

As anticipated, methanol and hydrogen cannot be produced more efficiently from
coal or biomass than from natural gas. This is because gasification consumes a
significant fraction of the feedstock energy (and exergy), and the gas produced is then
processed in a similar manner to natural gas. This effect is clearly illustrated in the
exergy balances. In the natural gas processes, reforming consumes approximately 9-12%
of the feed exergy, whereas gasification plus reforming in the BCL cases consumes 16-
18% of the feed exergy. In the IGT cases, which are less efficient than the BCL cases,
23-26% of the feed exergy is destroyed during gasification and reforming. When coal is

gasified using the Shell gasifier, 14-16.5% of the feed exergy is destroyed.
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Table 6-4: Material and energy balance summary for all methanol production simulations.

Directly Heated Indirectly Heated
Gasifiers Gasifiers
SMR SMR- Shell Shell IGT WM MTCI BCL
CO, Coal Bio

Fuel input (MW} 7500 750.0 567.2 3682 368.2 399.7 3705 384.2

Steam use (kg/kg dry feed)® 323 1.69 191 092 1.02 068 137 054

Methanol produced (MW} 5280 5554 368.7 2495 208.7 2659 228.0 2484
Electricity use (MW)

Pumps 015 008 0.13 027 084 021 001 0.02

Compressors 248 2734 1242 7.08 633 12.83 29.00 2742

Lockhopper 000 000 092 092 L15 070 000 000

Oxygen® 0.00 000 2110 1250 833 0.00 000 000

Total 2495 2743 34.58 2076 16.66 13.75 29.01 2744

Waste heat suitable for raising steam (MW)°  40.00 69.50 57.59 25.67 40.25 000 72.00 83.66

Electricity from waste heat (MW) 11.14 19.35 16.03 7.14 11.21 0.00 20.04 23.29

Electricity from purge gases? 000 0.00 896 357 0.00 000 000 0.00

Net external electricity required MW 1381 8.08 9.58 1005 545 13.75 896 4.15

Net external cooling (MW) 137.49 83.90 7972 000 0.00 31.85 000 0.00

Net external heating (MW} 600 0.00 0.00 000 000 13.88 0.00 0.00

Feed utilization (dry tonnes/tonne methanol)®  0.608 0.58 1.18 164 2.08 163 190 1.74

Carbon utilization® (%) 856 73.7 46.1 445 372 467 40.0 420

Energy Ratio (ER) 0.705 0.740 0.650 0.678 0.567 0.665 0.615 0.646

Thermal efficiency (M) (%) 67.5 721 61.8 620 54.5 58.6 578 628

Exergy efficiency (%) 708 751 583 577 508 54.5 546 593

(a) This is the total amount of steam that is produced for the entire process.
(b) Oxygen production is assumed to require 404 kWh/tonne.
(c) For the coal case, this includes the jacket steamn produced by cooling the gasifier vessel.

(d) This electricity is produced using a gas turbine combined cycle for natural gas, purge gas and biomass, and a
CIG/STIG for coal, The efficiency is a function of size and feedstock (see Chapter 5).

(e} Excluding the feed that is burned to preduce electricity.

In addition to the fact that the exergy losses of syngas generation are larger for
gasification systems than for natural gas systems, other components of exergy loss are
also proportionally larger (i.e. a 1arg§r percentage of the input exergy). For the biomass
cases, heat transfer losses are roughly double what they are in the natural gas cases. This
is largely a result of the need to dry biomass, which consumes exergy but returns almost

none of it to the process. This is in contrast to regular heat transfer, in which most of the
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Table 6-5: Material and energy balance summary for all hydrogen production simulations.

Directly Heated Indirectly Heated
Gasifiers Gasifiers
Nat. Shell Shell IGT WM MTCI BCL
Gas Coal Bio
Fuel input (MW) 750.0 567.2 368.2 368.2 399.7 370.5 384.2
Steam use (kg/kg dry feed)” 2.66 299 165 130 1.11 137 115
Hydrogen produced (MW) 675.7 4409 291.3 2473 313.5 282.5 3012
Electricity use (MW)
Pumps 0.12 0.18 031 0.88 0.15 001 004
Compressors 18.61 13.07 6.48 6.88 9.08 2654 26.69
Lockhopper 0.00 092 092 115 070 000 0.00
Oxygen® 000  21.10 1250 8.33 0.00 0.00 0.00
PSA° 6.66 17.43 12.13 10.53 941 934 956
Total 25.40 5271 32.34 27.77 19.34 3589 36.28
Waste heat suitable for raising steam (MW)d 20.00 17.59 4.00 11.52 0.00 8.00 55.14
Electricity from waste heat (MW) 557 490 111 3.21 0.00 223 1535
Electricity from purge gases® 0.00 7.40 524 0.00 0.00 000 0.00
Net external electricity required (MW})® 19.83 40.41 2599 24.57 19.34 33.66 20.93
Net external cooling (MW) 27.18 83.40 397 000 15.73 38.68 0.00
Net external heating (MW) 0.00 13.50 0.00 0.00 3526 000 0.00
Energy Ratio (ER) 0.901 0.777 0.791 0.677 0.784 0.762 0.784
Thermal efficiency (1} (%) 848 63.0 657 572 63.4 617 686
Exergy efficiency (%) 774 517 540 464 51.5 508 563

(2) This is the total amount of steam produced for the entire process.

(b) Oxygen production is assumed i0 require 404 kWh/tonne.

(c) Estimated from Solomon (1991). Electricity use is proportional to the amount of CO, removed.
(d) For the coal case this includes the jacket steam produced by cooling the gasifier vessel.

(e) This electricity is produced in a gas turbine combined cycle for natural gas, purge gas, and biomass,
and a CIG/STIG for coal. The efficiency is a function of size and feedstock (see Chapter 5).

exergy is transferred to the stream being heated, and so remains in the system. Effluent
losses are also higher in the biomass and coal cases mainly because larger amounts of
CO, are purged from these systems than from the natural gas systems. The H,S removed

in the coal cases also contains chemical exergy that is lost. The remaining sources of
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Table 6-6: Exergy balances for methanol production from biomass and coal using the

BCL, IGT and Shell gasifiers (all exergy values are in MW).

Exergy Losses
Gasification
Quench + H,S8 removal
Heat transfer
Reforming
Shift reaction
CO, removal
Pumps & Compressors
External electricity
Electricity from waste heat
Electricity from purge gas
Methanol synthesis
Mixing
Effluents?

Total lnsses

zUdi 2UsSLs

Output + Losses
Total Input

Exergy Efficiency (%)

62.30
339
38.30
11.94
0.30
-1.01
106
7.53
8.74
9.39
3.20
17.09
168.23

413.59
414.07

59.3

% losses % input

37.0
2.0
228
7.1
0.2
-0.6
4.2
4.5
52
5.6
19
10.2
160.0

15.0
0.8
9.3
29
0.1

-0.2
1.7
1.8
21
23
0.8
4.1

40.6

90.43
7.23
2942
16.01
0.30
-1.46
1.88
996
4.20

7.90
528
2229
193.45

399.62
405.70

50.8

% losses % input

BCL - biomass 1 IGT - biomass Shell - coal
Exergy Inputs
Feed® 402.22 388.00 589.00
Fuel® 11.68 15.41 30.18
Oxidant® 0.17 2.29 5.79
Exergy Output 245.36 206.17 364.57

. % losses % input

46.7
37
15.2
8.3
0.2
-08
1.0
5.2
22
4.1
2.7
11.5
100.0

223
18
73
39
0.1

-0.4
0.5
2.5
1.0
19
i3
5.3

47.7

103.09
~0.04
4271
4380
-2.35
382
20.60
6.02
11.25
14.17
8.13
3592

248.12

612.69
624.97

583

41.5
0.0
17.2
1.9
-0.9
L5
83
24
45
57
33
14.5
100.0

16.5
0.0
6.8
0.8

-0.4
0.6
33
1.0
1.8
23
1.3
5.7

39.7

_(a) This is the feed that is processed into methanol,

(b) This is the fuel bumed to provide external electricity and heat.

{c) This is the air buned in the reformer furnace and the airfoxygen used for gasification.

{(d) Effluents are all streams leaving the process excluding the fuel produced.

exergy losses consume roughly the same percentage of the feed exergy as in the natural

gas cases. Of the three cases presented in Table 6-7, the coal-hydrogen case has the

highest exergy loss associated with external energy requirements, because of the need for

large amounts of external electricity as well as external heating.
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Table 6-7: Exergy balances for hydrogen production from biomass and coal using the
BCL, IGT and Shell gasifiers (all exergy values are in MW).

{ BCL - biomass IGT - biomass | Shell - coal

Exergy Inputs )
Feed® 402,22 388.00 589.00
Fuel® 57.69 67.84 138.21
Oxidant® 0.17 2.29 5.79

Exergy Output 239.07 21211 379.16

Exergy Losses % lpsses % input % losses % input % losses % input
Gasification 62.30 30.9 13.5] 9043 37.8 19.7§ 103.09 303 14.1
Quench + H,S removal 3.38 1.7 0.7 7.23 3.0 16| 0.00 0.0 0.0
Heat transfer 42.57 21.1 93] 3421 14.3 7.5] 45.56 134 6.2
Reforming 12.24 6.1 271 15.08 6.3 3.3 -
Shift reaction 398 20 09 2,93 13 0.6| 11.10 33 15
Pumps & Compressors 6.12 3.0 13 1.75 0.7 04| 3.0 09 0.4
External electricity 36.76 18.3 8.0| 43.28 18.1 94| 80.28 236 11.0
Flectricity from waste heat | 5.75 29 1.3 1.20 0.5 03] 1.83 0.5 0.3
Electricity from purge gas - —on --- - --- -1 811 24 1.1
External heat - - - --n --- -f 17.52 52 24
Pressure swing adsorption | 12.33 6.1 2.7{ 1589 6.6 351 23.00 6.8 3.1
Mixing 227 1381 0.5 3.69 1.5 08| 7.00 2.1 1.0
Effluents? 13.70 6.8 3.0] 2334 9.8 5.1y 3941 116 54
Total losses 201,40  100.0 4381 239.03 1000 522133991 100.0 46.4

Qutput + Losses 46047 451.74 719.07

Total Input 460.08 458.13 733.00

Exergy Efficiency (%) 56.3 46.4 51.7

{2) This is the feed that is processed into hydrogen.
(b) This is the fuel burned to provide external electricity and heat.
(c) This is the air burned in the reformer furnace and the ait/oxygen used for gasification.

{(d) Effluents are all streams leaving the process excluding the fuel produced.

As with natura) gas, hydrogen production from coal or biomass requires more
external exergy input in the form of fuel. As a result, even though the exergy output is
higher for hydrogen production than for methanol production (for a given gasifier and

feed rate), the overall effect is that methanol production has a higher exergy efficiency

than hydrogen production.
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6.4.1 The Shell-coal Gasifier (Figures 6A-6,7,8 and Tables 6A-7,8,9,10)
Performance data for the gasification of Illinois #6 Bituminous coal in the Shell entrained-
bed gasifier was taken from Synthetic Fuels Associates (1983). Since coal has a much
higher energy density than wood, the coal systems have significantly lower feedstock
requirements per tonne of methanol (but higher requirements than the natural gas cases).
However, due to the high oxygen requirements and high gasification temperatures, coal
gasification requires a large quantity of electricity and produces a large amount of waste
heat (21% of the coal HHV in the methanol case), some of which would be used for
drying the coal, which is fed to the gasifier at 5% moisture. 72% of the total electricity
required can be supplied using excess waste heat, steam generated in the jacket of the
gasifier, and the purge gas from methanol synthesis, which is not required elsewhere since
a reformer is not part of the process configuration. For methanol production, the Energy
Ratio of 0.650 and thermal efficiency of 61.8% fall in the middle of the ranges calculated
for the biomass cases. This value for TNy is slightly higher than estimates made
reviously for coal-to-methanol plants (Probstein and Hicks, 1982; Supp, 1990; OPPA,
1989; Wyman et al, 1992). Probstein and Hicks estimated that coal-to-methanol plants
would have thermal efficiencies in the 51-59% range and the estimate from Wyman, et
al. for a large "second gcneration"”’ coal-to-methanol plant was approximately 57%.
Supp (1990) estimated the efficiency of producing methanot from North Dakota lignite
(a low rank coal} using the Lurgi Dry Ash gasifier (a fixed-bed design) to be

approximately 52.9%.

14 gecond generation gasification technology refers to pressurized entrained-bed
gasification similar to the Shell process (e.g. Texaco or Dow). However, the coal case
evaluated in Wyman, et al. (1992) (which is based on OPPA (1989)) was assumed to
require significantly more coal per unit of methanol produced than what has been

estimated here.
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The ER for hydrogen production is higher than for methanol production (0.777 vs,
0.650). In fact, the ratio of the two ERs is 1.195, very close the ratio predicted by
Equation (6-12). As with natural gas-based processes, there is less waste heat in
hydrogen production compared to methanol production. In fact, as a result, a pinch
occurs at approximately 230°C, as seen in the grand composite curve (Figure 6A-8).
Therefore, no electricity can be generated from waste heat and some additional heat must
be supplied externally. The existence of a pinch at such a low temperature has a large
impact on the overall energy balances. The thermal efficiency of 63.0% is only slightly
better than the thermal efficiency for methanol production despite the much higher ER.

The exergy efficiency was calculated to be 51.7%.

In a similar study, Rosen and Scott (1987) analyzed the production of hydrogen
from coal using the Koppers-Totzek (K-T) gasifier. They estimated a thermal efficiency
of 59% and an exergy efficiency of 49%. These results compare well with the estimates
made here, considering that the K-T gasifier has a lower cold gas efficiency than the Shell
gasifier (Synthetic Fuels Associates, 1983), and operates at atmospheric pressure. In a

previous study of hydrogen production from coal using the Shell gasifier (Blok, et al,,

1991), the ER was estimated to be approximately 0.763, which is close to the estimate

made here.!®

I3 This represents the energy content of the hydrogen fraction of the hydrogen rich
gas produced by cleaning and shifting the product gas, and then removing most of the
CO,. The composition of the hydrogen rich gas was 87.5% H,, 6.4% CO, 1.2% CG,,
3.8% N,, and 1.1% Ar. A more complete shift conversion and PSA recovery of most of
the hydrogen (as modeled in this thesis) would yield an ER of approximately 0.78, which
is essentially the same as the ER estimated here.
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6.4.2 The Shell-biomass Gasifier (Figures 6A-9,10,11 and Tables 6A-11,12,13,14)
The ER of 0.678 is the highest of all the biomass-methanol cases. Nevertheless, the
thermal efficiency is only 62.0%, which is high, but not the highest. It is not surprising
that these values are higher than the coal case above, since it was shown in Chapter 3 that
for a similar gasification technology and operating conditions, entrained-bed biomass

gasification was more efficient than entrained-bed coal gasification.

Since no actual data exist for pressurized entrained-bed biomass gasification, it is
somewhat difficult to evaluate these results, which are substantially better than estimates
made for biomass-to-methanol plants using atmospheric pressure entrained-bed biomass
gasification based on the Koppers-Totzek technology (OPPA, 1990; Stevens, 1991,
Wyman, et al.,, 1992). In these studies, the thermal efficiency was estimated to be
approximately 49%. The fact that the performance estimates made here are higher is not
surprising. In the OPPA study, the K-T gasifier was estimated to require nearly 25%
more oxygen than the model developed ﬁcre for the Shell gasifier (0.56 kg/kg dry wood
vs. 0.45 kg/kg dry wood), which is consistent with the relative oxygen requirements for
coal gasification (see Chapter 3). Therefore, the model of entrained-bed gasification
developed for this thesis indicates that pressurized, adiabatic entrained-bed gasification
of biomass could offer significant advantages over atmospheric pressure gasification as
represented by the K-T gasifier. It should be pointed out however, that the model for
entrained-bed gasification represents what is thermodynamically possible, and may not be
fully achievable in practice. For example, heat losses may be non-negligible and 100%
carbon conversion might be somewhat optimistic. It may also be necessary to cool the
reactor to some degree, as was assumed for the K-T gasifier operating on biomass (OPPA,

1990), and when coal is gasified in the Shell gasifier (Synthetic Fuels Associates, 1983).

228



Chapter 6: The Technology of Methanol and Hydrogen Production

When considered for hydrogen production, this gasifier again has the highest ER
(0.791), but does not have the highest thermal efficiency. This is due to the fact that
virtually no waste heat is suitable for steam production, so that 36 MW of electricity must
be supplied externally as compared to 10 MW in the methanol case. The result is a
thermal efficiency of 66.4%, which is 12.7 percentage points lower than the ER, a

difference that is quite comparable to the coal case.

6.4.3 The IGT RENUGAS Gasifier (Figures 6A-12,13,14 and Tables 6A-15,16,17,18)
The IGT gasifier has both the lowest ERs and thermal efficiencies of all gasification
systems considered here, for both methanol and hydrogen production. The ERs and 1y s
are 0.567 and 54.5% for methanol production, and 0.677 and 57.2% for hydrogen
production. The trends of less waste heat and increased electricity consumption
characteristic of hydrogen production relative to methanol production are also seen with

the IGT gasifier. The high pressure quench also necessitates the addition of relatively

arge amounts of steam for reforming. There was also sufficient purge gas available to
permit steam:hydrocarbon ratios of 5:1 in the reformer, which helped increase the
conversion of methane, which was thermodynamically suppressed at the high operating
pressures assumed in these simulations. This did reduce the amount of steam available

for electricity production, but because of the high pressure operation, relatively little

electricity was required.

Although significantly lower than the other gasifiers, the estimates made here are
consistent with previous assessments of methanol production from biomass using this
technology (OPPA, 1990; Stevens, 1991; Wyman, et al.,, 1992). These three studies
estimated the following performance parameters: ER = 0.580, My, = 55.7%, feed

utilization = 1.97 tonnes/tonne methanol, and carbon utilization = 38% (see Table 6-4 for

comparison).
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The relatively poor performance may be due to several factors. First, the
exceptionally high pressure operation considered here favors the production of CO, in the
gasifier, especially when combined with the high overall O:C ratio (2:1). As a result,
much of the carbon exits the gasifier as CO, rather than CO. The high O:C ratio is a
result of both the direct heating and use of steam as the fluidizing medium to promote
char conversion. At these high pressures, other operating parameters should be
manipulated to reduce the tendency of CO, formation. One option might be to reduce
the moisture content of the feed, which would lower the O:C ratio and result in higher
temperatures, which would favor carbon conversion and CO production. Also, since
approximately 5% of the feed carbon is lost as unconverted char and condensable
hydrocarbons, recycling these compounds to the gasifier or burning them to produce
electricity would increase overall system efficiency. The advantage of operating at high
pressure is the reduced compression costs, especially for methanol production. For
hydrogen production, such high pressures may not be necessary. Furthermore, the model
of entrained-bed gasification described above suggests that it is possible to achieve
thermodynamic performance that is comparable to oxygen-blown coal based systems,

which are more efficient than the IGT cases.

6.4.4 The Wright-Malta Gasifier (Figures 6A-15,16,17 and Tables 6A-19,20,21,22)

The WM gasifier has the highest ERs of the indirectly heated gasifiers, but its thermal
efficiencies are noticeably lower (0.665 and 58.6% for methanol production, and 0.784
and 63.4% for hydrogen production). This is a consequence of the overall heat balance
of the system. The integrated WM system requires external heating as a result of the
nature of the gasification process. The WM gasifier is unique in that all the other
gasifiers burn some of the feed, either directly or indirectly, to supply heat for
gasification, whereas the WM gasifier relies entirely on heat exchange without specifically

burning biomass. In both methanol and hydrogen production there is a low temperature
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pinch point which eliminates the ability to produce on-site electricity from waste heat and
necessitates some external heating. This analysis therefore indicates that if the WM
gasifier were to be used for methanol or hydrogen production, some additional feed would

need to be burned to augment the heat available from process streams.

It should be pointed out that there is a fair degree of uncertainty regarding the
precise amount of external heating that would be required by a full scale WM unit. For
the analysis here, it was estimated that approximately 75 MW of external heat is required,
equivalent to roughly 20% the higher heating value of the feed.!® In a previous study
of methano} production from biomass and urban refuse using WM technology (Amason,
1983) it was estimated that the waste heat from the hot reformate was sufficient to run
the gasifier. In the simulations here, that corresponds to slightly more than 70 MW,
which includes sensible heat from condensing moisture in the gas. Even through there
appears to be sufficient on-site waste heat to run the gasifier, when the heat balances of

S et e eana e os AT A +arr

the entire systems are considered, external hea nd as expected, the

quantity is greater in the hydrogen case.

The WM system is also one of two gasifiers that does not require a shift reactor
to tune the R value to 2.03 prior to methano! synthesis. This is a consequence of the fact
that the WM product gas contains large amounts of CH, (34% by volume on a dry basis),
which, when reformed produces a hydrogen rich synthesis gas. Instead of raising the R
value using a shift reactor, a CO, concentration of 3.2% in the make-up feed gave an R

value of 2.03.17

16 T vaporize and heat the moisture in the biomass alone requires more than 40 MW
at this scale.

17 The control parameter for cases with a hydrogen deficient synthesis gas was that
the makeup gas contain 2% CO, by volume.

231



Ryan E. Katofsky

6.4.5 The MTCI Gasifier (Figures 6A-18,19,20 and T ables 6A-23,24,25,26)

The MTCI gasifier is different from all the other gasifiers studied here since it requires
a relatively large flow of gaseous fuel (more than 100 MW on a HHYV basis, nearly 30%
of the feed HHV). Instead of bumning some of the product gas in the pulse combustor
(which would be the configuration for power production), it was found that the heat
available from the purge gas was a good match for the heat load of the pulse combustor,
provided that no reformer was used. This lowers overall capital costs, with no loss n
fuel output. As well, due to the low methane content of the product gas (8% by volume
on a dry basis), a reformer would have had a relatively small impact on yield. In the
MTCI model, it was also assumed that residual char and tars could be burned in the pulse
combustor to augment the heat available from the purge gas (Durai-Swamy, 1992;

Turdera and Zahradnik, 1992).

The MTCI cases are characterized by moderately high ERs: 0.615 for methanol

.

production and 0. roduction. Nevertheless, thermal efficiencies of

57.8% (methanol) and 61.7% (hydrogen) are relatively low when compared to the other
gasifiers. This is due in part to the large amount of compression work required, since the
MTCI unit operates at atmospheric pressure and produces a large volume of product gas.
Although pressurized operation is likely to be possible with this gasifier (up to 1.5 MPa),
it has not yet been demonstrated. To reduce compression costs, intercooled compressors
were used to condense out much of the moisture. Since a shift reactor was not required
in the methanol case, compression was accomplished in two stages, both prior to and after
CO, removal. In hydrogen production, compression was carried out downstream of the
shift reactors. While this is not a typical configuration, it allowed for the use of the

moisture already present in the product gas, eliminating the need to raise additional steam

or compress a large volume of gas. At the same time, the compression prior to pressure
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swing adsorption made use of intercooling to remove moisture that was no longer needed

in the synthesis gas, and hence reduced compression work considerably.

Another possible reason for the lower overall efficiencies is the fact that a large
amount of steam is required for the gasiﬁcatién step; more than four times more (per kg
of dry feed) than any of the other gasifiers. Asa result, even though a reformer was not
used, overall steam requirements were relatively high. The large steam requirement is a
consequence of needing large steam:biomass ratios in the gasifier to ensure good carbon
conversion at relatively low gasification temperatures. Unfortunately, this means that a
large amount of heat must be supplied by the in-bed heat exchangers, and thus requires
the use of a large amount of fuel gas. Therefore, the MTCI gasifier consumes a large
quantity of high quality energy, which is ultimately rejected from the system as low grade

waste heat.

As with the WM-methanol case, the MTCI-methanol case produced a make-up gas
that was slightly hydrogen rich, eliminating the need for a shift reactor. In this case, the
high H, content is a result of the high steam:biomass ratio in the gasifier, which causes
it to acts like a reformer to some degree. The shift reaction equilibrium is also affected
by the large amount of steam in the gasifier, which also helps explain the large CO,
content and fow CO content of the product gas. A CO, concentration of 2.1% in the

make-up gas gave an R value of 2.03.

6.4.6 The BCL Gasifier (Figures 6A-21,22,23 and Tables 6A-27,28,28,30)

The BCL gasifier is characterized by both high ERs and thermal efficiencies: 0.646 and
62.8% for methanol production, and 0.784 and 68.6% for hydrogen production. In fact,
the BCL unit has the highest thermal efficiencies of all gasification systems considered

here, including the coal cases. One reason is the large amount of high quality waste heat
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that can be used to supply virtually all of the electricity requirements, even though
gasification is carried out at atmospheric pressure, meaning that more electricity 1s
required. In methanol production, nearly 22% of the feed energy is converted to excess
process heat, while in hydrogen production the figure is greater than 14%. Furthermore,
according to the pinch analyses, in both the methanol and hydrogen cases, all of this
waste heat can be used to generate electricity. As outlined in Chapter 3, this is a direct
result of the gasification process, where char and some biomass are burned instead of
gasified, producing a large quantity of high grade waste heat. The atmospheric pressure
quench also significantly reduces the amount of steam that must be raised for synthesis
gas processing, allowing more of this high quality waste heat to be used for electricity

production.

Wyman, et al. (1992) conducted an earlier evaluation of the BCL gasifier
(methanol production only) using ASPEN-SP, a software package very similar to the one
 used here. Their results were: ER = 0.690, Ty, = 63.3%, and Mgy, = 45.9%. Overall,

these results are in excellent agreement with those presented here.

6.5 Prospects for Technological Improvements

The economic analysis in Chapter 7 will show that the systems based on the BCL and
MTCI gasifiers will be highly cost competitive. Nevertheless, the technologies used in
these simulations reflect only what is commercially available (except of course for the
gasifiers). In addition, there are a number of advanced technologies that could improve
the economics and efficiency of producing fuels from biomass. Some of these option

were described in Chapter 4. Some would result in only marginal gains, but others could

have significant impacts.
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Because the exergy analyses showed that reforming is not a significant source of
thermodynamic losses in biomass systems, alternatives to steam reforming would probably
only result in marginal efficiency gains, if any. Catalytic tar cracking, while desirable,
would also have only marginal benefits since the gasifiers studied here produce only small
quantities of condensable hydrocarbons (about 1% or less). The coproduction of
electricity, which was shown to reduce costs for coal gasification systems (OPPA, 1989),
would probably have a similar impact on biomass systems. The OPPA study estimated
that production costs would be approximately two thirds that for an all-methanol facility.
However, this option would dramatically reduce the quantity of fuels that could be
produced. Since biomass is much less abundant than coal, this is not a realistic option
if biomass is to become a major source of transportation fuels. For the coal case

considered in OPPA (1989), only 19% of the syngas energy was converted to methanol.

More significant improvements in economics could -be achieved by

zing advan ithesis technologies. The effect on

commercializing advance
overall efficiency would be small, but costs could be substantially reduced. Once-through
methanol processes may also permit the use of air-blown gasification instead of oxygen
blown gasification, which would make a wider variety of biomass gasifiers cost
competitive, by eliminating the need for oxygen separation, which is costly at the scales
projected here for biomass conversjon facilities. The development of hot gas conditioning
could have a similar impact by combining the cracking of tars and the reforming of

hydrocarbons, which is relatively capital intensive, although less expensive than methanol

synthesis.

Finally, a very interesting option for methanol production would be to use
electricity produced from wind or solar-PV energy to produce hydrogen via the

electrolysis of water, which would be added to the hydrogen deficient synthesis gas,
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eliminating the need to tune the R value with a shift reactor. This would have multiple
benefits. First, more methanol would be produced per unit of biomass. This may become
extremely important when resource constraints begin to limit the supply of relatively
inexpensive biomass. Thus, this option could make biomass an even more significant
resource. Second, in suitable regions, the same land could be used to grow biomass and
generate wind power. Third, if these intermittent energy sources are connected to the
utility grid, hydrogen augmentation could be used as a means of utilizing excess
electricity, when the supply of electricity from renewables exceeds demand. This would
improve the economics of intermittent renewables. The by-product oxygen from
electrolysis could be used on-site for gasification or reforming, or sold to offset the cost
of the electrolyzer. Preliminary modeling indicates that with H, augmentation, it would
be possible to increase methanol production by 50-100%, depending on the gésiﬂer and

the choice of reforming option.

6.6 Conclusions

A systelriatic comparison of methanol and hydrogen production shows that for a given
feedstock hydrogen production would be more efficient. More importantly, this chapter
has shown that by exploiting the unique properties of biomass, it is possible to produce
“fuels more efficiently from biomass than from coal. Similarly, when biomass is gasified
using technologies that have been optimized for coal, efficiencies are lower than those
achievable in gasifiers designed for biomass. Modemn coal gasifiers like the Shell
entrained-bed unit are the products of years of development and many millions of dollars
in research funding. The result is a gasifier that take full advantage of the properties of
coal. Similar gasifiers are needed for biomass. The good thermodynamic performance
of indirectly heated gasifiers suggests that further gains can be made by pursuing a more
aggressive R&D program to determine the optimal gasification technologies for producing

fluid fuels from biomass. The fact that the most efficient biomass gasifier is an
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atmospheric pressure unit (the BCL gasifier) demonstrates that technical options deemed

advantageous for coal gasification may not be optimal for biomass.

Exergy analysis is a useful tool for gaining insights into the thermodynamics of
the production of fluid fuels. The exergy analysis showed that gasification is the single
largest source of thermodynamic losses in the overall systems. Reforming accounted for
only minor losses relative to gasification. In hydrogen production, the production of
electricity was also a major source of exergy losses. This suggests that future research
should focus on reducing the losses from gasification and minimizing the need for
external electricity in hydrogen production. Future work should also focus on more
detailed analyses of the most promising technologies identified here. Specifically, it is
important to synthesize heat exchangers networks and assess indirect gasifiers over a
range of operating parameters. Because the most efficient biomass gasifier is an
atmospheric pressure unit, a better understanding of the effects of pressurized biomass

also needed, because it is generally accepted that pressurization is

advantageous. This analysis shows that this may not be the case.
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Table Ba-1: Calculated materimi flows for methancl production from natural gas wsing conventional reforming.
Total
Volume Molecular
Temp Fres. Flow Weight Component Volume Flow Rates fkxmol/hr)
Hame 1¥]  ibar] (kmol/hz} [kg/kmol) 4,0 H co  CO; CH, CoHg 0; N; CHy0H
1 Katurzal gas feed 293 25.00 3042 16.77 0 .0 0 6 2881 85 0 70 0
2 Reformer feed 475 25.00 12194 17.7¢ 9153 0 0 6 2881 85 0 70 0
3 Preheated reformer feed 850 24.50 12154 17.7¢ 9153 0 0 6 2881 BS 0 79 o
4 Reformer exit 1173 24.00 17555 12.2% 5600 BB32 1812 877 369 0 0 70 0
S Cooled reformer product is50 23.50 12180 5.76 224 8831 1812 874 365 0 1] 70 0
6 Mpkeup compressor inlet 350 23.50 11956 g.61 0 8831 1812 874 365 1] 0 0 0
7 Mmkeup compresscr exit 470 105.88 11856 .61 0 B831 1812 874 363 0 0 79 0
8 Hot synthesis feed 1 341 105.88 26570 5.82 3 21873 986 601 2575 0 1] 489 42
9 Hot synthesis feed 2 523 105.38 26570 5.82 3 21873 $86 601 2575 0 0 483 42
10 Synthesis product 533 $7.28 54533 .38 B46 43128 434 515 5783 0 0 1100 2716
11 Crude methanol product 300 96.78 3457 28.65 :EL} 0 o 3 o 0 0 0 2616
12 Recycle stream 300 96,78 51076 4.87 8 43128 434 512 5783 0 0 11089 100
13 Recycle compressor feed 300 96.7B 47822 4.87 8 40380 406 479 5424 0 0 1030 54
14 Recycle compressor exit 3069 105.88 47822 4.87 8 406380 406 475 5424 0 0 1030 54
15 Ccld synthesis feed 1 341 105.88 j3ao8 5.82 4 27338 1232 752 3218 0 ) 611 52
i 16 Cold synthesis feed 2 320 105.38 33208 5.82 4 27338 1232 752 3218 0 0 El1 52
17 Purge stream 300 96.78 3254 4.87 1 2747 2B 33 368 0 0 70 &
18 Heated veformer fuel gas 500 96.78 3254 4.87 1 2747 2B 33 369 1] [ 70 6
18 Reformer furnace products 1183 1.00 13504 26.03 34599 @ 0 436 0 0 308 9262 1]
20 Stack gases 393 1.00 13504 26.03 34889 @ o 436 0 0 30 9262 0
21 Reformer furnace air 298 1,00 11635 28.85 [+ 0 0 o 0 0 2443 9182 Q
22 Heated reformer furnace air 855 1.00 11635 28.85 ] o o 0 o 0 2443 91392 0
23 Reformer steam 540 25.00 9153 18.902 8153 0 0 0 0 ] 0 0 ¢]
24 Condensate 356 23.50 517% 18.42 5375 1 0 K] 0 Q [ 0 ]
25 Water removed 350 23.50 224 18.492 224 0 0 0 0 ¢ [ 0 ]
To stack 18
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Figure 6A-1: Process configuration for the modeling of methanol production from
natural gas using conventional steam reforming. '
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Table 6A-2: Calculsted material flows for methanol production from natural gas wsing carbon digxide addition.

Total
Volume Molecular
Temp Pres. Flow Weight Component Volume Flow Rates [kmol/hr)

Name {K]  ibar} (kmol/hr] [kg/kmol} H0 Hy co €O, CH, C,Hg 0, N; CH,0H

1 Natural gas feed 293 25.00 3042 16.77 Q 0 1] & 2BBl 85 0 70 0

2 Natural gas to reformer 293 25.00 2601 16.77 Q 0 Q 5 2463 73 0 £0 ]

3 Carbon dioxide added 298 25.00 B72 44.01 i) Q 0 672 0 o 0 0 Q

4 Reformer feed 460 25.00 9457 22.27 5217 1] 0 1685 2463 73 g &0 Q

5 Preheated reformer feed 850 24.50 5487 22.27 5217 Q 0 1685 2463 73 0 &0 Q

& Reformer exit 1173 24.00 13855 15.26 3525 5977 2666 1198 429 0 0 &0 o

7 Selexol feed 400 23.50 11655 14.76 1571 5977 2666 1196 429 0 0 60 Q

8 Selexcl exit 400 23.50 5318 11.11 o 5977 2666 186 429 1] 0 6D Q

9 Makeup compressor exit 471 105.88 53116 11.11 0 S977 2666 186 429 0 0 60 0

10 Hot synthesis feed 1 336 105.48 124594 12,99 0 5265 1327 403 4738 0 0 669 31
11 Hot synthesis feed 2 523 105.38 124594 12.9% 0 5265 1327 403 4758 0 0 EES 31
12 Synthesis product 533 987.28 41132 14,73 142 14008 2343 1365 17908 1 0 2998 2B6B
13 Crude methancl product 300 96.7B 2504 31.42 140 0 0 14 1 0 1} 0 2748
14 Recycle stream 300 96.78 isz2z29 13.46 2 14008 2343 1351 17508 1 0 2498 119
15 Recycle compressor feed 300 ©96.7B 17273 13.46 1 13658 2284 1317 17460 1 0 2435 116
16 Recycle compressor exit 308 105.88 37273 13,46 1 13658 22B4 1317 17460 1 0 2435 116
17 Cold synthesis feed 1 336 105.88 34141 12.99 1 14386 3627 1102 13111 1 0 1ie2% B85
18 Cold synthesis feed 2 320 105.38 34141 12.9% 1 14386 3627 1102 13111 1 0 1829 85
19 Nat, gas to reformer furnace 293 25,00 441 16.77 0 0 0 1 418 12 1] 10 0
20 Purge stream 300 96.78 955 13,46 0 350 59 34 448 0 0 62 3
21 Heated reformer fuel gas 500 25.00 1396 14.5¢ 0 350 59 35 B6S 12 0 73 3
22 Reformer furnace products 1183 1,00 12027 27.66 2124 0 0 966 0 0 291 BE2E [}
23 Stack gases 353 1.00 12027 27.66 2124 0 986 1] 0 291 BEZE 0
24 Reformer furnace air 298 1.00 10828 ZB.8S o} 0 0 o} 0 0 2274 BS54 [+
25 Heated reformer furpace air 1000 1.00 10828 2B.85 0 0 [ o} 1] 0 2274 BS54 ¢
26 Reformer steam sS40 25.00 4796 16.02 4736 [+ ¢ ¢ 0 1} 0 o 0
27 Carbon dioxide recycled 1 400 1.30 2380 29.04 1371 0 ¢ 1010 0 0 1] o 1]
26 Carbon diowide recycled 2 S0B  25.C0 1428 ©36.35 421 c ¢ 1008 Q 0 0 o o
2% Condensate 400 23.50 2156 18.03 2154 1 o} 2 ¢] 1) 0 1] o
30 Stage 2 condensate 400 5.33 952 18.02 950 0 [+ 2 [¢] 0 0 ] 1]

- 21 :25 ~
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Figure BA-2: Process configuration for the modeling of methanol production from
natural gas using carbon dioxide addition and recycling with steam reforming.
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Table 6A-3: Pinch analysis for methanol production from natural gas using éonventional gteam reforming.

Stream Table (stream names correspond those used in the Aspen Plus™ simulaticns

Streams T source T target H in H out belta T Delta H CP T scource T target

(K} (X) {GJ/hx) {GJ/hr} (K) (kW) (kW/K) cor‘ctd corrctd
COMB1 (h) 1193.4 393.0 -612.21 -978.94 -800.0 -101867 127.33 1188.0 ips.0
REFPRCD1-a {h) 1173.¢ 435.9 0.00 -450.54 -737.1 -125151 169.7% 1168.0 430.9
SYNPRCD-a (h} 533.¢ 382.4 0.00 -253.43 -140.6 -7039¢% 500.83 528.0 387.4
REFPROD1-b {h) 435.9 41G.7 -450.54 -598.06 -25.2 -40977 1623.52 4340.9 405.7
REFPROD1-c (h) 410.7 350.0 -598.06 -736.00C ~60.7 -3B316 631.73 4058.,7 345.4
SYNPRCOD-b (h) 392.4 300.0 -253.43 -557.34 -92.4 -84418 913.25 387.4 295.0
cOLD1 (h) 341.3 320.0 -641.37 -663.22 -21.3 ~-606S 284.73 336.3 315.0Q
ATR1 {c} 298.0 BE55.1 -0.05 197.75 557.1 54944 98.63 303.0 860.1
REFFEED1 (c} 475.1 B50.0 -2375.67 -2173.46 374.9 56169 14%.82 480.1 855.0
REFW2~-c {c) 496.1 546.0 447.44 471.01 49.9 6548 131.23° 501.1 551.0
HOTFEED1 (c) 341.3 523.0 -513.17 -361.58 181.7 42111 231.78 346.3 528.,0
PURGEL {c)} 300.¢C 500.0 -44.88 -24.57 20G.0 5643 2B8.22 305.0 505.0
REFWZ-b {(c} 496.0 496.1 143.50 §47.44 ¢.1 84428 844281.02 501.0 501.1
REFW2-a {c} 293.0 496.0 0.00 143.50 203.0 39860 196.32 298.0 501.0

~177493

Problem Table

Interval T(i) T(i+l} Ti-T{i+1l) Sum CPhot Sum CPcold CPc-CPh delita K Cascade Corrected

(K) (K} (K} {kW/K) (kW /K) {kW/K} {kW) Cascade
V] 11B8.0 0 0
1 11B8.0 1168.0 20.0 127.33 0.00 -127.33 -2547 2547 2547
2 1168.0 B60.1 307.9 297.12 0.G0 -297.12 -91495% 24041 54041
3 B50.1 855.0 5.1 297.12 9B.63 -198.49 -1GG5 95046 55046
4 855.0 551.0 304.0 297,12 24B.45 -48.67 -14734 109840 109840
5 551.0 528.0 23.0 287.12 375.68 82.56 1902 167938 107938
€ £28.0 505.0 23.0 787.95 611.46 -186.48 -4289 112227 112227
7 505.0 501.1 3.9 787.95 635,68 -158.27 «611 112838 112838
8 501.1 501.0 0.1 767.95 844785.47 843%91.52 84399 28439 28439
] 501.0 480.1 21.0 797.95 704.717 -93.18B -1952 30391 34391
10 480.1 430.% 49.2 787.95 554.95 -243.08 -11955 42346 42346
11 430.9 405.7 25.2 2251.68 554.95 «1696.73 -42825 85170 B5170
12 405.7 388.0 17.7 125%.89 554,895 -704.94 -12444 97615 97615
13 388.0 387.4 0.8 1132.56 554.85 -577.61 -326 97941 97941
14 3187.4 346.3 41.1 1544.98 £54.95 -9490.03 -40711 138652 138652
15 346.3 345.0 1.3 1544.98 323.17 -1221.B1 -1607 140258 140258
16 345.0 336.2 8.7 913.25% 323.17 ~-530.08 ~512% 145383 145383
17 336.3 31s5.0 21.3 1197.98B 323.17 -B74.81 -18647 164030 164030
18 315.0 305.0 i0.0 913.25 323.17 -£30.08 -5901 1699321 169931
19 305.0 ap3.o0 2.0 913.25 25%4.95 -61B.30 -1237 171167 171167
24 303.0 258.0 5.0 913.25 196.32 ~716.%3 ~3585 174752 174752
21 29g.0 295.0 3.0 913,25 Q.00 -913.25 -2740 177492 177492
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Table 6A-4: Pinch analysis for methanol production from natural gas using CQ, addition.

Stream Table
Streams T source T target H in H out Delta T Delta H ce T source T target
(K) (K} {GJ/hr) {GJ/hr} (K} (kW) (KW/K) cor‘ctd cor‘ctd
COMB1 (h) 1183.0 393.0 -537.11 -867.08 ~800.0 -91658 114.57 1188.¢ 388.0
REFFROD1-a (h) 1173.0 418.0 0.00 ~40B.58 -755.0 -113495 150,33 1168.0 413.0
SYNPROD-a (h} 533.0 384.6 0.00 -245.81 -148.4 ~68281 4€0.23 528.¢ 379.6
REFFROD1-b (h) 418.0 400.0 -408,.58 -466.95 -18.0 -16214 B98.49 413.0 395.0
SYNPROD-b {h} 384.6 3400.0 -245.81 -450.86 -84.6 -68070 804.27 379.6 295.0
COLD1 (h} 336.0 320.0 -1B05.38 ~-1825.84 -16.0 -5407 337.43 331.0 315.9
AIRl {cold) 298.0 1000.0 -0.05% 235.47 702.0 65420 93.19 303.0 1005.0
REFFEED1 (c) 459.5 850.0 -2072.84 -1897.14 390.1 48808 125.11 464.9 BS5.C
REFW2-c (c} 496.1 546.0 234.46 246.81 49.9 3431 €£8.76 501.1 551.0
HOTFEED] (¢) 336.0 523.0 -661.03 ~575.24 187.0 23830 127.45S 341.0 528.0
FUELZ2 (c) 2B8.7 500.0 -87.38 ~76.19 211.3 3110 14.72 293.7 505.0
REFW2-b {c} 496.0 456.1 75.18 234.46 0.1 44240 442403.26 50%1.0 501.1
REFHWZ-a {c} 293.0 496.0 0.00 75,19 203.0 20887 102.87 298.0 501.0
-153339

Problem Table

Interval Tii) T{i+1} Ti-T{i+1} Sum CPhot Sum CPccld CPc-CPh delta H Cascade Corrected

{K} {K} (K) (kW/K} {kH/K} (kW/K) (kW) Cascade
0 1188.0 1} [
1 1188.0 1168.0C 20.0 114.57 0.00 ~114.57 -2291 2291 2291
2 1168.0 1005.0 163.0 264.9%0 0.00 -264.90 -4317% 45470 45470
3 1005.0 B55.0 150.0 264.90 93.19 -171.71 -25757 71227 71227
4 B55.0 551.90 304.0 264.80 218.30 -46.60 -14165 B5391 85351
5 551.0 528.0 23,0 264.90 287.06 22.16 511 84881 84881
6 528.0 505.0 23.0 725.13 414,51 -310.62 -7144 92025 92025
7 505.0 501.1 3.9 725.13 42%.23 -295.9%0 -1142 93167 93167
B 501.1 501.0 0.1 725.13 442763.73 44203B.60 44204 48963 48963
9 501.0 464 .5 36.2 725.12 463.34 -261.75 -9467 SB430 SB430
10 464.9 413.0 51.8 725.13 338.23 -386.%90 -20054 78484 78484
1 413.0 395.0 18.0 1473.2% 338.23 -1135.06 -204862 98967 58967
12 395.0 3B8B.0 7.0 574.80 33B.23 -236.57 -1656 100623 100623
13 3g8.0 379.6 B.4 460.23 33B.23 -122.00 -1020 101643 101643
14 37%.6 341.0 38.6 804 .27 33B.23 -466.04 -1795%4 115637 119637
15 341.0 331.0 10.0 604.27 210.78 -593.45 -5835 125572 125572
16 331.0 315.0 16.0 1141.70 210.78 -930.92 -1451B 140490 1404590
17 315.0 303.0 12.0 B04.27 210.78 -593.49 -7122 147612 147612
1B 303.0 298.0 5.0 B04.27 117.5% -6B6 .66 -3433 151045 151045
1% 298.0 295.0 3.0 804.27 14.72 -789.55 -236% 153414 153414
20 295.0 293.7 1.3 0.00 14.72 14.72 19 153395 153395
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Figure 6A-3: Grand composite curves for methanol production from natural gas,
showing how much steam can be raised from excess waste heat. The shaded region

indicates process-to-process heat exchange.
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Jable 6A-5: calculated material flows for hydrogen production from natural gas.
Total
Volume Molecular
Temp Pres, Flow weight component Volume Flow Rates [kmoi/fhr)
Hame {K]  [bar] [kmol/hr]l {kg/kmol) H;© H, Cco co, CH C,H, o, Ny
1 Hatural gas feed 293 25.00 3042 16.77 ] 0 0 6 2881 :3-3 o] 70
2 Natural gas to reformer S00 24.50 2507 16.77 ] 0 0 5 2374 7C 0 1
3 Reformer feed 523 24.50 10051 17.70 7544 0 0 5 23 70 0 SB
4 Preheated reformer feed 850 24.00 10051 17.70 7544 0 0 5 2374 70 0 S8
5 Heformer exit 1173 23.50 14495 12.28 4604 7314 1505 723 292 0 ] 5B
5§ High temperature shift feed 623 23.00 14495 12.28 4604 7314 1505 723 292 o] o 58
7 High temperature shift exit 700 22.30 14495 12.28 3537 8320 498 1729 232 [¥] 0 SB
B Low temperature shift feed 500 22.00 14495 12.28 3597 8320 498 1729 292 a 0 S8
9 Low temperature Ehift exit S00 22.50 14495 12.28 3168 B750 69 2159 2892 0 0 S8
10 PSA makeup feed 31a 21.00 11358 10.6% 33 B750 69 2158 292 o] o 58
11 Psh-A feed 313 21.90 14137 11.08 33 9853 343 2158 1462 [ o 288
12 PSA-B feed 313 20.65 11946 5.11 0 9853 343 0 1462 0 0 288
13 Hydrogen compressor teed 313 20.30 8474 2.02 0 B474 1} 0 0 0 0 0
14 Hydrogen compressor exit 383 75.00 8474 2.02 0 B474 1] 0 0 c 1] 0
15 Cooled Hydrogen product 313 75.00 8474 2.02 0 B4T4 0 0 0 ¢ [s] 0
16 PSA recycle stream 313 1.30 3472 12.65 0 3379 343 0 1462 "] o 288
17 Recycle compressor feed 313 1.30 2778 12.65 0 1104 274 0 117¢ [} [} 231
18 Recycle compressor exit 433 21.20 2778 12.65 0 1104 274 0 117¢ G [v] 231
19 PSA-A recycle feed 313 21.00 2778 12.65 0 1104 274 o 1170 0 1] 231
20 Nat. gas to reformer furnace 293 25.00 535 16.77 0 0 1] 1 506 15 1] 12
21 purge stream 313 1.30 694 12.65 0 276 59 [H 292 o] 0 58
22 Heated reformer furnace fuel 700 1.30 1229 14.44 0 276 9 1 799 15 0 70
23 Reformer furnace products 1193 1.00 1103% 27.68 1918 0 0 838 4] 0 27z 7950
24 Stack gases 393 1.00 1103% 27.68 1318 0 1} EE:] ] 0 272 7950
25 Reformer furnace air 298 i.c0 3975 28.85 0 0 [H ¢ o] ¢ 2095 788D
26 Heated reformer furnace air 1000 1.00 9975 28.85 0 0 4 o] o] 0 2095 TE80
27 Reformer steam 546 24.50 7544 x8.02 T5¢4 o 0 ¢ 0 o 1] 4]
28 Carbon dioxide removed 313 1.30 2191 43.62 33 0 ¢ 2158 o [v] 0 0
29 Condensate 313 21.00 3135 18.02 3135 [\ ¢ V] 4 ¢ 0 V]
[ T
: N N 25
E — eat josg - - —-
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Figure 6A-4: Process configuration for the modeling of hydrogen production from
natural gas using conventional steam reforming.
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fable GA-6: Pinch apalysis for hydrogen production from natural gas using conventional steam reforming.

stream Table

Streams T source T target H in H out Delta T Delta H ce T source T target

(K) (K} {GJ/hr) {GJ/hr} (K} (kW} {(kW/K) cor‘ctd corrctd
COMB1 {hot) 11%93.0 393.0 -483.18 ~785.70 -800.0 -84035 105.04 1188.0 3g8.0
REFPROD (h} 1173.0 623.0 -1153.98 -1437.21 -550.0 -7B676 143.05 1165.0 §18.0
SHIFT3 (h} 699.6 5p0.0 -1437.47 -1536.17 -195.6 -2741% 137.38 654.6 485.0
LTS (hat) 500.1 500.0 -1536.17 -1553.08 -0.1 -4698 46983.61 455.1 495.0
SHIFTS-a (h) 500.0 421.6 0.00 -37.91 -76.4 -10530 134.28 495.0 416.6
RECYC3 {h) 432.8 313.0 -105.55 -116.86 -11%.8 -3143 26.24 427.8 308.0
SHIFTS-b (h} 421.6 28B.6 - -37.91 -145.15% -32.9 -29788 904.13 416.6 383.6
H22 (hot} 392.6 313.0 21.41 4.36 -63.6 -4735 68.04 I77.6 308.0
SHIFT5-c {h) 388.6 313.0 ~145.15 -232.23 -75.6 -24181 319.84 383.6 30B.0
AIR1l {cold) 2§8.0 1000.0 -0.04 216,52 702.0Q 60269 85.85 303.¢ 1005.0
REFFEED3 ({c) 522.7 850.0 -1936.79 -175%2.539 327.3 40055 122.39 527.7 855.0
FUEL2 {c} 298.1 700.0 -£9.12 -4B8.71 401.9 5669 14.11 303.1 705.0
REFW2-c (c} 45%6.1 546.0 168.76 3gg.21 49.5 5347 108.16 501.1 551.0
REFFEED1 {c) 253.0 500.0 -187.3299 -165.0126 207.0 61565 29.85 298.0 505.0
REFW2-b (c} 496.0 496.1 118,27 368.78 0.1 69586 695B855.556 501.0 501.1
REFWZ-a (c} 293.0 496.0 0.00 118.27 203.0 32853 161.81 298.0 501.0

-47185

Problem Table

Interval T(1) T(i+1} Ti-T{i+1) Sum CPhot Sum CPcold CPc-CPh delita B Cascade Corrected
(K} (K} (K) (XW/K) (kW/K) {KW/K} {kW) Cascade

0 1188.0 0 0
1 1188.0 1168.0 20.0 105,04 0.00 -105.04 -2101 2101 2101
2 1168.0 1005.0 163.0 24B.08 .00 -248.09 -40438 42539 42539
3 1005.0 855.0 150.0 24B.09 B5.85 ~162.24 -24336 66875 66B75
4 855.0 705.0 150.0 248.05 208.24 -39.85 -5978 72853 72853
5 705.0 694.56 10.4 248.0% 222,35 -25.74 -269 73122 73122
g 694.6 618.0 76.6 3i85.47 222,35 -163.12 -12488 B5609 85609
7 61B8.0 551.0 67.0 242.42 222.35 -20.07 -1344 86953 86953
B 551.0 527.7 23.3 242 .42 330.51 88.09 2053 84901 B4501
9 527.7 505.0 22.7 242.42 208.12 -34.30 -780 85681 B5681
10 505.0 501.1 3.9 242.42 238.07 -4.35 -17 85697 85697
11 501.1 501.0 0.1 242.42 695985.47 £95743.05 69574 1pl23 16123
12 501.0 495.1 5.% 242.42 291.72 49.30 293 15830 15830
i3 495.1 495.0 0.1 47226.03 291,72 -46934.31 ~4693 20524 20524
14 4%5.0 427.8 §7.2 239.32 291.72 52.40 3524 17000 17000
15 427.8 416.6 11.2 265.56 291.72 26.16 292 16708 16708
16 416.6 388.0 2B.6 1035.41 291.72 -743.69 -21255 317963 37963
17 3BE.O 383.¢6 4.4 930.37 291.72 -631B.65 -2788 40751 40751
18 3g3.6 377.6 6.0 346.08 291.72 ~54.36 -328 41080 41080
i3 377.6 308.0 69.¢€ 4i4.12 291.72 -122.40 -8519 49598 49598
20 308.0 303.1 4.9 0.00 291.72 291.72 1424 48174 4B174
21 303.1 303.0 0.1 0.00 277.61 277.61 33 - {8141 48141
22 303.0 288.0 5.0 0.00 191.7¢6 191.76 959 47183 47183
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Figure 6A-5: Grand composite curve of hydrogen production from natural gas using
conventional steam reforming.
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Table 6A-7: Calculzted material fiows for methanol production from coal based

on the Shell Gasifier.

Total
Volume Holecular
Temp Pres. Flow Weight Component Volume Flow Rates {kmol/hr)
Narve IK]  [bar} [kmol/hr] {kg/kmoli H,0 M, CC CO; CH, H;5 Ar D K CHyOR
1 Dried coal 1650 tonnes per day @ 5% moigture
2 Dried, preesurized coal 1650 tonnes per day @ S5k moisture
3 Gasifier exit 1644 24.32 6353 20.49 127 1%0z 3B41 i03 5 75 73 0 227 o
4 Quench inlet 405 22.82 £353 20.4% 127 1502 3841 103 5 75 73 Q 227 0
5 Quench exit 369 23.32 €458 20.45 232 1%02 3841 103 5 7% 73 0 227 0
€& Gas Cleanup exit 369 23.32 5383 20.2% 232 1902 3841 103 5 0 73 0 227 0
7 Shift feed 369 21.32 4058 20.29 148 1209 2442 65 3 ] 46 [+ 144 0
8 Shift bypass 369 23.32 2325 20.29 85  £%3 1399 38 2 q 27 0 83 o
§ Heated Shift feed 623 22.82 4058 20.29 148 1209 2442 55 3 [ 46 o 144 0
10 Shift exit 803 22.32 11235 18.84 5256 3278 37z 2135 3 0 46 ¢ 144 0
11 Cooled shift exit 400 21.82 £787 19.37 807 3278 372 2135 3 0 46 o 144 0
12 Selexol feed 395 21.B2 9112 19.61 g§92 3971 1772 2172 L 0 73 Q 227 1}
13 Selexol exit 395 21.B2 6171 11.73 0 3971 1772 123 5 0 73 o 227 q
14 Makeup compressor exit 3931 105.388 6171 11.73 9 3%71 1772 123 ) a9 73 Q 227 0
15 Hot synthesis feed 1 326 105.88 2558 17,51 0 1177 258 58 ig Q 248 Q 193 7
16 Hot synthesis feed 2 523 105.38 2558 i7.51 0 1177 258 58 it 1 248 Q 793 7
17 Synthesis product 533 97.28 27204 15,86 g7 10460 1373 618 197 o 2997 0 8562 1510
18 Crude methanol product 300 95.28 1967 31.52 86 1 25 1 0 8 [ 1% 182%
1% Recycle atream 300 96.28 25237 18.95 110457 1372 5% 196 o 2989 0 9544 85
20 Recycle compressor feed 300 56.28 24686 18.95 1 10228 1342 581 192 0 232§ 0 9335 83
21 Recycle compressor exit 310 i05.588 24686 18.95 110228 1342 581 1922 0 2924 0 9335 B3
22 ¢old synthesic feed 1 3126 105,88 28255 17.53 1 13022 2856 646 180 0 2749 0 8770 1%
23 Cold synthesis feed 2 320 305,38 28299 17.51 1 33022 2856 €46 180 0 2749 0 8770 76
24 Purge stream 100 $6.28 551 18.9% 0 228 30 13 4 0 65 0 209 2
25 Shift steam $23 2z2.82 77 18.02 7177 1} 0 Q 0 0 Q 0 0 Q
26 Gasifier steam 300 24.50 115 ig.02 115 0 0 0 o 0 o 9 0 Q
27 Gasifier Oxygen 258 24.50 1604 32.00 ¢ 0 0 Q 0 0 73 17139 12 Q
28 Carbon dioxide removed a5 21.82 2941 36,13 B32 0 0 2049 0 0 0 Q 0 0
29 Condensate 400 21.82 4448 18.02 4448 1} 0 ) ] 4 ¢ Q 0 Q
30 Quench feed water 254 25.00 704 18.02 704 0 0 0 o 0 0 a 0 0
31 Quench condensate 369 23.32 599 1g.02 539 0 0 0 0 0 0 a ) 0
1
Crusher : i .28 vz (o
- M ~
/\ o : v < %-
. § B [~
. COZ H 3 c
25 : £3
) . H,0
Gasifier &
Lock . 20
Hopper /; 17
2 27 Makeup :
water ' 48 19
: g Sep
: Ash (slag) _/

\

104

\

To gas turbine

Figure 6A-6: Process configuration for the modeling of methanol production from
coal based on the Shell entrained-bed gasifier.
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Table EA-8: Calculated material flows feor itrydrogen production from cosl besed on the Shell Gasifier.
Total
Volume Molecuiar
Temp Pres. Flow Weight Component Volume Flow Rates {kmcl /hr)
Name {Xl Ibar} [kmol/hr] [kg/kmol] H,0 H; co  Co, CH, H;5 Ar X N,
1 Dried coal 1737 tonnes per day 9 5% moisture
2 Dried, pressurized coal 1737 tonnes per day 6 5% moisture
3 Gasifier exit 1644 24.32 6352 20.49 127 1902 2841 103 5 75 73 0 227
4 Cuench inlet 405 23.82 53513 20.49 127 1902 1841 103 5 75 73 0 227
5 Quench exit 363 23.32 6462 20.45 236 1392 3841 103 5 75 73 4 227
6 Gas Cleanup exit 369 23.32 6387 20.23 236 1902 3841 103 K] 0 73 0 227
7 High temperature shift feed 623 22.82 6387 20.29 236 1%02 3841 103 5 1] 73 0 227
8 High temperature shift exit 804 22.32 17674 18.84 a271 51%4 589 2355 5 ] 73 0 227
9 Low temperature shift feed 500 21.82 17674 13.84 8271 5154 58% 21355 5 0 73 0 227
10 Low temperature shift exit Eo0  21.32 17674 18.84 7716 5709 34 3510 5 1] 73 [ 227
11 PSA makeup feed 313 20.82 9387 19.46 30 5709 34 3908 5 1] 73 [} 227
12 PSA-A feed 313 20.80 12064 19.6%5 30 6429 172 3508 25 ] 365 0 1135
13 P5A-B feed 313 20.45 8125 7.94 0 6429 172 Q 25 1] 365 0 1135
14 Hydrogen compressor feed 313 20.10 5529 2.02 0 552% 1] 1] 0 1] o o 1}
15 Hydrogen compressor exit 383 75.00 552¢ 2.02 0 552% Q 1] 0 0 [+ [} [}
16 Cooled Hydrogen product 313 75.00 552% 2.02 0 5529 0 0 1] 0 1] [+ 0
17 P5A recycle stream 313 1.20 2597 20.56 [} 500 172 a 25 1] 365 o 1133
18 Recycle compressor feed 313 1.30 2077 20.56 [+] 720 137 0 20 0 282 ¢ 508
15 Recycle conpressor exit 456 21.00 2077 20.5€ ] 720 137 0 20 0 292 [ s08
20 PSA«A recycle feed 313 20.80 2077 20.56 [} 720 137 0 20 ] 252 1] 508
21 Purge stream 313 1.30 519 20.56 0 180 34 Q S o] 73 1] 227
22 Gasifier steam 500 24.50 115 18.02 115 0 0 0 0 ] 0 0 0
23 Gasifier oxygen 298 24.50 1804 32.00 0 ] 0 2 o] Q 73 1719 12
24 shift steam €23 22.82 11287 18.02 11287 o 0 0 ) 0 0 0 0
25 Cerbon dioxide removed 313 1.30 3535 43.8% a0 o 0 3908 [ Q 0 1] o
26 Condensate 313 20.82 7687 18.02 7686 o 0 1 o D] o 0 0
27 Quench feed water 294 25.00 316 i8.02 316 o 0 0 [ 2 o 0 0
2& Quench condensate 363 23.32 207 18.02 207 o 0 0 i} 0 a 0 0

e o) N
1 |¢ . Y :
% X w .
¥
25 4
Crusher Condensate H,S '
co, c
H,0
15
Gaslifier 23 cool
Lock i :
Hoppser “ Condensate ‘6
2 22 \A / : v
\_/ akeup
: water
: Ash {sla
{sfag)
Figure 6A-7: Process configuration for the modeling of hydrogen production from

coal based on the Shell entrained-bed gasifier.
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Table 6A-%: Pinch analysis for methanol production from coal using the Shell entrained-bed gagifier.

Stream Table

Streams T source T target K in H out Delta T Delta H cp T source T targebt
{K) (K) (KW} (kW} (K} (kW) {kW/K) cor'ctd cor‘ctd
GFRPROD (h} 1644.¢ 405.0 -61733 -132880 -1239.0 -71147 57.42 163%.0 400.0
SHIFTS-a (h} B03.1464 452.8 0 -40678 -350.3 -40678 116.12 798.1 447.8
CcoLDl (h) £51.5 543.0 ~161070 -162570 -108.5 -1500 13.82 646.5 538.0
SYNPROD {(h} 533 300.0 -172930 ~249420 -233.0 -76490 128.28 528.0 295.0
SHIFT5-b (h} 452.8 400.0 -40678 ~§4423 -52.8 -53745 1017.50 447.8 395.0
SHW1l-c {c) 492.4 623.0 57437 109387 130.6 11950 91.50 a57.4 §28.0
SHIFT2 (c) 369.0 £§23.0 -89914 ~81216 254.0 BES8 34.25 374.0 £28.0
HBOTFEEDL {c) 326.0 523.¢ ~14558 -10367 197.0 4190 21.27 331.0 528.0
GFRW1l-c (c) 496.1 500.0 1552 155% 3.9 7 1.86 501.1 505.0
GFRW1-b {c} 496.0 496.1 496 1552 0.1 1056 10583.11 501.0 501.1
GFRW1-a {c} 293.0 496.0 0 496 203.0 496 2.44 298.0 £01.0
SHW1-b {c} 492.3 492.4 30645 97427 0.1 66792 €67916.39 497.3 497.4
SHWl-a {c) 293.0 492.3 0 30645 159.3 30645 153.76 298.0¢ 497.3
-119725
Problem Table
Interval T{i} T{i+1) Ti-T{i+l} Sum CPhot Sum CPceld CPc-CPh delta H Cascade Corrected

(K} (K} (K} (XW/K} {kW/K) (kW/ X} {kw} Cascade
a 1639.0 D 0
1 1635.0 798.1 840.9 57.42 1] -57.42- -48282 48282 48282
2 798.1 546.5 151.6 173.54 0 -173.54 -26317 74589 74559
3 646.5 £268.0 18.5 187.36 0 -1B87.36 -3466 7B065 TBDSS
4 628.0 538.0 S0.0 187.36 125.75 -61.61 -5545 83610 83610
s 538.0 S52B8.0 10.0 173.54 125.75 -47.79 -478 84087 84087
6 528.0 505.0 23.0 501.82 147.¢2 -354,80 -8160 92248 92248
7 505.0 501.1 3.9 501.82 148.88 -352.94 -1363 93610 93610
[ 501.1 £01.0 0.1 501.82 10730.,13 10226.31 1021 92590 92580
g 501.0 457.4 3.6 501.62 149.4¢6 -352.3¢6 -1280 93869 93869
10 497.4 497.3 0.1 501.62 667974.35 6E7472.53 £6747 27122 27122
11 497.3 447.8 49.5 501.82 211.72 -290.10 ~14356 41478 41478
12 447.8 400.0 47 .8 1403.2 211.72 -1191.48 -56977 38456 98456
13 400.0 395.0 5.0 1345.78 211.72 -1134.06 -5€70 104126 104126
14 385.0 374.0 21.0 328.28 211.72 -116.56 -2448B 106574 106574
15 374.0 331.0 43.0 328.28 177.47 -150.81 -6485 113058 113058
16 331.0 288.0 33.0 32B.2E 156.2 -172.08 -5679 118737 118737
i7 298.0 285.0 3.0 328,28 0 -32B.28 -$B5 119722 119722
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Table 6A-10: Pinch analysis for hydrogen production from coal using the Shell entrained-bed gasifier.

Stream Table

Streams T source T target H in H out Delta T Delta H P T source T target

(K} (K} {kw) (kw} (K} (kW) (kW/K) cor’ctd ceor’ctd
GFRPROD (hot) 1644.1 405.0 - -61733 -132880 ~1235.1 ~-71147 57.42 1639.1 400.0
SH1FT4 (hot) 804.0 500.0 -853460 ~-509310 -304.0 -55850 183.72 79%.0 495.0
LTS thot) 500.1 500.0 -—- --- -g.1 -5956 559955 .56 485.1 485.0
SHIFT6-a (hot) 500.0 447.6 a -9305 ~52.4 -9305 177.57 435.0 442.6
RECYC3 (hot} 456.0 313.0 -2085 -4421 -143.0 -2337 16.34 451.0 30B.0
SHIFT6-b (hot) 447.6 410.1 -9305 -80804 -37.5 -71488 1906.74 442.6 405.1
SHIFTE-c (hot) 410.1 313.0 -B0804 -129286 -97.1 ~46482 499.3¢ 405.1 '308.0
H22 {hot} 383.0 313.0 3859 790 ~70.0 ~3109 44.41 378.0 308.0
SHIFT1 (cold) 369.0 623.0 -141650 -128010 254.0 13689 53.86 374.0 628.0
SHW1-c {c) 491.8 623.0 166535 182588 131.2 16054 122.49 496.8 628.,0
GFRH201-c (¢} 496.1 50Q.0 1552 1559 3.9 T 1.86 501.1 505.0
GFRH201-b {c) 496.0 496.1 456 1552 0.1 1056 10583.11 501.0 501.1
GFRH201-a {c) 293.0 4%6.0 Q 496 203.0 496 2.44 258.0 501.0
SHW1-b (c} 491.7 451.8 562740 166535 0.1 110264 1102643.61 456.7 456.8
SHWl-a (c} 293.0 4%1.7 0 56270 198.7 56270 283.13 298.0 4%6.7

-69896

Problem Table

Interval T(i) T{i+1l) Ti-T(i+1} Sum CPhot Sum CPcold CPc-CPh delta H Cascade Corrected
(K} {K} (K} {kW/X) {kW/K} {kW/K) {kW} Cascade

0 1636.1 0 13498
1 1639.1 785.0 840.1 57.4 0.0 -57.42 -48238 48238 61737
2 799.0 628.0 171.0 241.1 0.0 -241.14 -41235 89473 102872
3 628.0 505.0 123.0 241.1 176.3 -64.88 -7980 97454 110952
4 $05.0 501.1 3.3 241.1 178.1 -63,02 -243 976397 111185
5 501.1 501.0 0.1 241.1 10759.4 10518.23 1050 96647 110145
6 501.0 496.8 4.2 241.1 178.7 -62.44 -262 96509 110407
7 496.8 496.7 0.1 241.1 1102699.5 1102458.77 110246 -13337 161
8 496.7 495.1 1.6 241,1 339.4 9B.29 161 -13498 -0
9 495.1 495.0 0.1 60186.7 339.4 -59857.27 -5986 -7512 5986
10 495.0 451.0 44.0 235.40 339.4 104.44 4595 ~12108 1350
11 451.0 442.6 .4 251.3 339.4 B8.10 T40 -126848 650
1z 442.6 405.1 37.5 1980.5 339.4 -1641.07 ~-61536 4BGE8B 62186
13 405.1 400.0 5.1 573.1 339.4 -233.63 -1191 49BB0 63378
14 400.0 378.0 22.0 515.8 339.4 -176.21 -3877 53756 67254
15 378.0 374.40 4.0 560.1 339.4 -220.62 -8B2 54635 68137
16 374.0 30e.0 66.0 560.1 285.6 -274.48 -18116 72755 86253
17 308.0 298.0 10.0 0.0 285.6 285.57 2B56 63859 83397
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Figure 6A-8: Grand composite curves for methanol and hydrogen production from
coal, showing the need for extemal heating in the hydrogen case.
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Appendix 6A

Table 6a-11: calculated material flows for methanol production from biomass based on the Shell Gasifier.

Total
Yolume Melecular
Temp FPres. Flow Weight Component Volume Flow Rates [kmol/hr]
Name {X] {barl piamcl/hrl [kg/imol) H,0  Hy o co; CH, a, H, CHaOH
1 Raw Bicmass 3000 tonnes per day @ 45% moisture
2 Dried, pressurized biomass 1854 tonnes per day @ 10% moigture
3 Gasifier exit 1358 24.32 5453 20.07 1001 1672 2129 642 5 0 3 o
4 Quench inlet 465 23.B2 5453 20.07 1001 1672 2128 642 ] 0 3 1]
$ Quench exit 373 23.32 4657 20.36 219 1671 212% 52% ] Q 3 0
6 Shift feed 373 23.32 2565 20.36 iz1 920 1173 347 3 Q 2 0
7 Shift bypass 373 23.32 2091 20.36 98 750 956 283 3 Q 1 0
8 Heated Shift feed 623 22.82 2565 20.36 121 520 1173 3497 3 ] 2 1)
g sShifr exit 778 22.32 5963 19.02 2565 1B73 220 1289 3 Q 2 0
10 Cooled shift exit 400 21.82 3843 19,58 446 1B73 220 1299 3 ] 2 1)
11 selexol feed 391 21.82 5934 19,86 544 2623 1176 1582 6 0 3 0
12 Selexol exit 191 21.82 3es8é 10.76 0 2623 1176 78 6 0 3 0
13 Makeup compressor exit 394 105.88 3885 10.76 0 2623 1176 78 6 L] 3 1]
14 synthesis feed 356 105.88 9114 B.52 1 6897 1450 307 279 0 147 34
15 preheated eynthesis feed 523 105.38 9114 .53 1 6897 1450 307 279 0 147 34
16 Synthesis product 533 57.28 6643 11.70 65 4361 279 242 279 L] 147 1268
17 Crude methancl product 320 96.78 1308 31.42 65 0 Q B 0 0 0 1235
18 Recycle stream 320 96.78 5334 €6.86 1 4361 279 234 279 0 147 35
19 Recycle compressor feed 320 946.78 %228 6.86 1 4274 273 229 273 o 144 34
20 Recycle compressor exit 330 105.88 £228 6.86 1 4274 273 229 273 1] 144 34
21 Purge Btream 320 96.78 107 £.86 0 87 6 5 [ 0 3 1
22 shift steam §23 z2.82 3388 18.02 3398 0 0 ] 0 ] 0 o]
23 Gasifier steam 500 24.50 115 1B.02 115 0 0 0 0 0 0 o]
24 casifier oxygen 298 24.50 967 32.00 0 0 0 0 0 987 0 0
25 Carbon dioxide removed 391 21.82 2048 37.11 544 4] 0 1504 1] 0 1] 0
26 Quench feed water 293 25.00 13158 18.02 13158 o] 0 o 0 0 0 o
27 Quench Condensate 373 23,32 13955 18.04 13941 2 ) 13 0 0 1] 1]
28 Condensate 400 21.82 2120 i8.02 2120 o] 0 o Q 0 t] 0
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Figure 6A-9: Process configuration for the modeling of methano! production from
biomass based on the Shell entrained-bed gasifier.
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Table 6A-12: Calculated material flows for hydrogen production from biomass based on the shell Gasifier.

Total
Volume Molecuiar
Temp Pres. Flow Weight Component Yolume Flow Rates [kmol/hr]
Hame [K] [bar] [kmol/hr] [kg/kmol) R,0 Hy co  Co, CHy oM N,
1 Raw Biomass 3000 tonnes per day € 45% moisture
2 Dried, pressurized biomass 1854 ronnes per day @ 10% moisture
3 Gasifier exit 1358 24.32 5453 20,07 1001 1672 2128 642 6 a 3
4 Quench inlet 465 23.82 5453 20.07 1001 1§72 2129 642 & 0 3
5 Quench exit 373 23.32 4657 20.36 219 1671 212% 629 6 0 3
6 High temperature shift feed £23 22.82 4657 20.36 21% 1671 2129 628 ] Q 3
7 High temperature shift exit 7718 22.32 10825 19.02 4658 34090 400 235% ] i 3
B Low temperature shift feed 500 21.82 10825 19.02 4658 340C 400 235% 6 ¢ 3
9 Low temperature shift exit 500 21.32 14825 15.02 4285 3772 27 2731 6 a 3
10 PSA makeup feed 313 26.82 6551 19.64 22 3172 27 2721 1] G 3
11 PSA-A feed 313 26.80 7170 1B.60 22 4248 136 2721 28 ¢ 15
12 PSA-B feed 3132 20.45 4427 2.99 0 4248 136 0 28 i) 15
13 Hydrogen compressor feed 313 20.10 3653 2.02 0 3653 0 0 0 G 0
14 Hydrogen COmpressor exit 181 75.00 3653 2.02 0 36353 0 0 o o [}
15 Cooled Hydrogen product 313 75.00 3653 2.02 0 3653 1] Q 1] ¢ o
16 PSh recycle stream 313 1.30 774 7.60 0 595 136 0 28 ¢ 15
17 Recycle compressor feed 313 1.30 615 7.60 0 476 109 Q 23 0 12
18 Recycle compressor exit 450 21.00 618 7.60 0 476 109 o 23 1] 12
19 PSA-A recycle feed 313 20.8B0 61% 7.60 0 476 10% 0 23 [ 12
20 Purge stream 313 1.30 155 7.60 0 119 27 0 & 0 3
21 Gasifier steam 500 24.50 115 18.02 115 V] ] 0 0 0 ¢
22 Gasifier oxygen 298 24.50 467 32.00 0 0 0 0 Q 867 ¢
23 shift steam 623 22.82 6168 18.02 6168 0 o 0 0 0 Q
24 Carbon dioxide removed 313 1.30 2743 43.80 22 a O 2721 Q 0 0
25 Quench feed water 283 25.00 13158 18.02 131568 0 0 0 Q 0 0
26 Quench Cendensate 373 23.32 13955 18.04 13941 2z 0 13 Q 0 0
27 Condensate 313 20.82 4274 15.08 4263 1} 0 10 o Q 0
25 : @
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Figure BA-10: Process configuration for the modeling of hydrogen production from
biomass based on the Shell entrained-bed gasifier. _
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Table 6A-13: Pinch analysis for methanol production from piomass using the Shell entrained-bed gasifier.

Stream Table

Streams T source T target H in H out Delta T Delta H P T source T target

(K} {K) (GI/hr} (GJ/hr) {K} {kW) (kW/K} cor‘ctd cor‘ctd
GFRPFROD {h) 1357.8 465.4 -529%.42 -702.7% -8%2.5 -48158 53.96 1352.8 460.4
SHIFT4-a {h} 777.8 456.1 0.00 -72.26 ~327.7 -20072 61.26 772.8 445.1
synth (hot) 533.1 533.0 -245.84 -364.81 -0.1 ~21856 218555.56 528.1 528.0
SYNFROD (h) 533.0 326.0 -164 .81 -465.54 -213.0 -27580 131.36 528.0 315.0
SHIFT4-b {h) 450.1 433.5 -72.26 ~120.55 -16.7 -13414 804,37 445.1 428.5
SHIFT4-c {h) 433.5 400.0 -120.55 -165.8 -33.5 -12557 375.34 428.5 395.0
SHIFT1 {c} 372.7 623.0 -289.97 -269.35 250.3 5727 22.88 377.7 628.0
SHW2-c {c) 492.4 623.0 166.05 186.41 130.6 5657 43.32 497 .4 628.0
SYNFEEDL (<) 356.2 523.0 -2%2.36 -245.84 166.8 12923 77.49 361.2 528.0
GFRWZ-c {c) 496.1 500.0 5.59 5.61 3.9 7 1.86 501.1 505.0
GFRW2-b {c) 496.0 496.1 1.73 5.5% 0.1 1056 10561.94 501.0 501.1
GFRW2-a {c} 293.0 496.0 0.00 1.79 203.0 496 2.44 298.0 501.0
SHW2-b {c) 492.3 492 4 52.21 166.05 0.1 31621 316212.78 497.3 497.4
SHW2-a {c) 253.0 492.3 0.00 52.21 19%.3 14503 72.76 298.0 497.3
Drier {cold) 293.0 353.0 - -—- 100.0 46380 463,80 298.0 398.0

~25666

Problem Table

Interval T{i} T{is1l) Ti-T{i+1) Sum CPhot Sum CPcold CPc-CFPh delta H Cascade Corrected

{K} (K) (K) {kW/K} (KW/K) (kW/K) (kW) cascade

0 1352.8 o 0
1 1352.8 772.8 580.0 53.96 0.00 ~53.96 -31298 31298 31298
2 772.8 62B8.0 144.8 115.22 0.00 -115.22 -16684 47982 47982
3 628.0 528.1 99.9 115,22 66.20 -45.062 -4887 52B7% 52879
4 528.1 528.G 0.1 21B670.78 66.20 ~218604.58 -21860 74740 74740
5 528.0 505.0 23.0 246.58 143.69 -102.8% -2366 771086 771086
6 505.0 501.1 3.8 246,58 145.5% -101.G3 -390 77496 77496
7 501.1 501.0 0.1 246.58 10705.63 10455.05 1046 76450 76450
8 501.0 497 .4 3.6 246.58 146.13 -100.45 -365 76815 76815
9 497.4 497.3 0.1 246.58 316315.59 316906%.01 31607 45208 45208
10 497.3 460.4 36.9 246.5B 175.57 -71.01 -2623 47831 47831
11 460.4 445.1 15.2 192.62 175,57 -17.05 -260 48091 48091
1z 445.1 428.5 16.7 935.73 175.57 -760.16 -12677 60768 60768
H 13 428.5 398.0 30.5 506.70 175.57 -331.13 -14085 70853 70852
14 3598.0 395.0 3.0 506.70 639.37 132.67 398 TJO455 70455
15 38%5.0 377.7 17.3 131.36 639.37 508.01 8804 61651 61651
16 377.7 361.2 16.4 131.36 516.49 485.13 7577 53673 53673
17 361.2 315.0 46.2 131.36 53%.00 407 .64 18843 34830 34830
18 315.0 298.0 17.0 0.00 539,00 539.00 9163 25667 25667
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Table 6A-14: Pinch analysis for hydrogen production from biomass using the Shell entrained-bed gasifier.

Stream Table

Stream T source T target H in H cut Delta T Delta H CP T source T target

{K} (K) {GJ/hr) (GJ/hr? (K) (kW {kW/K} cor‘ctd cor‘ctd
GFRPROD (h) 1357.8 465.4 -5258.42 -702.79 ~892.5% -48158 53.96 1352.8 460.4
SHIFT3 (h} T777.8 500.0 -1916.63 -2028.44 -277.8 -3105% 111.79 T772.8 495.0
LTS {hot) 500.1 S00.0 -202B.44 -2043.15 -0.1 -4086 40859.44 495.1 495.0
SHIFTS-a (h) 500.0 439.2 0.00 -23.66 -60.8 -6573 108.03 495.0 434.2
RECYC3 (h} §49.5 313.0 -10.98 -13.47 -136.5 -£92 5.07 444.5 308.0
SHIFTS-b {h) 436.2 402.5 -23.66 -167.07 -36.6 =39835 1088.14 434.2 387.5
SHIFTS-c (h) 402.5 313.0 -167.07 -267.31 -89.5 ~27845 310.95 397.5 308.0
H22 {hot) 383.3 313.0 9.41 1.98 -70.3 -2063 29.34 378.3 308.0
QCHOUT {c} 3Nz2.7 623.0 -526.35 ~4B88.92 250.3 10196 41.53 317.7 62E8.0
SHW2-c {c} 492 .4 623.0 301.44 33B.41 130.6 10265 78.64 497 .4 628.0
GFRW2-¢ (c} 496.1 500.0 5.59 5.61 3.8 7 1.86 501.1 505.0
GFRW2-b {c} 496.0 496.1 1.79 5.59 0.1 1056 10561.94 501.0 501.1
GFRW2-a (c} 293.0 496.0 0.00 1.79 203.0 496 2.44 298.0 501.0
SHWZ2-b {c} 4582.3 4%2.4 94.80 301.44 0.1 57398 5739854.44 497.3 497.4
SHW2-a (¢} 293.0 492.3 Q.c0 94.80 199.3 26334 132.13 25B.0 497.3
Drier (cold} 293.0 353.0 -—— -— 100.0 46180 463,80 298.0 398.0

-7973

Problem Table

Interval T{i) T{i+l) Ti~-T(i+1} Sum CPhot Sum CPcold CPc-CPh delta H Cascade Corrected

{K) (K) (K) (kW/K} {kW/K} {kW/K) : (kW} Cascade
0 1352.8 o] 0
1 1352.8 172.8 560.0 53.96 0.00 -53.66 -3129¢6 31296 31296
2 772.8 628.0 144.8 165.75 0.00 -165.75 -24007 G&303 55303
3 628.0 505.0 123.0 165.75 120.17 -45.58 -5606 €0910 60910
4 50%.0 501.1 3.9 165.75 122.03 -43.72 -16% 61079 61079
S 501.1 501.0 0.1 165.75 10682.11 10516.3€ 1052 60027 60027
[ 501.0 497.4 3.6 1€5.75 122.61 -43.14 -157 60184 60184
7 487 .4 497.3 0.1 165.75 574028_.41 5738B62.66 57366 2757 2797
8 497.3 495.1 2.2 165.75 176.09 10.34 23 2775 2775
38 495.1 495.0 0.1 41025.19 176.09 -40849.10 -4085 EB59 £859
10 455.0 460.4 34.6 161.99 176.09 14.10 488 6371 £371
11 460.4 444.5 15.8 108.03 176.09 6B.06 1077 5254 5294
12 444.5 434.2 10.4 113.10 176.09 62.99 654 4640 4640
13 434.2 398.0 16.2 1093.21 176.09 ~-917.12 -33158 37787 37797
14 398.0 397.5 0.5 1093.21 63%.89 -453.32 -206 38003 38003
15 387.5 378.3 15.2 316.02 635.89 323,87 6233 31770 31770
16 378.3 377.7 0.6 345.36 635.89 294,53 186 31584 31584
17 7.7 308.0 £69.7 345.36 558.3¢6 253.00 17626 13958 13958
18 308.0 258.0 10.0 0.00 59B8.36 598.36 5984 7974 7974
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Figure 6A-11: Grand composite curves for methanol and hydrogen production from

biomass using the Shell entrained-bed gasifier.
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Table 6A-15: Celculated material flows for methancl production from biomass based on the 1GT qssifier.

Total
Velume Molecular
Temp Pres. Flow Weight Component Volume Flow Rates [kmol/hri

Name [K]  {bar} {kmol/hr) [kg/kmol} H,0  H; ¢ co; CHg CzH, o, N; CH,OH

1 Raw Biomass 298 1.60 3000 tonnes per day @ 45% mojicture

2 Dried, pressurized bicmass 398 34.50 1941 tonnes per dey @ 158 moisture
3 Gasifier exit 1255 34.50 5635 22.27 1752 1172 845 1347 462 17 0 Q 0
4 Quench inlet 673 34.00 5615 22.27 1752 1172 845 1347 462 17 0 0 0
5 Quench exit a7z 33.50 3851 23.51 127 1167 845 1235 459 17 0 o] 0
& Reformer feed 459 33.50 6196 21.43 2472 11867 845 1235 455% 17 0 0 0
7 Preheated reformer feed B50 33.00 6196 21.43 2472 1167 845 1235 458 17 0 0 0
B Reformer exit 1140 32.50 6808 1%.50 2233 2000 1238 1159 130 0 0 o] 0
¢ Cocled reformer exit 623 16.00 6808 1%.50 2233 2000 1236 1159 180 o] 0 0 0
10 Shift feed 623 16.00 1804 1%.50 582 530 328 307 48 0 0 0 0
11 shift bypass 623 16.00 5004 1%.50 1641 1470 908 852 132 0 0 0 0
12 Shift exit 728 31.50 2195 19.24 745 768 90 545 48 0 0 0 0
13 Mixer exit 656 31.50 7199 19.42 23B6 2228 998 1397 180 0 0 0 0
14 Selexcl feed 400 31.00 5248 1%.55 435 2238 998 1397 180 0 0 0 0
15 Selexcl exit 400 31.00 3485 11.02 0 2238 §sse 70 1B0 0 0 0 0
16 Makeup compressor exit 457 105.88 3485 1k.02 0 2238 998 70 180 o [ 0 L]
17 Kot synthesis feed 1 331 105.88 6880 12.41 0 2798 684 207 3173 0 0 0 18
18 Hot synthesis feed 2 523 105.38 6880 12.41 0 2798 684 207 3173 0 [ 0 18
13 Synthesis product 533 97.28 17102 13.51 55 5675 9z7 521 B840 0 0 0 1084
20 Crude methanol product 300 96.7B 1082 31.38 54 Q 0 5 0 0 [} 0 1033
21 Regycle stream 300 96.78 16010 12.72 1 5675 927 517 8840 0 0 [ 51
22 Recycle compressor feed 300 96.78 15684 12.72 1 55858 soe 506 8660 0 0 o 50
23 Recycle compressor exit 308 105.88 15684 12.72 1 5558 908 506 BE60 0 [ 0 50
24 Cold synthesis feed 1 331 105.88 12290 12.41 0 4%%% 1222 369 5667 0 o 0 a2
25 Cold eynthesis feed 2 320 105.38 12290 1z.41 0 4%%% 1222 369 5667 0 0 o 3z
26 Purge stream 300 96.78 325 1z.72 ¢ 115 19 10 180 0 0 1] 1
27 Heated purge stream 700 96.78 325 iz.72 [ 1i5 19 10 180 0 [ 0 1
28 Reformer furnace products 1160 1.00 2592 27.57 475 o 0 209 0 0 64 1844 1
29 Stack gases 393 1.00 2592 27.57 475 o 0 209 Q 0 64 1844 1
30 Reformer furnace air 298 1.00 2334 28.85 0 0 0 0 0 0 490 1844 0
31 Heated reformer furnace air RN 1.00 2334 28.85 0 o 0 0 0 0 450 1844 0
32 Reformer steam 613 33.50 2345 18.02 2345 0 0 0 0 0 0 o 0
33 shift steam 623 16.00 381 iB.02 3si 0 0 0 0 0 o 1] Q
34 Gasifier steam 535 34.50 1145 18.02 1145 o 0 0 0 Q o 0 0
35 Gasifier oxygen 293 34.50 845 32.00 0 0 0 0 0 0 645 V] 0
36 Carbon diexide remcved 400 31.00 1763 37.59 435 o 0 1327 o o] o o 0
37 Quench water inlet 283 34.50 35985 i8.02 35585 Q 0 0 0 0 0 1] 0
38 Quench water outlsat 372 33,50 37770 1B.08 37ES0 5 0 112 2 0 0 0 0
3% Condensate 400 31.00 1951 18.02 15851 o] Y 0 o Q 0 0 Q
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Figure 6A-12: Process configuration for the modeling of methanol production from
biomass based on the IGT fluidized-bed gasifier.
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Tablie 5A-16: Calculated materizl flows for hydrogen production from biomase based on the IGT Gasifier.

Total
Volume Molecuiar
Temp Pres. Flow Weight Component Volume Flow Rates [kmol/hr]
Hame (kK] [bar} [kmol/hr) [kg/kmol) H0 ¥, €O €O CH, CHy O, N
1 Raw Biomass 258 1.00 3000 tomnes per day & 45% meoisture
2 Dried, pressurized bicmass 398 34.50 1941 tonnes per day & 15% moisture
3 Gasifier exit 1255 34.50 5635 22.27 1792 1172 845 1347 462 17 ] t]
4 guench inlet 673 34,00 5635 22.27 1792 1172 845 1347 462 17 L] o]
5 Quench exit 372 33.50 3651 23.51 127 1167 845 1235 459 17 0 t]
6 Reformer feed 459 33.50 5196 21.43 2472 1167 B45 1235 459 17 0 0
7 Preheated reformer feed 850 33.00 6136 21.43 2472 1167 845 1235 45% 17 0 0
8 Reformer exit 1140 32.50 6BO8B 1%.50 2233 2000 1236 115% 180 ] L] ]
9 High temperature shift feed 623 32.00 6808 19.50 2233 2000 1236 115% 180 9 ] 0
10 Migh temperature shift exit 729 31.50 B2B3 19.24 2811 2897 339 2056 180 0 0 ]
11 Low temperature shift feed 500 31.00 6283 19.24 2B11 2897 339 2056 180 ] 0 0
12 Low temperature shift exitc 500 30.50 B283 19.24 2506 3z02 14 2361 180 o} 0 o]
13 PSA makeup feed 313 30.00 5792 1%.76 16 3202 a4 2361 180 ] ] 0
14 PSA-A feed 1313 29.65 7052 18.53 16 3606 171 2361 899 ] 0 o]
15 PSA-B feed 313 29.65 4675 5.66 0 3606 171 0 8939 0 0 0
16 Hydrogen compressor leed 313 29.30 3101 2.02 0 3101 0 1} Q 1] 1] Q
17 Hydrogen compressor exit 367 75.00 3101 2.02 0 3101 0 0 ] 0 0 Q0
18 Cooled Hydrogen product i13  75.00 3101 2.02 0 3101 o 0 ] 0 0 ]
19 PSA recycle stream 313 1.30 1574 12.85 ) 505 171 (] B899 0 0 0
20 Recycle compressor feed 313 1.30 1260 12.85 0 404 137 0 718 0 0 0
21 Recycle compressor exit 442 30.20 1260 12.85 [ 404 137 0 712 0 0 Q
22 PSA-A recycle feed 313 30.00 1260 12.85 [} 404 137 ] 719 0 0 ]
23 Purge stream 313 1.30 315 12.85 o 101 34 ] 180 0 0 Q
24 Heated purge stream 700 1.30 315 12.8% 0 101 3 0 180 0 0 ]
25 Reformer furnace products 1160 1.00 2585 27.65 460 0 0 214 0 0 €4 1B47
26 Stack gases 393 1.00 2585 27,65 450 0 0 214 0 0 64 147
27 Reformer furnace air 298 1.00 2338 28,85 0 0 0 ] 0 0 491 1847
28 Heated reformer furnace air 897 1.00 2338 28BS 0 0 0 ] 0 0 491 1847
29 Gasifier steam 535 34.50 1145 18.02 1145 0 0 0 0 0 0 0
30 Gasifier oxygen 293 34,50 645 32.00 0 0 0 0 ¢ 645 0 0
31 Reformer steam €13 33.50 234% 18.02 2345 G 0 0 o 0 o ¢
32 Shift steam 623 16.C0 -1474 18.02 1474 o 0 0 ] 0 0 0
33 carbon dicxide removed 313 1.30 2377 43.84 i6 0 0 2361 4] 0 o] 0
34 Condensate 313 30.00 2430 18.02 24%0 ] 0 0 [ 0 0 Y
35 Quench feed water 293 35.00 35998 18.02 359%8 [ 0 0 0 0 0 ]
36 Quench condensate 372 33.50 37783 18.0% 37663 5 0 112 2 0 0 o
23
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Figure 6A-13: Process configuration for the modeling of hydrogen production from
biomass based on the IGT fluidized-bed gasifier.
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Table 6A-17: Pinch analysis for methanol production from biomass using the IGT fluidized-bed gasifier.

Stream Table

Streams T source T target H in H out Delta T Delta H CcP T source T target

(K} {K) {GJ/hr) {GJI/hr) (K) (kW} (kW/K} cor‘ctd cor’‘ctd
GFRPROD (h} 1255.2 673.0 -873.59 -1015.41 -582.2 -39395 67.67 1250,2 66B8.0
COMB1 (h) 1160.0 393.0 -121.75 -189.78 -767.0 -18897 24.64 1155.0 388.0
REFPROD (h} 1140.0 623.0 -936.78 -1072.75 -517.0 -37771 73.06 1135.9 61B.0
SHIFTS-a (h} 656.3 453.9 0.00 -52.39 -202.4 -14553 71.89 651.3 448.9
SYNPROD-a {h) 533.0 381.0 .00 -107.56 -152.0 -~29877 196.57 528.0 376.0
SHIFTS5-b (h} 453.9 4331.8 -52.39 -103.37 -22.1 -14161 641.5%6 448.9 426.8
SHIFTS-c (h) 431.8 400.0 -103.37 -142.14 ~31.8 -10768 338.23 426.8 395.0
SYNPROD-b {(h) 381.0 300.0 «107,.56 -203.75 -B1.0 =-26721 329.84 376.9 295.0
COLD1 {h} 330.6 320.0 -704 .44 -709.22 ~10.6 ~1327 124.59 325.6 315.0
AIR1l (cold) 298.0 910.5 -0.00 43.87 6§12.5 12188 19.90 303.0 915.5
REFFEED1 (ci 459.1 B50.0 -1180.17 -1084.73 3%90.% 26510 67.82 464.1 855.0
PURGE1l (c) 300.0 700.0 -20.09 -14.71 400.0 1485 1.74 305.9 705.0
SHW1-c (¢} 510.7 623.0 15,08 21.26 112.3 607 S.4¢ 515.7 §28.0
REFW2-c (c) 513.3 6§13.2 114.63 126.60 99.9 3327 33.30 518.3 6168.2
GFRW2-c (c) 515.0 534.9 53.62 54.%4 19.9 369 18.53 520.0 539.9
HOTFEED1 (c} 330.6 523.0 ~394.35 -344.18 192.4 13921 72.43 335.6 528.0
GFRW2-b (C) 514.9 515.0 18.90 53.62 0.1 9644 96435.83 519.9 520.0
GFRW2-a (c} 284.0 514.9 0.00 18.90 220.9 5250 23.77 299.9 519.9%
REFW2-b (c) 513.2 513.3 40.10 114.63 0.1 20704 207035.56 518.2 518.2
REFW2-a (cC} 294.0 513.2 0.00 40.10 219.2 11138 50.81 299.0 518.2
SHW1-b {c) 51¢.6 510.7 6.57 19.08 0.1 3474 34740.56 515.5% 515.7
SHWl-a {c) 294.0 510.6 0.00 6.57 216.6 1825 8.43 299.0 515.6
Drier {cold) 2983.0 393.0 - -—- 100.0 42757 427.57 298.0 39B.0

-40253

Problem Table

Interval T{i) T{i+1} Ti-T{i+1l) Sum CPhot Sum CPcold CPc-CPh delta H Cascade Corrected
{K} (K} {K} {kW/K) {kW/K} {kW/K)} (kW) cascade
0 1250.2 0 0
1 1250.2 1155.0 95.2 87.67 0.00 -67.67 -6440 6440 6440
2 1155.0 1135.0 20.0 52.31 0.00 ~-92.31 -1849 828% 8289
3 1135.0 §15.5 21%.5 165.37 0.00 -165.37 -36303 44592 44592
4 915.5 855.0 60.5 165.37 19.50 -145.47 -8797 533B% 53389
5 BS5.0 705.0 150.0 165.37 B7.72 -77.65 -11648 €5037 65037
6 705.0 668.0 37.0 165.37 91.46 -73.,91 -2735 67771 67771
7 668.0 651.3 16.7 §7.70 91.46 -6.24 ~104 67875 67875
8 651.3 628.0 23.3 169.5% 91.46 -78.13 -1823 69698 69698
9 628.0 61B.2 9.8 169.59 96.86 -72.73 -712 70410 70410
10 618.2 618.0 0.2 165.58 130.16 ~3%.43 -9 70418 70418
11 618.0 539.9 78.1 %6.53 130.16 33.63 2627 67791 67791
12 539.9 52B.0 11.% 96.53 148.69 52.16 621 67171 67171
13 528.0 520.0 B.0 293.10 221.12 -71.9%8 -576 67747 67747
14 520.0 51%.9 0.1 293.10 9663B,42 96345.32 9635 58113 58113
15 519,89 518.3 1.6 293.10 226.36 -66.74 -105 58218 58218
16 518.3 518.2 0.1 293.10 207228.62 2069%35.52 20694 37524 37524
17 518.2 515.7 2.5 293.10 243.87 -49.23 -123 37647 37647
18 515.7 515.6 0.1 293,10 3497%.03 34685.53 34689 34178 341789
19 515.6 464.1 51.5 293.10 246.50 -46.20 -2378 36557 36557
: 290 464.1 448.9 15.2 293.10 175%.08 -114.02 -1738 382895 38285
21 448.% 426 .8 22.1 B63.17 175.08 -684 .09 -15090 53385 53385
22 426.8 398.0 28.8 559.44 175.08 ~380.3¢ -1C03%68 64351 64353
23 358.0 395.0 3.0 559,44 606.65 47.21 142 64212 64212
24 365.0 388.0 7.0 221.21 606.65 385.44 2698 61514 61514
R 25 388.0 376.0 12.0 196.37 606.65 410.28 4518 56595 S5€595
26 376.0 335.¢6 40.4 329.84 606 .65 276.B1 11173 45422 45422
27 335.6 325.6 10.0 325.84 534.22 204 .38 2044 43378 43378
2B 325.6 31i5.0 10.6 454.43 534,22 79.7% 850 42529 425289
i 315.0 305.0 10.0 329.84 534.22 204.38 2044 40485 40485
30 305.0 303.0 2.0 329%.84 530.48 200.64 401 40084 40084
31 303.0 299.0 4.0 329.84 510.58 180.74 723 39361 38361
32 289.0 29B.0 1.0 325.84 427.57 87.73 98 39263 39263
33 2%8.0 295.0 3.0 32%.84 0.00 -329.84 -990 40253 40253
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Table GA-1B: Pinch analysis for hydrogen production from biomass using the IGT fluidized-bed gasifier.

Stream Table

Streams T source T target H in H out Delta T Delta H cp T source T target

(K} {K} {GJ/hr) {GJ/hr) (K) (kW) {kW/K) cor'ctd cor’ctd
GFRPROD (h} 1255.2 €73.0 -873.6 -1015.4 -582.2 -39385 67.67 1250.2 66B.0
COMB1 {h) 1160.0 393.0 -120.3 -188.1 -767.0 -18837 24.56 1155.0 3886.0
REFPROD (h) 1140.0 623.0 ~936.8 -1072.7 -517.0 ~37771 73.06 1135.0 518.0
SHIFT3 (h) 729.2 500.0 ~1414.4 -1485.4 -229.2 -19731 B6.07 724.2 495.0
LTS {hot) 500.1 500.0 -1485.4 -1497.5 ~-0.1 -3353 33532.78 495.1 495.0
SHIFTS-a (h) 500.0 448.2 0.0 -15.6 -51.8 -4326 83.50 495.0 §43.2
SHIFT5-b (h) 4{48.2 403.7 -15.6 -102.4 -44.5 -24128 542.52 443.2 398.7
RECYC3 (hot) 441.6 313.0 -€2.8 -68.6 -128B.6 -1627 12.65 436.6 308.0
SEIFTS5-c¢ {h) 403.7 313.0 -102.4 -161.0 -90.7 -16259% 179.21 398.7 308.0
H22 (hot} 367.4 313.0 6.6 1.7 -54.4 ~1353 24.88 362.4 30B.0
AIR1 {cold} 298.0 B96.7 -0.0 42.9 598.7 11921 19.%1 303.0 801.7
REFFEED1 {c) 459.1 B5Q.0 -1180.2 -108B4.7 350.9 26510 67.82 464.1 B55.0
PURGEl1l {c} 313.0 700.0 -17.1 -12.3 387.0 1339 3.46 318.0 705.0
SHW2~c {c} 510.7 623.0 72.1 B0.3 112.3 2280 20.39 515.7 €628.0
REFW2-c {c} 513.3 613.2 114.6 126.8 99.9 3327 33.3¢0 518.3 516.2
GFRW2-c (¢} 515.0 534.9 53.6 54.9 19.9 368 18.53 520.0 539.9
GFRW2-b (¢} 514.9 515.0 18.9 53.6 0.1 9644 96435.82 519.9 520.0
GFRW2-a (¢} 294.0 514.9 0.0 18.9 220.9 5250 23.77 299.0 519.9
REFW2-b (c} 513.2 513.3 40.1 114.6 0.1 20704 207036.67 518.2 518.3
REFW2-a (c} 294.0 513.2 0.0 40.1 219.2 11138 50.81 299.0 518.2
SHW2-b (¢} 510.6 510.7 24.9 72.1 0.1 13107 131073.8B9 515.48 515.7
SHW2-a {c) 294.0 510.6 0.0 24.5 216.6 6909 31.89 295.0 515.8
Drier (cold; 293.0 3%83.0 --- -—= 100.0 42757 427.57 298.0 398.0

~11515

Problem Table

Interval T(i} T(i+l) Ti-T(i+1) Sum CPhot Sum CPcold CFc-Cfh delta H Cascade Corrected
(K} {K} (K) {kW/K) {kM/K) (kW/K} {kW} Cascade

4] 1250.2 Q 0
1 1250.2 11585.0 95.2 67.67 0.00 -67.67 -6442 6442 6442
2 1155.0 1135.0 20.¢ 92.23 0.00 -92.23 -1846 B2B7 B287
3 1135.0 901.7 233.3 165.29 0.00 -165.29 -3B567 46854 46854
4 901.7 B855.4Q 46.7 165,25 19.91 -145.38 -6785 53638 53639
5 855.0 724.2 130.8 165.29 §7.73 -77.56 -10142 63781 63761
6 724.2 705.0 15.2 251.36 87.73 ~163.632 -3148 66925 £€6929
7 705.0 668.0 37.0 251.36 81.18 ~160.17 -5926 72855 72855
8 668.0 628.0 40.0 183.6% 51.18 . ~52.50 -3700 76555 76555
g 626.0 61B.2 9.8 183.69 111.58 -72.11 -7058 77261 17261
10 618.2 618.0 0.2 1B3.69 144.88 -3§.81 -8 7726% 77269
11 61B.0 539.9 78.1 110.63 144.88 34.25 2675 74594 74594
iz 53%.9 520.0 13.% 110.63 163,41 52.78 1050 73544 73544
13 520.0 519.% 0.1 110.63 965B0.71 56470.08 9647 63856 638%6
14 51%.9 £18.3 1.6 110.63 168.65 58.02 92 63805 &§3B0S
15 518.3 518.2 0.1 110.63 207172.02 207061.39 20706 43089 4308%
16 518.2 515.7 2.5 110.63 186.16 75.53 188 429190 42910
17 5185.7 515.¢e 0.1 110.63 13123%.66 131125.03 13113 297%8 2979B
18 515.6 495.1 20.5 110.63 187.66 87.03 1786 28011 28011
19 495.1 495.0 0.1 33643.41 197.66 -33445.75 -3345 31356 31356
20 495.¢ 464.1 30.9 108.06 197.66 £9.60 2765 285%1 28591
21 464.1 443.2 20.9 108.06 129.84 21.78 456 28135 28135
22 443.2 436.6 6.6 567.08 129.84 «437,24 -2880 31015 31015
23 436.6 388.7 37.9 579.73 129.84 -445.,89 -17045 48060 48060
24 398.7 i%e.0 0.7 216.42 12%.84 -B6.58 -63 48123 48123
25 388.0 388.0 10.0 216.42 557,41 340,99 3410 44713 44713
26 388.0 362.4 25.6 191.86 557.41 365.55 9372 35341 35341
27 362.4 318.0 44.¢ 216.74 557.41 340.67 15113 20228 20228
28 318.0 30B6.0 10.0 216.74 553.95 337.21 3372 16856 16856
25 308.0 303.0 5.0 0.00 553.95 553,95 2770 14086 14086
30 303.0 295.0 4.0 0.90 534.04 534.04 2136 11950 11950
31 299.0 296.0 1.0 0.00 427.57 427.57 428 11522 11522
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Figure 6A-14: Grand composite curves for methanol and hydrogen production from
biomass using the IGT fluidized-bed, oxygen-blown gasifier.
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Appendix 6A

Table 6A-19: Calculated material flows for methanocl production_from biomass based on the WM Gasifier.

Total
Volume Mplecular
Temp Pres. Flow Weight Compeonent Volume Flow Rates {kmol/hr]
Hame {K]  fbar] [kmolshr] {kg/kwol] H,0 H, co oo CH, 0, K; CHy0H
1 Raw Bicmass 3000 tonnes per day @ 45% moisture
2 Dried, pressurized biomass 3000 tonnes per day & 45% moisture
3 Gasifier exit 873 15.00 SEd4d 21.82 2370 £77 1242 1128 0 0 o]
4 Quench inlet 423 14.50 5644 21.82 2370 677 226 1242 112% o] 0 [
S Quench exit 373 14.00 3508 23.%0 270 676 226 1209 1127 0 0 o
6 Reformer feed 373 14.00 3014 23,590 232 581 194 1038 968 0 0 0
7 pPreheated reformer feed 850 13.50 SEEB 21.13 2506 581 194 103% 965 0 0 ]
B Reformer exit 1120 13.00 7392 16.26 2245 23946 1237 B48 117 Q 0 o
9 Selexol feed 400 1z.5¢C 6411 15.3% 1265 25346 1237 B48 117 o] 1] 0
10 Selexol exitc 400 12.50 4387 10.56 0 2%d6 1237 g8 117 Q 1] ]
11 Makeup compresscor exit 504 105.88 4387 10.56 0 2346 1237 B8 117 0 0 0
12 Hot synthesis feed 1 344 105.88 43594 §.07 0 2875 31% 48 1142 0 0 9
13 Hot synthesip feed 2 523 105.68 4394 B.07 0 2875 319 48 1143 o] 1] 9
14 Synthesis product 533 97.58 19311 9.17 B4 11643 365 156 5704 o] 0 1358
15 Crude methancl product 300 $87.08 1396 31.22 B3 0 Q9 2 0 0 0 1311
16 Recycle stream 300 87.08 17914 7.45 1 11643 3165 155 5704 0 0 47
17 Recycle compresser feed 300 97.08 17548 7.45 1 11405 57 151 5588 4] 0 46
18 Recycle compressor exit 308 105.88 17548 7.45 1 11405 57 151 5588 0 0 46
19 Cold synthesis feed 1 344 105.88 17541 B.07 1 11476 1275 191 4562 o] 1] a7
20 Cold synthesis feed 2 320 105.68 17541 B.07 1 11476 1275 191 4562 0 0 37
21 Purge stream 300 97.08 366 7.45 L] 238 7 3 117 0 o] 1
22 Heated reformer fuel gas 700 1.00 860 16.89 38 333 39 173 275 0 Q 1
23 Reformer furnace products 1140 1.00 4706 27.81 922 o] o] 488 0 110 31B6 1
24 Stack gases 393 1.90 4706 27.81 922 Q [¢] 488 0 110 3186 1
2% Reformer furnace air 298 1.00 4032 2B.BS 9 4] ] 0 o] 647 3186 o]
26 Heated reformer furnace air 1000 1.01 4032 2B.BS Q 0 o ¢ 0 B47 3186 "]
27 Fuel gas to reformer 373 14.00 494 23.50 k1] 95 32 170 159 0 b} ]
2B Reformer steam S1g 14.00 2674 18.02 2674 0 o] 0 0 0 0 0
29 Carbon dioxide removed 400 12.50 2024 27.77 1265 0 0 760 0 Q 0 0
30 Condensate 400 12.50 855 18.02 955 0 [ ] 0 Q 0 V]
31 Quench feed water 293 15.00 21331 18.02 21331 0 V] o 4] 0 o] ]
32 Quench condensate 373 14.00 234638 18.08 23432 1 o 33 2 il 0 ]
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Figure 6A-15: Process configuration for the modeling of methanol production from

biomass
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Table 6A-20: Calculated material flows for hydrogen production from biomass based on the WM Gasifier.

Total
Volume Molecular
Temp Press. Flow wWeight Component Volume Flow Rates [kmol/hr)
Name K]  Ibar) [kmolshr] [kg/kmol} HC  H co o CH; 0, N
1 Raw Biomass 3000 tonnes per day @ 45% moisture
2 Dried, pressurized biomass 31000 tonnes per day @ 45% moisture
3 Gasifier exit 873 15.Q00 5644 21.82 2370 677 226 1242 1129 Q o]
4 Quench inlet 423 14.50 5644 21.82 2370 677 226 1242 1125 o} 0
5 Quench exit 373 14,00 31524 23.57 272 677 226 1222 1128 o} a
& Reformer feed 373 14.00 3103 23.97 238 556 189 1076 892 0 Q
7 Preheated reformer feed 850 13.50 5843 21.18 2978 596 199 1076 993 0 o]
B Reformer exit 1120 13.00 7590 16.30 2306 3016 1273 875 11% 0 a
§ High temperature shift feed 623 12.50 75580 16.30 2306 3016 1273 875 11% 0 [}
10 High temperature shift exit 727 12.00 3104 16.59 2919 3917 373 1776 118 a 0
11 Low temperature shift feed 500 11.50 9104 16.59 291% 3517 373 1776 11% 0 0
12 Low temperature shift exit 5p0 11.00 9104 16.59 2586 4251 3% 2110 119 0 0
13 PSA makeup feed 313 10.50 6566 16,03 47 4251 39 2110 119 a 0
14 PSA-A feed 313 10.50 7044 15.46 47 4571 78 2110 238 0 a
15 PSA-B feed 313 10.15 4887 3.11 0 4571 78 0 239 o] 0
16 Hydrogen compressor feed 313 9.80 3931 2.02 o 3%31 o] 0 0 a 0
17 Hydrogen CONMpIressor exit 415 75.00 3931 z2.02 ¢ 3%31 ] a a a 0
18 Cooled Hydrogen product 313 75.00 3331 2.02 O 3931 "] 0 0 Q 0
19 PSA recycle stream 313 1.30 956 7.62 0 640 78 0 23% a 0
20 Recycle compressor feed 313 1.30 478 7.62 o 320 35 o] 118 Q 0
21 Recycle compressor exit 411 10.70 478 7.62 0 320 39 o] 119 o 0
22 PSA-R recycle feed 313 10.50 478 7.62 0 320 k) 0 118 o] 0
23 Purge stream 313 1.30 478 7.62 0 320 3% 0 11% 0 0
24 Fuel gas to reformer 373 14.00 421 23.97 32 Bl 27 146 135 V] a
25 Heated reformer fuel gas 700 1.30 6859 -15.28 32 401 66 1446 254 ] a
26 Reformer furnace products 1140 1.01 4726 27.69 942 ] 0 466 0 111 3207
27 Stack gases 393 1.01 4726 27.69 942 o} o} 466 0 111 3207
28 Reformer furnace air 298 1.01 4060 2B.BS 0 0 0 Q 0 853 23207
29 Heated reformer furnace air 1000 1.01 4060 28.85 0 0 0 0 0 853 3207
3D Reformer steam 537 14.00 2740 18.02 2740 0 0 Q0 o] 1] 0
31 Shift steam 623 12.50 1514 18.02 1514 0 0 o] 0 o} V]
32 tfarbon dioxide removed 313 1.30 2157 43.44 47 o] 0 2110 Q 0 o
313 Condensate 313 10.50 2538 18.02 2538 0 0 o] ] 0 0
14 Quench feed water 233 15.00 11434 18.02 11434 0 o] 0 o} 0 0
35 Quench ccndensate 373 14.00 13553 18.05 13533 1 Q 15 1 0 0
23 :
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Figure 6A-16 Process configuration for the modeling of hydrogen production from
biomass based on the Wright-Malta (WM) indirectly-heated gasifier.

270




Appendix 6A

Table 6A-21: Pinch analysis for methanol production from biomass based on the WM gasifier.

Stream Table

Streams T source T target H in H out Delca T Delta B CP T source T target

(K} (K} (GI/hri (GJ/hr} (K} (kW) {kW/K) cor‘ctd cor'‘ctd
COME1 (h) 1140.0 393.0 -290.3% -412.15 -747.0 ~33834 45.2% 1135.0 386.0
REFPROD~a {h} 1120.0 415.0 0.00 -180.80 -705.0 -50222 71.24 1115.0 410.0
GFRPROD-a 1{h} 873.0 428.0 0.00 -106.03 -445.0 -29453 66,18 B68.0 423.0
SYNPROD (hi 533.0 300.0 -1106.34 -1336.97 -233.0 -64064 274.95 528.0 295.0
GFRPROD-bL {h) 428.90 423.0 -106.03 -125.79 -5.0 -5489 1101.82 423.0 418.0
REFPROD-b (h} 415.0 400.0 -180.80 -222.03 -15.0 -11454 763.10 410.0 395.0
coLpl (h) 341.7 32¢.0 -843.54 -855.92 ~21.7 -343% 156,60 336.7 315.0
AIR1 (cold) 298.0 1000.0 ~0.02 B6.52 702.0 24150 34.40 303.0 1005.0
Gasifier (ci} 298.0 873.0 --- -— 575.0 78924 137.26 303.0 878.0
REFFEEDZ {(c} 433.9 850.0 -1149.4% -1053.49 416.1 26666 £4.09 43B.9 §55.0
FUELZ2 (c) 359.¢6 700.0 -118.,61 -106.685 340.4 3267 9.60 364.6 705.0
HOTFEED1 (¢} 341.7 523.0 -286.81 ~250.41 181.13 10111 55.76 346.7 528.0
REFW2-¢ (¢} 468.3 518.2 126.70 132.7¢ 49.9 1666 33.39 473.3 523.2
REFW2-b (c) 468.2 46B8.3 34.91 126.70 0.1 25497 254970.56 473.2 473.3
REFW2-a (c) 293.¢ 468.2 0.00 34.591 175.2 9697 55.35 298.0 473.2

-17875

Problem Table

Interval T({i} T{i+l} Ti-T(i+1} Sum CPhot Sum CPccld CPc-CPh delta H Cascade Corrected

(K} (K} (K} {kW/K} {kW/K) {kW/K} {kHW) Cascade
0 1135.0 0 13880
1 1135.0 1115.90 20.0 45.2% 0.00 -45.2% -506 906 14786
2 1115.0 1005.0 110.0 116.53 G.00 -116.53 -12818 13724 27604
3 1005.0 878.0 127.0 116,53 34.40 -82.13 -10431 24155 38035
4 878.0 B68.0Q 10.0 116.52 171.66 §5.13 551 23603 37483
5 B868.0 855.0 13.0 182.71 171.66 -11.65% -144 23747 37627
[ 855.0 7058.0 150.0 182.71 235.75 53.04 7955 15791 29671
7 705.0 528.0 177.0 182.71 245,35 62.64 11087 4704 18584
B 528.0 523.2 4.8 457.66 301.11 «156.5% -752 5456 19336
g 523.2 473.3 45.9 457 .66 334.50 -123.16 -6146 11601 25481
10 473.3 473.2 0.1 457.66 2595271.67 254814.01 25481 -13880 Q
11 473.2 43B.9 34.3 457.66 356.46 -101.20 ~-3467 ~-10413 3467
12 438.5 423.0 16.0 457 .66 292.37 -165.28 -2638 -7775 6105
13 423.0 418.0 5.0 14383.30 292,37 -1200.893 -59g2 -1793 12087
14 418.0 410.0 8.0 391.48 292,37 -95.11 -792 -1001 12879
15 410.0 385.0 15.0 1083.34 292.37 ~790.97 -11873 10871 24751
i6 395.0 388.0 7.0 320.24 292.37 -27.87 -18%5 11066 24945
17 388.0 364.6 23.4 274.95 292 .37 17.42 408 10658 24538
i8 364.6 346.7 17.9 274.95 282.77 7.82 1490 10518 24398
19 346.7 336.7 10.0 274.85 227,01 -47.94 -478 10998 24878
20 336.7 315.0 2:.7 433,55 227.01 -206.54 -4478 15476 293546
21 315.0 303.0 12.0 274.85% 227.01 -47.894 -57% 16051 29531
22 303.0 298.0 5.0 274.85 58.35% -215.60 -1058 17149 3i02%
23 268.0 285.0 3.0 274.95 0.00 -274.85 -B25 17974 31854
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Table 6A-22: Pinch analysis for hydrogen production from biomasg wsing the WM indirectly-heated gasifier.

Stream Table

Streams T source T target H in H out Delta T Delta B CP T source T target

{K) {K) (GJ/hr) (GI/hr} {K} (kW) (kW/K} cor‘ctd cor‘ctd
COMB1 {hot} 1140.0 393.0 -275.44 -397.52 -747.0 -335911 45.40 1135.0 388.0
REFPROD {h) 1120.0 623.0 ~B34.04 -571.84 -49%7.0 -3B279 17.02 1115.0 618.0
GFRPROD-a (h} 873.0 428.0 0.00 -106.03 «~445.0 -29453 66.18 B68.C 423.0
SHIFT3 {h) 727.1 $p0.0 -1321.62 ~1395.52 -227.1 -20528 $G.40 722.1 495.0
tTs (hot} 500.1 500.0 - -——- -0.1 -368B38 36880.56 495.1 495.0
SHIFT5-a {h) 500.0 406.5 0.00 -29.30 -93.5 -B138 87.00 495.0 401.5
GFRPROD-b (h) 428.0 423.0 -106.03 -125.79 -5.0 -5489 1161.82 423.0 418.0
H22 {hot} 415.4 313.0 13,79 2.13 -102.4 -3239 31.62 410.4 308.0
RECYC3 (h} 410.7 3i3.0 ~11.55 -13.02 ~97.7 -40% 4.19%9 405.7 308.0
SHIFTS-b {h} 406.5 366.3 -29.30 ~125.31 -q0.1 -2666% 665.00 401.5 361.3
SHIFTS-c {h) 366.3 313.0 ~125.31 -167.08 -53.3 -11602 217 .48 361.3 308.0
ATR1 (cold} 298.0 1060.0 -0,04 B8.30 702.0 24539 34.96 303.0 1005.0
Gasifier {c) 298.0 873.0 - -— 575.0 78924 137.26 303.¢0 878.0
REFFEED2 {c) 443.0 §50.0 -1212.30 -11113.76 407.0 27373 67.26 448.0 $55.0
FUELZ (c) 341.9 700.0 -90.46 ~78.42 358.1 3345 .34 346.9 705.0
SHWl-c (c) 457.5 £23.0 79.15 BE.76 165.5 2670 15,13 462.5 628.0
REFW1-¢ {(c} 462.5 £37.4 143.50 151.54 74.9 2232 29.80 467 .5 £42.4
REFW1-b (c} T 462.4 462.5 43.27 143.50 0.1 27841 278414.72 467.4 467.5
REFWl-a {(c} 253.0 462.4 0.00 43.27 169 .4 12020 70.96 298.0 467 .4
SHW1-b (c) 457.4 457.5 23.18 79.15 0.1 15546 15545B.61 462.4 462.5
SHW1l-a (c) 28%3.0 457.4 0.00 23.1% 164.4 £440 36,18 298.0 462.4

19524

Problem Table

Interval T{i} T{i+l) Ti-T(i+1) Sum CPhot Sum CPcold CPc-CPh delta H Cascade Corrected
{K) (K} (X} (KW/K) (kW/K) (kW/K} {kW] Cascade

Q 1135.0 0 35256
1 1135.0 1115.0 20.0 45.4 [¢] -45.40 -%08 908 36164
2 1115.0 1005.0 110.80 122.42 0 ~122.42 -1314686 14374 49630
3 1005.0 87B.0 127.%¢ 122.42 34.96 -87.46 -12107 25482 60737
4 878.0 B6B.D 10.0 122.42 172.22 49,80 458 24984 60239
5 B68.0 £55.0 13.0 188.6 172.22 -16.38 ~213 25197 60452
& 855.0 722.1 132.5 188.6 239,48 50.88 6763 18433 536B9
i 722.1 705.0 17.1 279 239 .48 ~39.52 -675 15108 54364
8 705.0 628.0 7.0 279 248,82 -30.18 -2324 21432 S6688
9 628.0 618.0 10.0 279 264,95 -14.05 -140 21573 56828
10 618.0 542.4 75.6 201,98 -264.95 62.97 4761 16812 52067
11 542.4 495.1 47.3 201.98 294.75 92.77 41387 12424 47680
12 495.1 495.0 0.1 37082.54 294.75 -36787.7% ~-3679 16103 5135%
13 495.0 467.5 27.5 196.58 294.75 96.17 2645 13458 48713
14 467.5 467 .4 0.1 196.58 278679.67 2768481.09 27848 -14390 20865
15 467 .4 462.5 4.9 19B8.58 335,91 137.33 B7E -15066 2018%
16 462.5 462.4 0.1 196.58 155778.39 155579.B1 15558 -30624 4631
17 462.4 44B.0 14.3 198.58 358,96 160.238 2297 ~32921 2334
18 448.0 423.0 25.1 198.58 291.7 93.12 2334 -35256 -0
19 423.0 418.0 5.0 1234.22 291.7 ~942.52 ~-4685 -30560 4695
20 418.0 410.4 1.6 132.4 2581.7 159.30 1209 -31769 3486
21 410.4 405.7 4.7 164.02 291.7 127.68 601 -32371 2885
22 405.7 401.5 4.2 168.21 291.7 123.49 525 -32895 2360
23 401.5 388.0 13.5 746.21 291.7 -454.51 ~6115 -26781 8475
24 3BB.0 361.3 26.7 700.81 291.7 -409.11 -14903 -15877 19378
25 361.3 346.9 14.5 253.29 291.7 38.41 555 -16433 18823
26 346.9 308.0 38.9 253.29 282.36 29.07 1131 -17563 17692
27 308.0 3p3.0 5.0 0 282.36 282.36 1412 -185975 16280
28 303.0 298.0 5.0 0 1i0.14 110.14 551 -195286 15730
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Methanol production
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Figure 6A-17: Grand composite curves for methanol and hydrogen production from

biomass using the WM indirectly-heated gasifier. Note the large external
heating requirements.
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Table 6A-23: Calculated

material flows for methenol production from bjomass based on the MTCI Gasifier.

Total
Yoluma Holecular
Temp Pres. Flow Weight Camponent Volume Flow Rates [kmel/hr}
Name [kl (bar) [kmol/hr] [kg/kmol} HO K, €O CO; GCH; GCp+ O My CHOH
1 Raw Biomass 3000 tonnes per day @ 45% moiscure
2 Dried bicmass 2126 tonnes per day @ 22% moisture
3 Gasifier exit 970 1.50 10083 17.65 4997 2550 1125 987 408 24 0 2 1]
4 cuench inlet 673 1.50 10093 17.65 4997 2550 1135 987 408 24 0 2 [}
S Quench exit 370 1.50 11092 17.6% 5996 2550 1125 987 408 24 0 2 0
6 Selexcl feed 400 15.00 5203 17.31 107 2550 11285 987 408 24 0 2 [
7 Selexcl exit 400 15.00 4197 11.58 g 2550 1125 BB 408 24 0 2 [+
8 Makeup compressor exit 4B9 105.88 4187 11.58 ¢ 2550 1125 a8 408 24 0 2 0
9 Hot synthesis feed i 338 105,88 7665 12.53 a 3044 B80S 200 3492 76 Q 21 26
10 Hot synthesis feed 2 523 105.38 7665 12.93 0 32044 BOS 200 3482 786 0 21 26
11 Synthesis product 533 §7.28 18721 14.50 52 6015 1122 497 9560 203 Q 58 1202
32 Crude methanol product 300 96.78 1251 31.57 51 1 1B a5 16 0 0 1128
13 Recycle stream 300 96.78 17469 13.27 1 6017 1122 47%  §52% 193 0 58 T4
14 Recycle compressor feed 300 §6.78 16787 13.27 1 5782 1078 460 9153 iB6 Q 56 71
15 Recycle compressor exit 308 105.88 16787 13,27 1 5783 1078 460 %152 186 0 56 71
16 Cold synthesis feed 1 338 105.88 13318 12.93 1 5289 1398 348 6068 pPEE] 0 37 45
17 Cold synthesis feed 2 320 105.38 13318 12.93 1 5289 1398 348 ©06B 133 0 37 45
18 Purge stream 300 S56.78 683 13.27 0 235 44 1% 372 8 0 2z 3
19 Heated purge stream 533 96.78 683 13.27 D 23s a4 18 372 e 0 z 3
20 Char tc pulse combustor 500 1.00 2542 kg per hour
21 Pulse combustor flue geses 1000 1.00 6254 28.15 101% 0 0 678 Q 0 52 4506 4]
22 Stack gases 393 1.00 6254 2B.15 101% 0 0 678 ] 0 52 4506 1]
23 Pulse combustor air 288 1.00 5700 2B.85 0 0 0 0 1] 0 1197 4503 4]
Z4 Heated pulse combustor air 615 1.00 S760 28.85 0 0 0 0 Q 0 1197 4503 Q
25 Gasifier steam 430 1.30 5228 1B.02 5228 0 0 0 ] 0 0 0 Q
26 Carbon dioxide removed 400 15.00 1007 41.23 107 0 0 B3Y Q 0 o 0 Q
27 Quench feed water 293 1.50 18652 18,02 18652 0 0 0 Q 0 0 o 0
28 Quench condensate 370 1.50 17654 18.02 17653 ] 0 0 Q 0 o 0 a
29 Stage 1 condensate 330 .23 5763 18.02 S763 0 0 0 Q Q 1} 1} e}
30 Stage 2 condensate 330 £.96 125 1B.02 125 0 0 Q Q 0 o 0 Q
27
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Figure 6A-18: Process configuration for the modeling of methanol production from
biomass based on the MTCI indirectly-heated gasifier.
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Table GA-24: Calculated material flows for hydrogen production from biomass based on the MTCI Gasifier,

Total -
Volume HMolecular i
Temp Pres. Flow Weight Component Volume Flow Rates [kmol/nr

Name {K] [bar] [kmol/hr] [kg/kmol}l H0 B, [ada] €03 CH, Co+ Q, N,

1 Raw Biomasse 3000 ronnes per day @ 45% moisture

2 bried, pressurized biomass 2126 tonnes per day @ 22% moisture
3 Gaeifier exit 970 1.50 10093 17.65 4997 2550 1125 987 408 24 0 2
4 Cuench inlet €73 1.59Q 10093 17.65 4997 2550 1125 $B7 408 24 0 2
5 Quenchk exit 370 1.50 11061 17.69 5996 2550 1125 $B7 408 24 0 2
6 High temperature shift feed 621 1.5%Q 11051 17.69 59386 2550 1123 $B7 408 24 0 2
7 High temperature shift exit 710 1.50 11091 17.6% 5051 3494 181 1%31 408 24 0 2
B Low temperature shift feed 500 1.59 119081 17.6% 5051 3494 181 1831 408 24 ¢ 2
9 Low temperature shift exit 500 1.50 119061 17.6% 4888 3658 1B 2095 408 24 o] 2
10 Compreseor feed 313 1.59 6446 17.4% 242 3658 1B 20985 408 24 0 2
11 Compressor exit 436 15.00 §446 17.45 242 3558 1B 20585 408 24 0 2
12 PSA makeup feed 313 14.50 6446 17 .45 242 3658 1B 2095 408 24 G 2
13 P5A-A feed 313 14.50 8711 16.94 242 4119 88 2095 2038 118 o] 12
14 P5A-B feed 31z 14.15 €374 E.Q1 0 4118 g8 0 2038 118 [ 12
15 Hydrogen compressor feed 312 13.80 3542 2.02 ¢ 3542 1] 8] 0 ] [+] ¢
16 Hydrogen compressor exit 400 75.00 3542 2.02 0 3542 0 Q 0 0 0 [
17 Coeled Hydrogen product 313 75.00 3542 2.02 0 3542 0 Q 0 Q 0 [
18 PSA recyCie stream 12 1.30 2832 15.50 o] 577 B8 9 2038 118 0 12
19 Recycle compressor feed 312 1.30 226% 15.50 o] 461 70 Q 1631 %4 0 10
20 Recycle compressor exit 402 14.7C 2266 15.50¢ ] 61 70 0 1631 34 0 10
21 PSh-i recycle feed 313 14.50 2266 15.50 0 461 70 0 1631 34 0 10
22 Purge stream 312 1.30 566 15.50 1] 115 18 ] 408 24 0 2
23 Heated purge stream £33 1.30 566 15.50 1] 115 18 0 408 24 1] 2

24 Char to pulse combugtor 500 1.00 2542 kg per hour
25 Pulee combustor flue gae 1000 1.00 6589 28,22 1050 0 0 37 [+] 0 17 4764
26 Stack gas 393 1.00 6589 28.22 1050 Q 0 737 0 0 17 4784
27 Pulse combustor air 298 1.00 6052 28.85 o 0 0 o] 4] 0 1271 4781
28 Heated pulse combustor air 437 1.00 €052 28.85 0 ] 0 0 0 0 1271 4781
2% Gasifier steam 430 1.30 5228 18.02 5228 Q o Y 0 0 0 1]
30 carbon dioxide removed 312 1.30 2337 41.32 242 ] 0 2095 0 0 0 0
31 Condensate 313 1.50 4646 18.02 4646 a ¢} Y] 0 [ ] 1]
32 Quench feed water 2593 1.50 18657 1s.02 1BE57 Q 0 0 0 0 Q 0
33 Quench condensate 370 1.50 17658 18.02 17658 Q 4 0 0 o Q ]
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Figure 6A-19: Process configuration for the modeling of hydrogen production from
biomass based on the MTCI indirectly-heated gasifier. '
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Table 6A-25: Pinch analysis for methanol production from biomass using the MTCI gasifier.

Stream Table

Streams

CcoMBl (h}
GFRPROD (h}
SYNPROD (h}
QCHOUT (h}
coLpl {h)
AIR1 (c)
PURGELl {¢)
HOTFEED1 {(C}
GFRW1-¢ {c)
Drier {c}
GFRWi-b (c})
GFRW1l-a (c}

Problem Table

interval

wo-lnEa W - O

[ e e
AT E WO

T source T target

435.3

388.0
385.4
365.3
343.3
133.3
325.0
31%5.40
305.0
298.0

-366.23
-1508.99
-1141.58

-753.49
-0.02
-41.67
-433.64
245.17

34.44
0.00

Ti-T(i+

e -
WNDOTONONGO

1)

COOAWRDOWMO WWE o -l

H out Delta T
{kW} (K)
-494.93 -607.0
-1624.67 -297.0
-1366.74 -233.0
-—- -132.2
~762.60 -18.3
53.74 321.7
-35.27 233.0
-378.59 184.7
254.71 49.9
- 100.0
245.17 0.1
34.44 87.3
Sum CPhot
{kM/K} {kW/K}
58.89 0.00
167.09 0.00
58.89 0.00
58.89 d46.42
58.89 54.05
327.32 136.84
980.79 136.84
$B0.79 189.56
9B0.79 563.72
921.50 563.72
921.50 585863.66
921.5890 §20.22
921.5¢ £37.43
1060.1E 537.43
406.71 537.43
268.43 537.43
2658.43 529.80
268.43 0.00

276

Delta H
(kW)

Sum CPcold CPc-CPh

{kW/K)

584941.76
-301.68
-384.47
-522.75

135.72
269.00
261.37
-268.43

cp
{(XW/K}

373.76¢
585353.06
109.62

T source T target
cor‘ctd cor'ctd

116772
120942
121883
633835
76051
79896
84235
82528
80238
78409
79214

Cascade

1767
51392
54236
55255
55304
68750
87295

116772
120942
121863
63389
76051
75856
84235
82928
60238
78409
79214
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Table 6A-26: Pinch analysis for hydrogen production from biomass using the MTCI gasifier.

Stream Table

Streams T source T target H in H out Delta T Delta H CF T source T target

(K} {X) (GJ/hr) (GI/hr) (K} {kH) {kW/K} car‘ctd cor’ctd
PPROD1 (h) 1600.0 393.0 -389.3%6 -525.11 -607.0 -37709 £2.12 985.0 388.0
GFRPROD {hot) 970.0 673.0 -1508.99 -1624.67 -297.0 -32134 108.20 965.0 £68.0
SHIFT3 (hot) 710.3 500.0 -1873.45 -1959.65 -210.3 ~23946 113.89 705.3 455.0
LTS (hot} 500.1 500.0 -1859.65 ~1866.16 -0.1 -1807 18073.61 495.1 495.0
SHIFTS5-a {hot} 5¢0.0 364.7 0.00 -52.31 -135.3 -14532 107.44 495.0 355.7
BSAZ (h) 436.3 313.0 -888.72 -925.B8 -123.3 -310323 B3.71 431.3 308B.0
RECYC3 (hot) 402.4 . 313.0 -130.84 ~139.07 -89.4 -2284 25.56 397.4 398.0
E22 thot) 355.5 313.0 10.65 1.82 -B6.5 -2463 2B.46 394.5 30B.0
SEIFTS5-b (hot) 364.7 351.6 -52.31 «179.30 -13.1 -35274 2683.16 355.7 346.6
SHIFT5-c (hot) 351.6 313.0 -179.30 -286.8B -38.6 ~29B83 774.21 346.6 308.0
QCHOUT (cold) 370.0 £23.0 -1%71.34 .-1873.44 253.0 27154 107.49 375.68 628.0
PURGEl (c) 313.0 £33.0 -34.71 -29.29% 220.60 1505 6.84 318.0 538.0
PAIR1 {c} 298.0 436.6 -¢.03 24.63 138.6 6848 49.40 303.0 441.6
GFRW1-c (c} 380.4 430.3 245.17 254.71 49%.9 2651 53.12 385.4 435.3
Drier {c) 293.0 3%3.0 -—— -—- 100.0 37376 373.76 298.0 398.0
GFRW1-b {c) 380.3 380.4 34.44 245.17 0.1 58535 S585353.06 385.3 3B85.4
GFRW1-a {c) 293.0 3B0.3 0.00 34.44 B7.3 9567 109.62 298.0 185.3

-46679

Problem Table

Interval T(i} T(i+l) Ti-T{i+1} Sum CPhot Sum CPcold CFc~CFPh delta H Cascade Corrected
[§:4] (K} (K} © {kW/K) (kW/K) (kW/K} (kW) Cascade

o] 995.0 0 0
1 $55.0 265.0 30.0 62.12 0.00 -62.12 -1864 1864 1864
2 965.0 705.3 259.7 170.32 0.00 -17¢.32 -44238 46101 46101
3 705.3 568.0 37.3 284.21 ¢.00 -284.21 -10582 56693 56693
4 668.0 628.0 40.0 176.01 .00 -176.01 -7040 63733 63733
5 628.0 538.0 S0.0 176.01 107.4% -68.52 ~-6167 69900 69900
[ 538.0 495.1 42.9 176.01 114.33 ~61.68 -2646 72546 72546
7 495.1 495.0 0.1 18249.62 114.33 -18135.29 ~1814 74360 74360
& 4%5.0 441.¢6 53.4 169.56 114.33 -55.23 -2948 77308 773908
g 441.6 435.3 6.4 169.56 163.73 -5.83 -37 77345 77345
10 435.3 431.3 3.9 169.56 216.85 47.239 187 77158 77158
11 431.3 3158.0 33.3 253.27 216.85 -36.42 -1214 78372 78372
12 3%8.0 397.4 9.6 253.27 '590.61 337.34 207 7Bl64 78164
13 397.4 394.5 2.B 278.83 590.61 311.78 BES 77276 77276
14 394.5 3B8.0 6.5 3107.29 590.61 283.32 1852 75424 75424
15 388.0 385.4 2.6 245.17 590,61 345.44 907 74517 74517
16 385.4 385.3 6.1 245.17 5B85890.55 5B5645.38B 5BSES 15952 15852
17 385.3 375.0 10.3 245.17 647.11 401.94 4128 11823 11823
18 375.0 359.7 15.3 245.17 539.62 294.45 4492 7331 7331
19 359.7 346.6 13.1 2820.89 539.62 -2281.27 -29990 37321 37321
20 346.6 3i8.0 28.6 911.94 539.62 -372.32 -10648 479689 47969
21 318.0 308.0 10.0 911.54 532.78 -379.16 -3782 51761 51761
22 308.0 303.0 5.0 0.00 532.78 532.78 2664 45097 49097
23 ip3.0 298.0 5.0 0.00 483.38 4B83.38 2417 46680 46680
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Figure 6A-20: Grand composite curves of methanol and hydrogen production from
biomass using the MTCI indirectly-heated gasifier.
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Table GA-27: Calculated material filows for methanol production from biomass based on the BCL Gasifier.

Total
Volume Molecular
Temp Pres. Flow Weight Component Volume Flow Rates [(kmol/hr)
Name iX] [bar} [kmol/hr) Ikgfkmol} o H, G0 CO; CHy CiH, CMg O, N CH0H
1 Raw Bicmass 3000 tonnes per day @ 45% moisture
2 Dried biomass 1673 tonnes per day 9@ 10% moisture
3 gaeifier exit 1200 1.01 4005 21.15 12232 577 1283 Qg 437 144 20 0 12 [
4 Quench inlet 673 1.03 400% 21.15 1223 577 1283 308 437 144 20 q 12 [
5 Quench exit 355 1.02 4974 20.54 2192 577 1283 308 437 144 20 0 12 [
E Splitter exit to compressor 355 1.03% 4667 20.54 2057 542 1204 290 419 135 19 o 11 a
7 Compressor exit 577 15,50 4667 20.54 2057 542 1204 290 410 135 19 0 11 o
g Reformer feed 850 15.00 5125 20.31 2514 542 1204 290 410 135 19 a 11 [
% Reformer exit 1140 24.50 £172 16.87 3502 2447 1372 713 127 1] 0 Q 11 )
i0 Shift feed 623 14.00 1170 16.87 28% 464 260 135 24 0 0 1] 2 0
11 Shift bypass 623 14.00 5002 16.87 3217 1983 1113 576 103 0 0 0 9 0
12 shift exit 743 13,50 1666 17.21 587 658 113 329 24 0 0 0 2 Q
13 Mixer exit 655 13,50 6668 16.95 1804 2541 1179 505 127 0 0 Q 11 Q
14 Selexcl feed 400 13.00 5959 16.83 1095 2641 1179 805 127 0 0 0 11 ]
15 Selexol exit 400 13.00 4040 10.96 a 2641 1179 81 127 1] [ 0 11 [
16 Makeup compressor exit 502 105.88 4040 10.96 0 2641 1179 Bl 127 0 [} 0 11 [
17 Hot synthesis feed 1 344 105.88 2591 10.98 0 1537 250 59 99% '] 0 0 §7 8
1B Hot synthesis feed 2 523 105.38 2591 10.98 0 1537 250 58 999 0 0 0 97 B
1% Synthesis product 533 57.28 16579 12.61 63 7261 £80 311 6362 0 0 0 §20 1283
20 Crude methanol product 300 96.78 1336 31.14 62 2 1 14 26 Q [+ Q 1 1229
21 Recycle stream 300 96.78 15244 10.98 1 7258 €79 297 6336 9 [ 0 619 54
22 Recycle compressor feed 300 96.78 15000 10.58 1 7142 669 292 6234 ] [} 0 609 53
23 Recycle compressor exit ap8 105.88 15000 10.98 1 7142 669 292 6234 0 G 0 €08 53
24 Cold synthesis feed 1 344 105.88 15048 10.98 1 B246 1557 315 5362 0 0 0 523 45
25 Cold synthesis feed 2 320 105.38 16048 10.58 1 B246 1557 315 5362 0 0 )] 523 45
26 Purge stream 300 96.78 244 10.98 0 116 1l S 101 0 0 )] 10 1
27 Fuel gas to reformer 355 1.01 307 20.54 135 38 79 19 27 g 1 0 1 o
28 Heated reformer fuel gas 700 1.01 550 16.31 i35 152 90 23 128 9 i 0 il 1
29 Reformer furnace products 1160 1.00 2666 27.56 565 0 4] 262 0 0 0 €1 1776 i
30 Stack gases 393 1.00 2666 27.56 585 0 o 262 o] 0 1] 61 1776 i
31 Reformer furnace air 2%8 1.0C 2235 28.85 0 o] Q 0 [+l 0 Q 46% 1766 1]
312 Heated reformer furnmace air 1000 1,00 2235 28.85 0 0 0 0 4] 0 0 469 1766 Q
33 Reformer sLeam 523 15.50 458 15.02 458 0 0 0 o] 0 o 0 0 0
34 Shift steam 623 14.00 496 18.02 496 o] o 0 0 0 0 0 0 0
35 Gasifier ateam 430 1.30 1098 18.02 1098 [+ 0 0 o] 0 0 0 0 0
36 Carbon dioxide removed 400 13.00 191% 29.18 1025 Q 0 B25 0 0 0 0 0 0
17 Condensate 400 13.00 708 1B.02 709 0 0 0 ] 0 Q 0 o 1}
38 Quench feed water 293 1.50 1590 18,02 1500 o) 0 3] 0 [ 0 0 [} 0
3% Quench condénsate 355 1.01 531 1B.02 531 o] 0 o o] 0 0 0 4] 0
40 Combustor air 2%% 1.00 6452 28.85% ] 0 o [} 0 [+ 0 1364 5128 0
41 Preheated combustor air 866 1.00 6492 28.85 0 0 o o o o 0 1364 5128 0
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Figure 6A-21: Process configuration for the modeling of methanol productidn from
hiormass based on the Battelle Columbus Laboratory indirectly-heated gasifier.
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Table GA-28: Calculated material flows for hydrogen production from biomass baged on the BCL Gasifier.

Total
Volume Molecular
Temp Pres. Flow HWeight Component Volume Flow Rates [kmol/hr}
Hame [Ki  {bar} [(kmol/hr] [kg/kmol} H,0 H, CO €O, CH CH, Gl o, M
1 Raw Biomass 3000 tonnes per day @ 453 moisture
2 bried biomass 1673 tonnes per day @ 45% moisture
3 Gasifier exit 1200 1.01 4905 21.15 1223 577 1283 309 437 144 20 1] 12
4 Quench inlet 673 1.01 4005 21.1% 1223 577 1283 308 437 144 20 0 12
5 Quench exit 355 1.01 4974 20.54 2192 577 1283 308 437 144 20 0 12
6 Splitter exit to compressor 355 1.61 4933 20.54 2174 573 1272 308 433 143 20 Q 12
7 Compressor exit 577 15.50 4933 20.54 2174 573 1272 366 433 143 20 a 12
B Reformer feed 850 15.00 5037 20.49 2278 573 1272 te 433 142 20 0 12
9 Reformer exit 1140 14.50 6081 15.94 1307 2434 1498 675 161 Q 0 ] 12
10 High temperature shift feed 623 14.00 6091 16.94 1307 2434 1498 679 161 Q Q 0 12
11 High temperature shift exit 748 13.50 9278 17.31 3357 3571 361 1816 161 ] 3 ] 12
12 Low temperature shift feed 500 23.00 9278 17.31 31357 3571 361 1816 161 Q ] 0 12
13 Low temperature shift exit 500 12.50 9278 17.31 3028 3901 32 2145 161 9 0 Q 12
14 PSA makeup feed 313 12.00 6281 16.98 31 3901 32 2145 161 0 0 o 12
15 PSA-A feed 313 12,00 1592 16.18 31 4393 158 2145 EO0S Q ] 0 60
16 PSA-E feed 313 11.65 5416 5.15 0 4393 15e ¢ 805 a o 0 €0
17 Hydrogen compressor feed 313 1:.30 3778 2.02 0 3778 Q 1] 1} 0 Q [ a
18 Hydrogen compressor exit 409 75.00 3778 2.02 0 3778 0 o 0 ] 0 Q 0
1% Cooled Hydrogen product 313 715.00 3778 2.02 0 3778 ] 0 0 Q ] )] 0
20 PSA recycle stream 313 1.30 1638 12.37 ¢ 615 158 0 BO05 o 0 Q &0
21 Recycle corpressor feed 313 1.30 1310 12.37 ] 492 127 0 644 Q9 0 0 48
22 Recycle compressor exit 409 12,20 1310 12.37 0 492 127 Q 644 0 0 0 48
23 PSA-A recycle feed 313 12.00 131¢ 12.37 [ 452 127 0 644 4] 0 0 48
24 Purge stream 313 1.30 328 12.37 [+ 123 32 0 161 0 0 0 12
25 Fuel gas to reformer 355 1.01 40 20,54 18 5 10 3 4 1 1} 0 [
26 Heated purge stream 700 1.01 368 13.27 18 128 42 3 165 1 0 0 12
27 Reformer furnace products 1160 1.90 2572 27.57 477 0 0 212 0 0 0 63 1B2C
28 Stack gaees 393 1.00 2572 27.57 477 0 0 212 Q ¢ 0 63 1820
29 Reformer furnace air 298 1.00 2285 48.B5 0 ¢ 0 0 ] 0 0 481 1808
310 Heated reformer furnace air 1000 1.00 2285 2B.85 o 0 0 bs| 0 0 Q 4B1 1808
31 Gasifier steam 430 1.30 1058 18.02 1088 ¥ 0 0 0 0 0 0 o
32 Reformer steam 523 15.50 104 18.02 104 0 0 0 0 o] 0 0 [
313 shift steam 623 14.00 3187 18.02 3187 [} 0 1) ] 0 0 0 [
314 Carbon dioxide removed 313 1.30 2176 43.64 31 ¢ D 2145 ] [} 0 0 [1}
35 Condensate 313 12.00 29587 18.02 2956 o) 0 Q 0 Q 0 0 o
35 Quench feed water 283 1.50 1500 iB.062 1500 o] 0 0 0 ¢} 0 [} 0
37 Quench condensate 355 1.01 531 18.02 531 1} 0 0 0 o ¢ 1] 1]
38 Combustor air 258 1.00 6452 28.85 0 o ¢ 0 0 [ 0 1364 5128
39 prehested combustor air g66 1.00 5492 28.8% Q o ¢ 0 0 ] 0 1364 51z8
36 ..... 2. 5.....M--... ..... rrar e s ...--..gé....-.-...-
. . To stack
- . 28
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Figure 6A-22: Process configuration for the modeling of hydrogen production from
biomass based on the Battelle Columbus Laboratory indirectly-heated gasifier.
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Table 6A-29: Pinch analysis for methanol production from biomass using the BCL indirectly-heated gasifier.

Stream Table

Streams T source T target H in K cut Delta T pelta K CP T scurce T target

{K) (K} {GJ/hr} ({GI/hr) {K) (kW) {kW/K) cor'ctd corfctd
Flue (hot) 1366.3 393.0 -71.12 ~295,56 -$73.3 -62343 64.05 1361.3 388.0
GFRPROD (hot) 1199.7 673.0 ~422.59 -532.76 -526.7 -30601 56.10 1194.7 668.0
CCME1 {(h) 1160.2 393.0 ~161.22 -232.25 -767.2 ~19732 25.72 1155.2 388.0
REFPROD (h) 1140.0 623.0 -623.70 ~739.77 -517.0 -32242 62.36 1135.0 618.0
SHIFTS-a (h) £54.5 412.7 0.00 -54.95 -241.8 ~15263 63.13 649.5 407.7
SYNPROD (h} 533.0 320.0 -806.69 -1005.44 ~213.0 -54654 256.59 528.0 315.0
SHIFT6-b (h) 412.7 400.0 -54.95 -B6.96 -12.7 ~8893 701.21 407.7 3985.0
coLDl (h) 3444 320.0 -686.28 -6§99.75 -24.4 -3743 153.26 339.4 315.0
AIR1 (cold) 298.0 1000.0 -0.01 48.61 702.0 13505 15.24 303.0 1005.0
C. Air {cold) 298.0 866.3 -¢.02 112.72 5€8.3 31316 55.10 303.0 871.2
REFFEED3 (¢} 571.3 B50.0 -833.34 -777.07 278.7 15632 56.08 576.2 855.0
FUEL2 (c} 341.2 700.0 ~60.65 -53.43 358.8 2007 5.59 346.2 705.0
SHWZ-c {c) 468.2 623.0 24.14 27.38 154.7 500 5.82 473.3 £€28.0
REFW2-c {c) 473.1 523.0 22.28 23.36 49.9 298 £.98 478.1 528.0
HOTFEED1 {c} 344.4 523.¢ ~127.91 -108.93 178.6 5271 29.52 349.4 528.0
REFW2-b {(c) 473.0 473.1 §.30 22.28 0.1 4440 44396.67 478.0 478.1
REFWZ-a {c) 283.0 473.0 0.00 6.30 180.0 1750 8.72 298.0 478.0
SHW2-b {c) 468.2 468.3 6.64 24.14 0.1 4861 48606.11 473.2 473.13
SHWZ-a (c) 2583.0 468.2 0.00 6.64 175.2 1846 10.54 298.0 473.2
GFRW2-c {cC) 360.4 430.3 51.47 53.47 49.9 557 11,15 3685.4 435.3
Drier {cold} 2%3.0 383.0 - --- 100.0 47112 471.12 298.0 398.0
GFRWZ-b (c) 380.3 380.4 7.23 51.47 0.1 12288 122B81.67 385.3 385.4
GFRW2-a (c) 293.0 380.3 0.00 7.23 87.3 2008 23.01 298.0 385.3

-B3680

Problem Table

Interval T{i) T{i+l) Ti-T{i+1) Sum CPhot Sum CPcold CPc-CPh delta H Cascade Corrected

(K} (K} {K) (KW/K) {kW/K) (KW/K) {kW) Cascade
0 1361.3 0 0
1 1361.3 1194.7 166.6 64.05 0.00 -64.05 -10671 10671 10671
2 1154.7 1155.2 3%.5 122.15 0.00 -122.15 -4821 15492 15492
3 1155.2 1135.0 20.2 147 .B7 0.00 -147.87 ~2551 18483 18483
4 1135.0 1005.0 130.6 210.23 0.00 -210.23 -27330 45813 45813
5 1005.0 871.3 133.7 210.23 19.24 -180.9% -25535 71349 71349
] 871.3 855.0 16.3 210.23 T74.34 -135.88% -2215% 73564 73564
7 B55.0 705.0 150.0 210.23 130.42 -79.81 -11972 B5535 85535
8 705.0 668.0 37.0 210.23 136.02 -74.22 -2746€ B8281 B8281
] 668.0 £49.5 18.5 152.13 136.01 -16.12 -259 B8580 B8580
10 649.5 628.0 21.5 215.2¢6 136.01 -79.25 ~1702 0282 80282
11 628.0 €18.0 10.0 215.26 141.83 -73.43 ~134 91016 81016
12 618.0 576.3 41.7 152.%0 141.83 -11.07 -462 31478 31478
13 576.3 528.0 48.3 152.8%0 B5.75 -67,15 -3241 94719 54719
14 528.0 478.1 49.9 409.45 121.25 -289.24 -14383 109102 109102
15 478.1 478.0 0.1 409.49 44511.9%4 44102.45 4410 104692 104692
16 478.0 473.3 4.7 409.4% 124.95 -284.50 -1340 106032 106032
17 473.3 473.2 0.1 409.4% 4B725.28 48315.7% 4832 101200 161200
18 473.2 435.3 37.8 405.4% 129.71 -27%.78 -10610 111810 111810
18 435.3 407.7 27.6 409.49% 140.EB6 -268.63 -T412 119222 119222
20 407.7 398.0 9.7 1047.57 140.86 -506.71 -g77¢% 128001 128001
21 3%8.0 3585.0 3.0 1047.57 £11.98 -435.59 -1307 129308 129308
22 395.0 388.0 7.0 346.36 $11.58 265.62 185% 127448 127448
23 388.0 365.4 2.6 256.5% 611.98 355.3% 934 126515 126515
24 385.4 3165.3 0.1 256.5% 123482.50 123225.891 12323 114182 114192
25 385.3 345.4 35.% 256.5% 623.84 367.25 13167 101026 101026
26 349.4 346.2 3.2 256.59% 594,32 337.73 1085 9940 99940
27 346.2 339.4 6.8 256.59 588.73 132.14 2254 7686 97686
28 339.4 315.0 24.4 406.85 SBE.73 178.BB 4365 932318 93318
29 315.0 303.0 12.0 0.00 588.73 588.73 7065 86253 B6253
30 303.0 29B8.0 5.0 G.o0 514.7% 514.79 2574 B3679 B3679

281




Ryan E. Katofsky

Table 6A-30: Finch analvsis for hydrogen production from biomass using the BCL indirectly-heated gasifier.

Stream Table

Streams T source T target R in H out Delta T Delta H CP T source T target

{K) {K} (GJ/hr) (GF/hr} {K) (kW) (kW/K} cor‘ctd cor‘cted
Flue (hot) 1366.3 393.0 ~71.12 ~295.56 -973.3 -62343 64.05 1361.3 38E.0
GFRPROD {hot) 1199.7 £€73.0 ~422.59 -532.76 -526.7 -30601 58.10 1154.7 66B.0
COME1 (hot) 1160.0 393.0 -123.88 ~191.43 -767.0 -18763 24.4¢6 1155.0 3es.0
REFPROD {hot) 1140.0 £23.0 -~583.10 -697,31 -517.0 -31726 61.37 1135.0 618.0
SHIFT3 {hot) 748.3 500.0 -1433.85 -1517.85 -248.3 ~23332 53.98 743.3 455.0
LTS {hot} 500.1 500.0 -— -—- -0.1 -3604 36036.11 "495.1 495.0
SHIFT5-a {hot) 500.0 416.4 0.00 -27.21 -63.6 -7558 90.42 495.0 411.4
SHIFT5-b {hot} 416.4 372.7 ~27.21 -147.86 -43.7 -33515 767.351 411.4 367.7
RECYC3 (hot} 40%.0 313.0 -57.3% ~61.70 -5€6.0 -119% 12.4%6 404.0 30B.0
H22 (hot} 408.6 313.0 12.38 1.54 -85.6 -2%03 30.37 403.6 3g8.0
SHIFTS5-c {hot) 372.7 313.0 ~147,86 -197.1% -59.7 -13651 229,14 367.7 398.0
ATR1l (cold) 298.0 1000.0 -0.01 49.77 702.0 13829 19.70 303.0 1005.0
C. Air (cold) 298.0 966.3 -0.02 112.72 S68.3 31316 85.10 303.0 671.3
REFFEED3 {c) 575.8 850.0 ~791.56 -737.01 274.2 15152 55,26 580.8 B55.0
FUEL2 (c} 317.6 700.0 -22.01 -16.67 362.4 1484 3.88 322.6 705.0
SHW2~c (c) 468.3 $23.0 155.12 175.5%3 154.7 5761 37.37 473.3 628.0
REFWZ~c (cC) 473.1 523.0 5.07 5.31_ 49.9 €8 1.36 478.1 528.0
REFWZ2-D (C) 473.0 473.1 1.43 5.07 0.1 1010 100986.89 478.0 478.1
REFW2-a (c) 283.9 473.0 0.00 1.43 1680.0 338 2.21 298.0 478.0
SHW2-b {c} 468.2 468.3 4z.74 155.12 g.1 31215 312146€.67 473.2 473.3
SHW2-a {c} 293.0 4€8.2 0.00 42.74 175.2 11873 §7.77 29B.0 473.2
GFRW2-c (c) 380.4 430.2 51.47 53.47 49.9 557 11.15 385.4 435.3
Drier (cold) 293.0 393.0 - -—- 140.0 47112 471.12 298.0 398.0
GFRW2-b (c) 380.3 380.4 7.23 51.47 g.1 12288 122881.67 385.3 3B5.4
GFRW2-a (c) 293.0 380.3 0.00 7.23 B7.3 2008 23.01 258.0 385.3

: ~-55141

Problem Table

Interval T{i) T{i+1} Ti-T{i+1} Sum CPhot Sum CPcold CPc-CPh delta H Cascade Corrected

{K) (¥} (K) {kW/K) (KW/X) {kW/K) (kW) Cascade
0 1361.3 0 0
1 1361.3 1154.7 166.6 54.05 0 -64.05 ~10671 10671 16671
2 1194.7 1155.0 38.7 122.18 o -122.15 -4849 15520 15520
3 1155.0 1135.0 20.0 146.61 0 -146.61 -2932 18452 18452
4 1135.9 1005.0 130.0 207.8%8 0 -207.98 -27037 45490 45490
5 1005.0 B71.3 133.7 207.98 15.7 -188.28 -25173 70663 TC6E3
[ 871.3 B55.0 16.3 207.98 74.8 -133.18 -2171 72834 72834
7 855.¢ 743.3 111.7% 207.98 130.06 -77.82 ~BTC6 B1540 81540
B 743.3 705.0 38.3 301.96 130.06 ~171.5%0 -6578 86118 86118
5 705.0 668.0 37.0 301.%6 133,94 -166.02 -6217 4335 94335
ig G6E.0 628.0 40.0 243.8¢ 133.9%4 -109,82 -4131397 98731 98731
11 628.0 618.0 10.0 243.8B6 171.31 -72.55 -726 95457 §5457
12 618.0 SED.B 37.2 182.4% 171.31 -11.18 -416 98873 95873
13 5B80.8 528.0 52.8 182.49 116.05 -66.44 -3507 103380 103380
14 528.0 4585.1 3z2.9 182.49 117.41 -65.08 -2141 105521 105521
15 495.1 455.0 0.1 36218.6 117.41 ~36101.15 -3610 109132 169132
16 495.0 478.1 16.9 178.93 117.41 -61.52 -1033 110171 110171
17 478.1 478.0 0.1 178.93 10214.94 10036.01 1004 109167 109167
18 478B.0 473.3 4.7 178.53 118.26 -60.67 -286 105453 109453
13 473.3 473.2 0.1 178.93 312227.56 312048.63 31205 78248 78248
20 473.2 435.3 37.9 178.93 148.66 -30.27 ~1148 75356 793596
21 435.3 411.4 23.8 178.93 155.81 -19.12 -456 79852 79852
22 411.4 404.0 7.4 856.02 155.81 -696.21 -51€3 85015 B5015
23 404.0 403.6 0.4 860.48 155.81 -7G8.67 -293 85308 85308
24 403 .6 358.0 5.6 §58.85 185,81 -739.04 -4129 B9436 89436
25 358.0 3E8.0 i0.0 §98.85 630.93 -267.892 -2679 %2116 92116
26 388.0 385.4 2.6 B10.34 £30.93 -179._41 -471 92587 S525R87
27 3Bs5.4 385.3 0.1 810.34 123501.45 122691.11 122¢€9 G318 BQ318
28 3B5.3 367.7 17.5 810,34 642.79 -167.55% -2936 B3254 B3254
29 367.7 122.6 45.2 271.97 642.79 370.B2 16753 66501 66501
k1] 322.6 i0g.0 14.6 271.97 636.91 366.94 3456 61155 £1155
31 i0e.o0 303.0 5.0 o.o0 636.91 £38.91 3195 57960 579560
32 303.0 258.0 5.9 0.00 564.11 S64.11 2821 55140 55140
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Appendix 6A

Methanol production
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Figure 6A-23: Grand composite curves of methanol and hydrogen production from
biomass using the Battelle-Columbus Laboratory (BCL) indirectly-heated gasifier.
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Chapter 7: The Economics of Methanol and Hydrogen Production

7.1 Introduction

In Chapter 6 it was shown that by using advanced indirect gasification technology,
- methanol and hydrogen could be produced more efficiently from biomass than from coal,
but less efficiently than from natural gas. Nevertheleés, efficiency is oot the only
criterion to use when selecting an energy source. This chapter builds upon the results of
Chapter 6 and ‘addresses the economic aspects of methanol and hydrogen production.
There are two basic questions that must be answered. The first is whether or not biomass
will be considered seriously as a feedstock for methanol and hydrogen production, given
that these fuels can also be manufactured from coal and natural gas. The economics of
biomass energy will have to be attractive enough such that people will be willing to risk
the shift from well established, conventional energy sources to an entirely new one. To
answer this question, economic estimates of the cost of production (COP) of methanol and

tndia

hydrogen from biomass, coal, and natural gas are made, drawing upon previous studies
‘where necessary. The second question is, assuming that biomass is used as a_feedstock
for transportation fuels, can these fuels compete with gasoline when crude oil costs $20-
25 per barrel, the price of crude oil today. In answering these two questions, this chapter
seeks to evaluate the prospects for using methanol and hydrogen produced from biomass,
and how they might be integrated into an overall strategy to supply clean fuels to a
transportation sector that will be significantly different in the future than it is today. This
chapter will show that methanol and hydrogen produced from biomass have the potential
become highly competitive in the medium- to long-term, even if coal and crude oil prices

remain at or near current levels, and if natural gas prices rise as expected in current

projections.
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50% of the total cost of production at today’s gas prices, and will account for an even

higher percentage in the future.

7.2.1 Natural Gas Cosis

The cost of natural gas has varied considerably over the last 25 years. In 1970 the
delivered cost of natural gas in the US was approximately $0.80/GJ, whereas in 1985 it
was a high as $3.75/GJ (DOE, 1991). Today, the cost of natural gas in the Uni_ted States
is approximately $2/GJ, reflecting a relatively low demand for this resource when

compared with projections made in the 1980s.

According to the USDOE’s National Energy Strategy, the delivered price of
natural gas will increase steadily over the next 40 years, reaching $8.50-8.80/GJ by the
year 2030 (DOE, 1991).] This corresponds to a well-head natural gas price of $7.25-
7.35/GIJ in the year 2030. A more recent estimate of the world natural gas price (CEC,
1992) is in close agreement with this projection. That study assumed the following
prices: $2.56/GJ in 1995, $3.07/GI in 2000, and $3.58/GJ in 2005, equivalent to an
average growth rate 3.42% per year. If this growth rate persists beyond 2005, the price

of natural gas will reach $8.30/GJ by the year 2030.

1t is difficult to assess the accuracy of these projections. However, the use of
natural gas is expected to increase significantly in the future, as the demand grows for
lower polluting fuels. Currently, natural gas is used at roughly half the rate of oil, as
measured by the ratio of the total estimated resources to the annual production (Williams,
1992). Total natural gas resources are estimated to be roughly equal to oil resources

(~9000 EJ). If the rate of use of natural gas becomes comparable to that of crude oil,

I This is the delivered cost to the industrial sector. The delivered cost to the utility
sector is slightly lower. )
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technologies, these estimates are probably high .(Johansson, et al., 1992a). Therefore, for
the subsequent analysis, it is assumed that the world oil price remains in the $20-25/bbl
range for the time period considered for natural gas and coal above. This corresponds to
a retail gasoline price (without taxes) of $8.5-9.5/GJ (30.30-0.33/liter, $1.12-1.25/gallon),
as calculated using the following formula from Johansson, et al (1992a), and assuming

gasoline has a HHV of 34.8 MJ/liter.

P

gasoline

= 0.00699+P,, ,, + 0.156 $/liter (7-1)

where P is in $/liter and P, 4, is in $/barrel.

gasoline
This gasoline price includes the cost of refining, the added costs of producing

reformulated gasoline, storage and distribution, and the markup at the retail level. Taxes

are not included.

7.2.4 Biomnass Costs

Since low cost biomass residues are a limited resource, the analysis here focusses on the
use of biomass grown on aedicatcd energy plantations. Biomass must be collected over
a wide area, making its cultivation a labor intensive activity. Therefore, the cost of
biomass should be lower in countries with lower wages. Some recent costs estimates for
biomass grown on plantations are summarized in Table 7-1, along with the current and
projected prices of fossil fuels. Estimates for the delivered cost of biomass range from
$1.40/G} for Eucalyptus grown on a large scale in northeast Brazil to $4/GJ for
Switchgrass grown in the Unites States. The Brazilian estimates are based on actual

_experience with commercial plantations, and are indicative of average costs that would
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Table 7-1 Levelized costs of production for plantation biomass grown in the United
States and Brazil, and current and projected fossil fuel prices. n/a = not available.

Levelized Cost of Production ($/GJ)
Location and Type 1950 2010
Brazil® |
Eucalyptus 1.41 n/a
U.S. Midwest® '
Hybrid poplar 3.61 2.59
Switchgrass 4.00 2.83
Sorghum 2.83 1.94
U.S. Southeast
Energy cane 3.08 1.93
Switchgrass 3.65 227
Crude oil® 3.61 © 3.61-542
Natural Gas* 2.11 424-594
Coal® : 150 1.91
(a) Based on actual experience with commercial Eucalyptus plantations (Carpentieri, et al 1992).

(b) Based on a 6% discount rate, 6 months of storage and an average transportation distance of 40 km
{(Hall, et al., 1992},

(c) The 1990 cost assumes a crude oil cost of $22/bbl and a higher heating value of 145 Ml/galion. The
2010 cost assumes oil will cost anywhere from $22-33/bbl, the higher estimate being based on the
projections of the National Energy Strategy {DOE, 1991).

(d) The 1990 cost is the delivered cost to the industrial sector in the United States (DOE, 1991).
Projections for 2010 are based on DOE (1991) and CEC (1992), the latter providing estimates for world
energy prices. .

extent to which it will be necessary to quantify environmental externalities in order to
make biomass derived fuels cost competitive with gasoline and with methanol and

hydrogen produced from coal or natural gas.

7.3 Baseline Production Cost Estimates
Economic estimates for methanol and hydrogen production from biomass that were

developed previously (Larson and Katofsky, 1992) were used to estimate the total
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Table 7-2: Estimated production costs for methano! from natural gas, coal and biomass.
All energy quantities are on a higher heating value basis. All costs are in 1991 U.S.

Dollars.
onversion techaology : SMR SMR-CU, Shell-  Shell- TGT WM Micl  BCL]
coal bio
Feedstock throughput capacity”
Dry tonnes per day 1224 1224 5000 1650 1650 1650 1650 1650
GJ per hour : 2700 2700 6188 1325 1325 1439 1334 1383
Cutput production capacity®
Tonnes per day 2012 2114 4252 950 794 1012 R6E 945
GI per hour 1963 1999~ 4023 898 751 957 821 8M
Annual feed and outpur”
Feed (10° GJ per year) 21.30 2130 4882 1046 1046 1135 1052 1051
Product output (10° G per year} 1501 1577 3174 709 593 155 648 7.06
CAPITAL COSTS (10° §)
Hardware {installed cost}
Feed preparation® 0.00 000 6452 3683 1644 740 1369 1974
Gasifier” 0.00 000 11397 2823 2823 6400 1516 723
. High temperature gas cooling® £.00 000 13318 000 000 0O 000 000
Oxygen plant’ 0.00 000 10752 5535 4167 GO0 000 OO0
Sulfur recovery® 0.00 000 3441 000 000 000 000 000
Reformer feed compressor” 0.00 000 000 000 000 000 1240 1LD4
Reformer 28.43 2387 000 000 1770 1636 000 1550
Vesselfexchangers/pumps/ilters 9.40 g40 2043 940 940 940 540 540
€O, removal* 0.00 2189 5950 2208 2020 1272 1538 1447
Methanol synthesis & purificetion! 76.51 79.05 12539 4660 4142 4862 4393 4647
Utilities/auniliaries™ 28.59 3355 16473 49.61 4377 3962 2749 3096
Subtotal 14293 16775 B823.64 24807 21884 19801 13746 154.81
Contingencies” 28.59 3355 16473 4961 4377 3962 2749 3096
Qwners costs, fees, profits? 14.29 1678 8236 2481 2188 1981 1375 1548
Startup! 6.91 - 691 2392 681 651 6917 691 6591
Total capital requirernent 192.71 29499 1094.66 32941 29140 26446 185.61 208,16
Working capital’ 1429 1678 8236 - 2481 2188 1981, 1375 1548
Land? 230 230 697 230 230 230 230 230
OPERATING COSTS (10° § per year)
Variable costs
Feed’ : 42,60 4260 7323 2091 2091 2270 2105 2182
Catalysts and chemicals 2.54 254 880 049 L73 LT3 049 259
Purchased enerpy”® 5.45 319 1145 396 215 700 353 163
Subtotal 50.59 4833 9347 2537 2479 3143 2508 2604
Fixed costs'
Labor 0.70 070 330 0% 099 118 118 118
Mainienance 429 503 2471 744  6.57 594 412 464
Genersl Overhead 3.25 373 1821 548 491 463 345 379
Direct Qverhead 0.32 032 149 045 045 053 053 053
Subiotal 8.56 978 4771 1436 1291 1228 928 1034
Total operating cosls 59.14 sg.41 14118 3973 3170 4372 3436 3619
LEVELIZED COSTS (§ per G)
Capital® 2.05 227 S48 739 182 558 457 470
Labor & mainienance 0.74 078 178 210 247 1.8 151 180
Purchased energy 0.36 020 036 056 036 093 055 023
Feedstock 2.84 270 23F 285 353 30p 325 39
Total 5.99 $06 903 1300 1418 1137 988 983
Total (§/liter) 0.11 0.11 pi8 024 026 021 018 OI8
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Notes to Table 7-2 and Table 7-3

(a)
)
(]

)

{e)
o

@
(h)
&
i)

&)

o

(m)

(n}
(0)
(3]
Q@

)
{(s)
(t)

(u)

Based on the Energy Ratios presented in Chapter 6.
Assuming a 90% capacity factor.

Based on Wyman, et al. (1932) and OPPA {1990). The Sheli-biomass case includes the cost of sizing. The WM case does
not include any drying. The MTCI cost is assumed to be proportionately lower because less drying is needed.

The Sheil-coal cost is scaled from OPPA {1989), which estimated the cost for a "second generation” entrained-bed coal
gasifier similar to the Shell gasifier. The IGT end BCL gasifier costs are scaled from Wyman, et al. (1992). Scaling is
based on the ratio of the dry feed rates raised to the 0.7 power. Since no cost estimates are available for the Shell gasifier
operating on biomass, the cost of this gasifier wes assumed o be the same as the IGT gasifier both gasifiers arc
pressurized, and the lower cost associated with (he higher throughput of the entrained-bed gasifier was assumed 1o be offset
by the higher cost associated with higher lemperature opetation. The WM costs are for 10 gasifiers that would operate in
paraliel {Coffman, 1991). The MTCI gasifier cost is scaled linearly from a baseline cost of $1 million for a 4.5 tonnes/hour

black liquor gasifier (Steedman, 1993).
Gas cooling costs are based on OPPA (1989) scaled to the 0.7 power.

Oxygen plant costs for the biorass cases are scaled from the estimate in Wyman, et al. (1992) according to the O,
production rale raised to the 0.7 power. For the coal case, the estimate is based on OPPA (1989) scaled to the 0.7 power.

Based on OPPA (1989) using a 0.7 scale power factor.

Compressor cost is assumed to be $70G per kW of compressor capacity required. In the MTCI case the reformer feed
compressor refers to the feed compressor used prior o CO, removal (methanol production) or H, separation {hydrogen
production).

Reformer cost is scaled according to feed rate raised to the 0.7 power, based on an estimate from Kessler (1991} of $16.9
million for a feed rate of 580( kmol/hour.

This includes shift reactors, heat exchangers, pumps, filters, etc. (Kessler, 1991) and is assumed 10 be the same for all
biomass and natural gas cases, and is scaled according to throughput raised to the 0.7 power for the coal cases.

Using Union Carbide’s SELEXOL® process, leaving approximately 2% CO, in the exit gas. Costs are scaled according
to the volume of CO, removed raised o the 0.7 power, The baseline cost estimate is $14.3 million for 810 kmol/hour of
CO, removed (Epps, 1991). Includes the cost of compressing recycled CO; in the SMR-CO, case.

Using the ICI low-pressure methanol synthesis process. Baseline costs are $50 miilion for a plant with & methanol
production capacity of 1056 tonnes/day. A scale power factor of 0.66 is used (Mansficld, 1991). The cost estimates assume
synthesis gas available at suction of makeup gas compressor at 1.5 MPa, the synthesis loop is operated at 10 MPa, single
column distillation producing fuel grade methanel, equipment and erection in & developed focation (e.g. U.S. Gulf Coast).
Equipment included in the costs are the make-up COMPressor, recycle Compressor, synthesis loop equipment, distillation
column and shift tanks for inlermediate storage.

Using the “Gemini-9” pressure swing adsorption system from Air Products, which removes CO, and H,0 in the first bed
and produces a fuel gas and 99.999% purity H, in the second bed. Baseline costs are $23 million for a feed rute of 9600
ksnol/hour including the recycle feed (Solomon, 1991). Costs are scaled according o the feed rale using a scaling power
factor of 0.7. The cost excludes the recycle compressar.

Assumed o be 25% of the sum of all other hardware costs (Wyman, et al., 1992).
Assumed to be 20% of installed hardware costs (Wyman, et al., 1992).
Assumed to be 10% of installed hardware costs (Wyman, et al., 1992).

From Wyman, et al. (1992). Assumed lo be the same for both methanol end hydrogen production. The MTCI “catalyst
and chemicals™ costs were assumed to be the same s the Shell-biomass case since no reformer was required.

Assuming a feedstock cost of $2/GJ for biomass and natural gas. Coal is assumed 10 cost $1.50/GE. (HHY basis).
Assuming electricity costs 5 cents’kWh and heat costs $4/GJ. See Chapter 6 for the quantities of purchase energy required.

Fixed costs are based on Wyman, et al. (1992). Labor costs for the biomass cases are assumed (o be the same as those
estimated for a slightly larger methanol production facility {1983 dry tonnes biomass per day). The coal and patural gas
costs are scaled using the feed rale raised to the 0.7 power. Maintenance cost is assumed Lo be 3% of the hardware subtotal,
general overhead is assumed to be £5% of jabor and maintenance, and direct overhead is assumed to be 45% of labor.

The annual capital charge rate for plant and equipment is assumed to be 15.1% per year, which is based on average financial
parameters for major U.S. corporations over the period 1984-88 (9.91% real rate of return on equity, 6.2% real rate of return
on debt, & 30% debt fraction, a 44% corporate income tax rate), a property and insurance rate of 1.5% per year, and a 25
year plant life. For land and working capilal, the annual capilal charge rate is taken to be 9.91% per year, (he corporate
discount rate,

294



Ryan E. Katofsky

7.3.2 Hydrogen Costs from Biomass

In all cases, hydrogen production costs are significantly lower than methanol production
costs. This is due to both lower capital costs and higher efficiencies. Pressure swing
adsorption costs about as much as a SELEXOL unit, but replaces both the SELEXOL unit
and methanol synthesis, which is a large capital cost item (approximately the same cost
as oxygen separation). As in thé methanol cases, the indirectly heated gasifiers produce
the least costly hydrogen at this scale. The costs are $7.6/GJ for the BCL system,
$7.9/GJ for the MTCI system, and $8.9/GJ for the WM system. Hydrogen produced
using the entrained-bed gasifier would cost $10.1/GJ, and $11.3/GJ if produced using the

IGT gasifier.

7.3.3 Methanol and Hydrogen Production Using Other Feedstocks
Figure 7-1 shows that both methanol and hydrogen can be produced at substantially lower

costs from natural gas costing $2/G). This is partly due to the fact that the scale

considered for natural gas was roughly double that used for the biomass cases (in terms
" of output capacity). Nevertheless, the capital costs are so much lower for natural gas
processes, that even if the scales were comparable, natural gas would still produce less
costly fuels.® The higher efficiencies of the natural gas processes also contribute to the
lower levelized costs. For the scale considered here it is estimated that methanol from
natural gas would cost $6.0/GJ using either conventional steamn reforming or CO,

augmented rcforming.9 Hydrogen would cost $4.2/GJ.

8 Wyman, et al. (1992) estimated that methanol from a large biomass facility (5550
tonnes/day of methanol) using the BCL gasifier would have roughly the same levelized
cost as methanol produced using steam reforming of natural gas in a facility with a 2500
tonnes/day capacity (see Table 7-4 and Figure 7-2).

9 Since the efficiency of producing methanol is higher for the SMR-CO, case, it
would probably be favored at higher natural gas prices. Alternatively, if CO,
contaminated natural gas were available, it would be possible to eliminate the CO,
removal and recycling equipment, so that for a natural gas cost of $2/GJ, methanol would
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Table 7-4, along with similar cost functions for the estimates made here. For the same
feedstock costs used above ($2/GJ for biomass and natural gas, and $1.50/GJ for coal),
the levelized costs of producing methanol from biomass, coal and natural gas are plotted
as a function of scale in Figure 7-2. Figure 7-3 shows a similar plot for hydrogen
production. The costs of hydrogen from renewable resources other than biomass (wind
and solar-photovoltaic) are also included, and have been calculated based on post-2000

commercial cost estimates (Ogden and DeLuchi, 1992; Ogden and Nitsch, 1992).

Figure 7-2, Figure 7-3, and Table 7-4 show that with the exceptidn of the coal-
methanol and natural gas-methanol cases, the estimates made here for coal and natural
gas are in good agreement with other studies. With these two cases, the main difference
‘is the higher efficiency estimates made in Chapter 6, which lowers levelized costs. This
effect can also be seen with some of the other estimates made here. Nevertheless, all of
the studies cited confirm that neither methanol nor hydrogen from biomass would be cost
competitive with natural gas at today’s prices, even if the scales were comparable. The
other cost estimates for coal-based systems also support the finding that methanol and
hydrogen produced from biomass and coal would have roughly the same costs, provided
that the scale of the coal facility were considerably larger than the biomass facility and

that the cost of coal was lower than the cost of biomass.

Hydrogen produced from the electrolysis of water using electricity generated from
other renewable resources would be considerably more expensive than hydrogen produced
thermochemically from .biomass. One reason is that the cost of electricity from wind and
solar energy is characterized by very moderate economies of scale due to the modular
designs of these systems. Therefore, at large scales, hydrogen would be significantly less

costly if produced from biomass.
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7.4 Hydrogen and Methanol Use in the Transportation Sector

In light of the cost estimates made above, there are two basic questions that arise. The
first question deals with the competition between the three feedstocks: Assuming that
methanol and hydrogen will be used instead of gasoline in the transportation sector, will
biomass ever be considered seriously as an alternative to natural gas or coal? Because
biomass is not commonly used for energy today in the US, the ability to use it on a large
scale would involve significant infrastructure changes and large capital investments, which
will only be possible with the combined support of the existing energy and automotive
industries, and the agricultural sector. The general public would also have to be educated
about the benefits of biomass derived fuels so that they would be willing to accept a
radically new technology (i.e. fuel cell vehicles) on a large scale. This suggests that there
is a role for\govcrr_]ment policy, if the environmental and societal benefits of biomass
energy are seen as important, but economic or other barriers are preventing it from

entering the markctplace.”

The second question, which is related to the first, is whether or not methanol and
hydrogen produced from biomass will be able to compete with gasoline in the
transportation sector. Although environmental quality and energy security both favor the
use of domestically produced methanol and hydrogen in fuel cell vehicles over the use
of gasoline in internal combustion engine vehicles, economics will again play a major role
in determining the speed and degree of penetration biofuels will have in the market. As
above, this implies that there may be a role for public policy, if it is deemed that biofuels

offer important societal benefits.

11 The case of ethanol in Brazil is a good example where the government helped
develop an indigenous resource that could not compete economically with gasoline, in
order to derive other benefits such as energy security, technological development and rural
employment (Goldemberg, et al,, 1992).
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As for natural gas, Figure 7-4 and Figure 7-5 show that $2/GJ biomass will be
able to compete with natural gas costing approximately $4.50-5.50/GJ, whereas the range
of breakeven prices for $3/GJ biomass is roughly $5.5-6.5/GJ. These are probably not
unrealistic prices for natural gas, given the antici'pated increase in demand for natural gas
in the coming decades. If we assume that the NES projections for natural gas prices are
accurate, it is conceivable that biomass could begin replacing natural gas early in the next
century, provided that plantations were capable of delivering a steady supply of biomass
fuel by that time. The ability to use CO, contaminated natural gas (which presumably
will not increase in price as rapidly as higher quality gas since demand for it will be
lower) and the possibility of improved economics with large facilities using advanced
partial oxidation schemes will tend to delay the use of biomass. As well, the direct
partial oxidation of methane to methanol may significantly reduce the cost-of methanol
if this technology can be commercialized (see Chapter 4). Nevertheless, biomass would
almost certainly become economically competitive with natural gas early in the next
century, again, provided that the technology was ready at that time. For example, even
methanol produced in a very large scale facility using advances partial oxidation
technology (10,000 tonnes methanol/day capacity) would become more costly than
methanol derived from biomass when biomass costs $3/GJ and natural gas approximately

$6.40/GJ, the well-head price predicted in the NES by the year 2020.

Another factor to consider is that natural gas is fairly limited when compared to
the abundance of coal, and the fact that biomass can be used indefinitely. Thus, natural
gas has an important role to play as a transition fuel. The precise timetable is a

secondary concern.

Table 7-5 shows a more precise comparison, including the breakeven natural gas

and coal prices for some of the cost functions reported in Table 7-4. According to
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Table 7-5: Comparison of cost estimates for methanol and hyd:og-en production showing
the fossil fuels prices and time frame required for biomass to be cost competitive.

(a)

(b)

(c)

(@
{e)

Biomass cost Fossil fuel cost Breakeven fossil fuel price ($/GJ)°
function® function® $2/GJ biomass  Year $3/GJ biomass Year
METHANOL
Natural Gas
6.73 + 1.54P, 3.15 + 1.42°P, 4.69 1998 5.77 2007
247 + 1.39'Pngc 528 2002 6.39 2010
Coal
7.62 + 1.54°P, 142 d 242 2030
HYDROGEN
Natural Gas
507+ 128P, 198+ L11P, 5.00 2000 6.24 2009
Coal
6.65 + 1.28P, 0.76 e 1.76 2010

These are selected cost functions from Table 7-4. Unless otherwise noted, they are the estimates made
in this study (the BCL gasifier is used for biomass). P, is the price of the feedstock in $/GJ. b =
biomass, ¢ = coal, and ng = natural gas.

The breakeven price is that delivered price of the fossil fuel such that the cost of producing methanol
or hydrogen from fossil fuels equals the cost of producing methanol or hydrogen from biomass. Year
is the year in which the U.S. Department of Energy National Energy Strategy estimates that the fossil

fuel will reach the breakeven price. '

This is the cost estimate from OPPA (1989) for a 10,000 tonnes/day methanol facility using advanced
partial oxidation instead of steam-methane reforming.

“This is roughly the price for steam coal in the US today.

This is actually below the mine-mouth coal pﬁce in the US today.

(DeLuchi, 1992; Ogden and DeLuchi, 1992; Ogden and Nitsch, 1992). Table 7-6 shows

the basic vehicle characteristics and costs used in these studies.}? FCEVs will be

characterized by higher purchase prices than ICEVs, which will be offset by a longer

expected lifetime range, significantly higher fuel economies, and lower annual

maintenance costs. The assumptions of a longer life and lower maintenance costs are

based on experience with existing electric vehicles, which are mechanically simpler than

12 The values used here are based largely on DeLuchi (1992) with some minor

modifications by DeLuchi, as documented in Williams (1993).

304



Ryan E. Katofsky

($9.5/GI), the expected retail price (without taxes) of reformulated gasoline in the United
States when crude oil costs $25/barrel (Johansson, et al., 1992a). The breakeven gasoline
price is the gasoline price (without taxes) at which the lifecycle cost of the baseline
gasoline powered ICEV is equal to tﬁe lifecycle cost of the alternative vehicle. Fuel taxes

are assumed to be the same for all cases on a per kilometer basis.

If FCEVs perform as indicated in Table 7-6, Table 7-7 shows that on a lifecycle
cost basis, FCEVs fueled with methanol and hydrogen derived from biomass will be less
expensive to own than gasoline powered ICEVs even if biomass costs $3/GJ. For
methanol FCEVs, the breakeven prices of gasoline are $0.09 and $0.12 per liter for
biomass costing $2/GJ and $3/GJ respectively. For hydrogen FCEVs, the corresponding
breakeven gasoline prices are $0.16/liter and $d. 17/liter. Applying Equation (7-1) to these
gasoline prices gives crude oil prices of -$9/barrel and -$5/barrel for methanol FCEVS,
and $1/barrel and $2/barrel for hydrogen FCEVs. Of course, negative crude oil prices are |

}Og_y O

L]

not indicative of real prices, but of the method g

gasoline prices. Nevertheless, these calculations do indicate that biomass/FCEVs.would
be cost competitive at any reasonable crude oil price. Of course, the key uncertainty is
whether FCEVs will perform as indicated in Table 7-6. However, as can be seen by the
very low breakeven prices for biomass/FCEVs, there is some room for poorer
performance than is indicated here. It should also be noted that a second independent
e‘;'aluation of the costs of FCEVs relative to ICEVs conducted for the Ford Motor
Company (Kuhn, 1992) concluded that the cost of FCEVs would only be up to $1000
more than a comparable ICEV (for a FCEV production rate of 100,000 vehicles per year),
which is significantly less than the incremental costs assumed here ($5000-7000).
Another important result is that battery powered electric vehicles will probably be
significantly more expensive than either FCEVs or ICEVs, largely due to the high cost

of batteries needed to provide an adequate range. Therefore, a significant improvement
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expensive than ICEVs, and FCEVs fueled with PV-hydrogen would cost about 5% more

than ICEVs on a lifecycle basis.

7.5 A Scenario for Using Biomass Derived Fuels

This section briefly outlines a possible scenario for introducing biofuels into the US
transportation sector. For the sake of this discussion, the NES energy price projection are
used for natural gas and coal, while the crude oil price is assumed to remain near current

levels. The following assumptions are also required:

-« A commitment to developing and using fuel cell vehicles.
« The FCEV performance as outlined above is technically feasible.

« A biomass price of $2-3/GJ in the US early in the next century.

Between now and the first decade of the 21% century, fuel cells and fuel cell
vehicles would be demonstrated commercially and the major automobile manuiacturers
would prepare to produce them on a larger scale, first for centrally fueled test fleets (e.g.
government fleets), and then for the general public. At the same time, the use of
methanol in ICEVs would increase, and the use of compressed natural gas (CNG) in
ICEVs would familiarize consumers with the use of gaseous transportatidn fuels and
facilitate the shift to hydrogen. The increased use of methanol and CNG would help
develop the infrastructure for deliveriﬁg large quantities of methanol and hydrogen.
During this perfod, plantations would also be established on excess cropland and advanced

biomass gasification technologies would be demonstrated at large scales.

When ECEVs first enter the commercial market around the turn of the century,
natural gas would still be the preferred feedstock. However, by approximately 2010,

biomass and coal could start to become economically attractive alternatives. The use of
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private sector to take a leading role in developing these technologies, espebially when the

business as usual approach is profitable. If the world were to rely purely on market

forces to commercialize the fuel cell vehicle and simultaneously to develop a biomass

energy industry, it would either not happen at all or proceed much too slowly to capture

the all potential benefits. However, with appropriate policies and incentives, a transition

could be made to biomass energy and fuel cell vehicles, in which the competitive

marketplace could be used to stimulate innovation and product development by the private

sector. Specifically, governments should consider taking the following actions:

Promote commercial demonstrations of advanced biomass gasification technologies.

Promote the establishment of biomass energy plantations on excess agricultural land

and degraded land.

-

Promote commercial demonstrations of fuel cell vehicles and research and developmen
into several fuel cell and fuel storage technologies. Governments could help build
markets for FCEVs and related technologies by requiring the use of FCEVs in

government fleets.

Promote the use of alternative fuels in ICEVs in the near term, which would help build
the necessary infrastructure to support a FCEV based transportation sector.
Specifically, encouraging the use of methanol and compressed natural gas (CNG} in
ICEVs would be very ﬁclpful in establishing the needed infrastructure for distributing
fuels for FCEVs és well as increasing the production capacity of altemative fuels.

Using CNG in automobiles would facilitate the switch to hydrogen.
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biomass is crucial. When oxygen blown biomass gasifiers are used, methanol and

hydrogen costs are significantly higher than the production costs using coal.

Natural gas will play an important role as a transition fuel, because methanol and
hydrogen production from natural gas are commercial processes and because in the near .
term, these processes will produce the least costly fuels. Biomass and coal could

gradually replace natural gas during the first quarter of the next century.

One important element in this analysis is that there would be relatively long lead
times associated with the establishment of plantations and the commercialization of large
scale biomass gasification technologies. Therefore, if the timetable outlined above is to
be met, a commitment to bioenergy needs to be made in the very near future. Given the
embryonic state of fuel cell vehicles and commercial biofuels technology in the US, the
government ‘would need to take an active role in supporting the transition to biomass

powered fuel cell vehicles.
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(c) All estimates are from Wyman, et al. (1992) except for the large
natural gas-methanol plant, which is the estimate from OPPA (1989).

Figure 7-2: Comparison of different cost estimates for methanol production from natural
gas, coal and biomass. Biomass and natural gas costs are $2/GJ and coal costs $1.50/GJ.

The same capital charge rate has been applied in all cases.
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vehicles would emit water and only minute quantities of carbon monoxide, NO,, and

unburned hydrocarbons when compared to gasoline ICEVs or even alcohol ICEVs.

There are synergistic effects from coupling biomass energy and fuel cell vehicles.
Methanol and hydrogen are relatively easy to produce from biomass, and are the leading
candidate fuels for FCEVs. However, land and water constraints will limit the amount
of biomass that can be grown sustainably in the US for energy purposes. Nevertheless,
since FCEVs would be 2.4-2.8 times as efficient as gasoline ICEVs wifh comparable
range and performance characteristics, FCEVs would make much better use of biomass
energy, allowing it.to become a significant resource. For example, by using FCEVs
instead of ICEVs it would be possible to grow more than enough biomass to meet the
energy ﬁeeds of the entire US light duty vehicle, just by using excess cropland to
establish energy plantations. Therefore, large scale biomass use in the US could reduce
oil imports by several million barrels per day without contributing to deforcstation.. In
fact, biomass plantations could actually restore degraded and deforested lands and help
create a new domestic energy industry, which would generate new economic and

employment opportunities.

The high efficiency of FCEVs would also make methanol and hydrogen derived
from biomass cost competitive with gasoline (on a lifecycle cost basis) even if the initial
cost of a FCEV is nearly 40% higher than that of an ICEV and the delivered costs of
methanol or hydrogen produced from biomass are significantly higher than gagoline
prices. Previously, transportation fue;ls from biomass were always considered to be

uneconomical because it was assumed that they could be used only in ICEVs.

Because of the tremendous potential and multiple benefits of combining biomass

derived fuels with fuel cell vehicles, this thesis has carefully evaluated the technology and
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at much milder conditions than entrained-bed gasifiers. By comparing optimal coal
gasifiers to what can be considered optimal biomass gasifiers, this thesis has shown that
biomass systems can be competitive with coal systems, even though coal would be less
expensive than biomass and coal conversion facilities would be much larger than biomass

facilities.

8.2 Summary of Specific Results
The specific thermodynamic and economic results of this thesis are summarized in

Table 8-1. The major conclusions of my research are:

1. Natural gas processes are by far the most cfﬁcient, because there is no need for an
energy intensive gasification step. Exergy analysis shows that gasification is the
single largest source of thermodynamic losses, and that these losses are greater than
the losses associated with steam reforming of natural gas. The relatively larger
external energy requirements (electricity and heat that cannot be supplied using
process waste heat) for gasification systems also contribute to lower efficiencies than

for natural gas processes.

2. For a given feedstock, hydrogen production is characterized by higher thermal
efficiencies and lower production costs than methanol production. More external

energy would be required for hydrogen production.

3. Depending on the gasification technology, biomass-based systems can be more or less
efficient than coal-based systems. The BCL indirectly heated gasifier is the most
efficient gasification process studied in this thesis, for both methanol and hydrogen

production.
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10.

$0.17/liter for an ICEV to be cost competitive with a methanol and hydrogen FCEV
respectively. However, the lowest possible cost of reformulated gasoline, assuming
that crude oil is free, would be $0.156/iter.!  $0.17/liter for reformulated gasoline
corresponds to a crude oil price of $2/barrel, which is well below the current price
of approximately $21/barrel. If biomass cost $2/GJ, gasoline would have to cost as
little as $0.09/liter for the ICEV to cbrnpete with the methanol FCEV, and $0.12/liter
to compete with the hydrogen FCEV. Therefore, FCEVS can be cost competitive
with ICEVs even if the delivered costs of the fuels are much higher than the
delivered cost of gasoline. - For a biomass cost of $3/GJ the delivered costs of
methanol and hydrogen would be $14.2/GJ and $14.6/GJ respectively, whereas

$0.12/liter for gasoline corresponds to a delivered price of $3.4/Gl.

Biomass is by far the least expensive renewable energy source for transportation fuels

produced on a large scale.

In spite of its high equivalent fuel economy, on a lifecycle cost basis the battery
powered electric vehicle would be much less economical than either the fuel cell
vehicle or the gasoline powered internal combustion engine vehicle, because of its

very high purchase price (about $10,000 more than a comparable ICEV).

There is a strong role for government policy in "jump starting” a modern biofuels

industry, because the initial infrastructure costs are not easily borne by the private

1 Recall that the formula used to calculate the cost of gasoline from crude oil as taken

from Johansson, et al. (1992a) is: Pyycqine = 0.00699xP 1 + 0.156, where P, 4 15 in

$/barrel and P

gasoline is in $/liter. Gasoline is assumed to have a higher heating value of

34.8 MJ/iter. This includes the cost of the feedstock, refining, distribution and storage,
and the markup at the gas station. Taxes are excluded. Thus, even if crude oil were free,

gasoline would cost at least $0.156/liter.
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Table 8-1: Summary of thénnodynamic and economic results.

Methanol and'Hydrogen Production

Feedstock Thermal Efficiency (%) Feedstock Production Cost ($/GJ)
Throughput Price -
(MW) Methanol Hydrogen ($/GY) Methanol Hydrogen
Natural gas
Conventional 750 67.5 84.8 y 6.0 4.2
8 14.5 109
with CO, addition 750 721 - 2 6.0 .
8 14.0
Shell-coal 1720 61.8 63.0 1.5 99 8.6
2.5 11.5 9.9
Sheli-biomass 368 62.0 657 2 13.0 10.1
) 3 14.5 11.4
1GT-biomass 368 54.5 572 2 142 -~ 113
3 159 12.8
WM-biomass 399 58.6 63.4 2 11.3 8.9
3 12.9 10.1
MTCI-biomass 370 578 61.7 2 99 7.9
' 3 11.5 9.2
BCL-biomass 3g4 62.8 68.6 2 9.8 7.6
3 114 8.9
Lifecycle Costs of Different Vehicle/Feedstock/Fuel Combi_nations"
Vehicle type BPEV FCEV FCEV FCEvV FCEV ICEV
Energy source - US avg $2/GJ ($3/GI) $2/GJ (33/G)) Wind PV Petroleum
mix biomass biomass
Energy carrier Elec.  MeOH H, H, H, Gasoline

Lifecycle Cost (cents’km) 21.50  18.33 (18.54) 1891 (19.06) 20.77 21.63 2049

Delivered price of energy carrier
($/GD 220 12.6 (14.2) 133 (14.6) 31.3 374 95
($/gallon gas. equiv.})  2.90 1.66 1.75 412 493 1.25
Breakeven gasoline price
($/iter) 0.44 0.09 (0.12) 0.16 (0.17) 036 046 033
($/gallon) 1.67 0.34 (0.45) 0.60 (0.64) 1.36 172 125
Crude oil price (3/bbl) 41 -9 (-3) 1) 29 44 25

(a) BPEV = battery powered electric vehicle, FCEV = fuel cell electric vehicle, ICEV = internal combustion
engine vehicle.
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